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ABSTRACT OF THESIS

Multiphase reactors are used for large class of catalytic as well as non-catalytic
reactions and are commonly encountered in many industrial chemical processes. Some of
the important applications are found in oxidation, hydrogenation, carbonylation,
hydroformylation, amination and combustion processes. These types of reactions are often
highly exothermic and are accompanied by several side reactions.>?* In these applications,
a multiphase chemical reactor is the heart of the process. The efficiency of the reactor
operation dictates the design requirements and the load on all separation units and other
unit operations that either precede or follow the reactor in the process. Hence, the
efficiency of reactor design and operation has great impact on the total capital cost and
manufacturing costs for the whole process.

The performance of any multiphase reactor is modeled as the development of
quantitative relations which relate the volumetric productivity, conversion and selectivity to
input and operating parameters. For this purpose, the equations for species mass balances
and energy balance must be developed and solved for the reactor to understand the effects
of various operating parameters on the overall reactor performance. The subject of
modeling of multiphase reactors has been reviewed extensively in several notable texts and
monographs. The concept of multiphase reactor modeling was used in a rather broad
sense for different purposes and can be used in both experimental research and engineering.
The modeling is the method to translate the existing information and data to useful
predictions for new conditions such as the scale up from laboratory reactor to large reactor,
the effect of different reaction conditions on product distribution, optimization of steady
state operating conditions and the better understanding of the system that may lead to
process and design improvements. Therefore, the models can be used in designing
equipment or in optimizing an existing production process.*?

Considering the wider applicability of modeling of multiphase reactors, investigations
of more case studies of practical relevance will further establish the confidence in the use
of predictive models for understanding multiphase reactor performances. It is in this
context, the modeling of multiphase reactors has been investigated in this thesis by dividing

it in two parts with the consideration of industrially important case studies as given below:

Xiv



1) The phenomenological modeling of three phase (gas-liquid-solid) catalytic reactors
by considering a case study of reductive alkylation of phenylenediamines
2) Computational Fluid Dynamic (CFD) modeling of a two phase (gas-solid) reactor

by considering a case study of combustion of biomass

In this context, the following specific problems were chosen for the present work.

)] Kinetics and modeling of semi-batch slurry reactor for reductive alkylation of
phenylenediamines with methyl ethyl ketone: Influence of substrates isomeric
structures

i) Modeling of bubble column slurry reactor (BCSR) for reductive alkylation of p-
phenylenediamine

I11)  Comparative modeling of fixed bed and slurry reactors for reductive alkylation
of p-phenylenediamine

IV)  CFD modeling of pulverized biomass combustion in an entrained flow reactor

The thesis is presented in five chapters, a brief summary of which is outlined here.

Chapter 1 presents a literature review on modeling of multiphase reactors relevant to
the subject area of investigation. The literature on the development of reaction engineering
and CFD models to improve the overall performance of multiphase reactors has also been
presented with a special emphasis on three phase catalytic reactors (slurry and fixed bed)
and a two phase gas-solid entrained flow reactor respectively. Moreover, a literature review
on specific case studies selected has also been reviewed.

Considering the wider applicability of modeling of multiphase reactors,
phenomenological modeling of three phase catalytic reactors and CFD modeling of a two
phase gas-solid reactor was explored by considering the industrially important case studies.
In this context, as a part of three phase catalytic system, the reductive alkylation of
aromatic amine and a carbonyl compound in the presence of a supported transition metal
catalyst was chosen for the present work. The first step in the synthesis is a non-catalytic
homogeneous reaction, followed by hydrogenation in the second step to the desired N-
alkylated product, which find applications as intermediates in fine chemicals and specialty
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products.®® The literature reports reveal that this is a unique class of reaction, which is a
combination of non-catalytic and catalytic reactions. Though it has been practiced for
decades in the industries and huge number of publications addressed the catalysts and

substrates, there are only few reports™’®

on the analysis of the reaction system from
chemical engineering point of view. No detailed reports of kinetics of reductive alkylation
of di-amines using ketones as alkylating agents for any of the catalysts have been
published. The reaction engineering aspects, including analysis of external and intraparticle
mass transfer effects, modeling of slurry and fixed bed reactors for reductive alkylation of
di-amines have also been discussed. A detailed literature review on reductive alkylation
reactions and phenomenological modeling of slurry and fixed bed reactors is presented as a
part of this chapter.

Further, as a second part, CFD modeling of entrained flow reactor by considering a case
study of combustion of biomass was explored. Biomass being an important renewable
energy source is attracting increasing attention in order to improve understanding of their
process characteristics during mass to energy conversion. Substantial progress has been
made in the development and application of comprehensive multidimensional
computational combustion models for fossil fuels. These models are now accessible as
features in commercially available CFD computer codes.® There are few attempts to
validate the devolatilization or char oxidation characteristics of pulverized biomass in an
entrained flow reactor (EFR) by using CFD models.***'% Such studies have been reported
for single operating conditions or at lower operating temperatures and concerns with CFD
prediction validation focused on near complete devolatilization or char oxidation.
Therefore, it is very important to develop a methodology for coupling CFD model and
experimental measurements of biomass burnout data for providing valuable global kinetic
parameters to large scale applications of biomass fuels (fast pyrolysis, co-combustion and
gasification). In this chapter, an introduction on biomass combustion has been presented.
The objective and scope of the present work also has been outlined.

Chapter 2 presents two parts in which Part-A describes the experimental study on
reductive alkylation of p-phenylenediamine with methyl ethyl ketone using 3% Pt/Al,O3

catalyst as a model system. This is an industrially important example of reductive

alkylation of di-amines, wherein two amine functionalities are available for the alkylation

XVi



reaction. The reaction goes through noncatalytic equilibrium condensation reaction to form
two imine compounds, which is followed by hydrogenation over the metal surface. The
kinetic experiments of the reaction were carried out in a slurry reactor. Due to unique
combination of non-catalytic and catalytic reactions, the conventional approach for analysis
of initial rates may be misleading for the present system. While, the initial rate data are
useful for evaluation of mass transfer effects, the data is not directly useful for kinetic
analysis, since the hydrogenation step in the reaction sequence comes after two
homogeneous non-catalytic reactions, which could be rate limiting. Hence, the integral
concentration-time data were considered for interpretation of the intrinsic Kinetics.
Therefore, a detailed analysis of initial rate based on quantitative criteria is presented to
ensure that the experiments were carried out under Kinetically controlled conditions.
Several theoretical models considering non-catalytic as well as catalytic reaction steps have
been presented to develop semi-batch slurry reactor models and the strategy to choose the
appropriate model has been discussed. It was observed that a rate model considering
dissociative adsorption of hydrogen followed by the reaction with liquid phase components
represent the experimental data satisfactorily at different reaction conditions.

Part-B of Chapter-2 describes the experimental study on the effects of positions of
amine groups in phenylenediamine isomers on their relative activities and selectivities in
the reductive alkylation reaction using the same catalyst to understand the substrate
structure activity correlation. It was observed that phenylenediamine isomers differ
remarkably from each other in their activity in reductive alkylation and product
distribution. The activity was found to decrease in the following order: p-phenylenediamine
(PPDA) > o-phenylenediamine (OPDA) > m-phenylenediamine (MPDA). To understand
the substrate structure activity correlation, the homogeneous equilibrium reactions involved
in the alkylation step and the overall catalytic reactions were studied separately.
Experimental concentration-time data for reductive alkylation of OPDA and MPDA with
MEK in a slurry reactor at different sets of initial conditions were obtained to develop
suitable semi batch slurry reactor models under isothermal conditions. The Kinetic
parameters of the individual steps were evaluated following the methodology used for
PPDA and compared to understand the differences in the activity and selectivity patterns
for OPDA, MPDA and PPDA substrates. It was observed that the rate model which was
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suitable for PPDA also represented OPDA and MPDA for the range of operating conditions
used.

Chapter 3 presents the modeling of bubble column slurry reactor (BCSR) for reductive
alkylation of p-phenylenediamine (PPDA). A mixing cell model was developed using the
kinetics presented in Chapter 2 (Part-A) to represent the BCSR. The changes in gas and
liquid velocities influence the hydrodynamics of BCSRs and therefore alter degree of back
mixing in liquid phase. Therefore, liquid phase back-mixing was accounted by including a
backflow among mixing cells. The backflow stream was quantified using a CFD model.
The model incorporates the contributions of gas-liquid and liquid-solid mass transfer, heat
effects, and complex multi-step reaction kinetics. The effect of different operating
parameters on the conversion, selectivity, global rate of hydrogenation and temperature rise
is discussed. The comparison of the current approach with the traditional mixing cell model
is discussed. The combination of mixing cell model coupled with CFD model for
estimating degree of backmixing for a range of design and operating parameters was found
to be useful for predicting reactor performance over a wide range of parameters. The use of
radial baffles for reducing backmixing in bubble columns as proposed by Khare et. al.'!
was evaluated using the CFD model and was found to be useful for controlling and
manipulating the degree of backmixing in BCSRs. The bubble column slurry reactor model
proposed here will be useful to provide guidelines for designing and improving overall
performance of bubble column reactors.

Chapter 4 presents comparative modeling of a fixed bed reactor (FBR) with downflow
and upflow mode of operation and slurry reactors (CSTR and BCSR) for reductive
alkylation of p-phenylenediamine (PPDA). The proposed FBR with downflow mode i.e.
trickle bed reactor (TBR) model incorporates the contributions of axial mixing, partial
wetting and stagnant liquid holdup effects in addition to external and intraparticle mass
transfer resistances and heat effects under the consideration of the kinetics presented in
Chapter 2 (Part-A). It was suitably modified to describe the behavior of upflow reactor. The
effect of different operating parameters on the conversion, selectivity, global rate of
hydrogenation and temperature rise is discussed. The comparison of fixed bed reactor with
downflow and upflow mode of operation is discussed. It was found that the FBR with
downflow mode outperforms the upflow mode under the reaction conditions studied.
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Further, the BCSR model presented in Chapter 3 was used to develop continuous stirred
tank reactor (CSTR) model with appropriate modifications of hydrodynamic, mass and heat
transfer parameters. The fixed bed and slurry reactor models were used to evaluate the
reactor performance for the selectivity and productivity towards the desired product and
compared the salient features of reactor configuration. It was found that BCSR is the best
choice when constant catalyst loading is taken as basis for comparison and the FBR with
downflow mode is the best choice when constant volume of the reactor is taken as basis for
comparison, under the reaction conditions studied. The reactor models developed will be
useful to optimize the overall performance of multiphase reactors (FBR and slurry reactors)
considered and will enhance the understanding to recommend a suitable reactor based on
true intrinsic kinetics for the reaction system considered.

Chapter 5 presents CFD modeling of pulverized biomass combustion in an entrained
flow reactor (EFR). For this purpose, the experimental results recently reported by Jimenez

12
l.

et. al. = were used. The one dimensional (1D) plug flow model and two dimensional (2D)

axisymmetric CFD model were developed based on the experimental results available in

Jimenez et. al.*?

The Eulerian - Lagrangian approach was used for modeling gas-solid two
phase flow. Devolatilization was modeled as a single step Arrhenius type rate expression
and char combustion was accounted by kinetic/diffusion controlled mechanism. The gas
phase combustion was modeled by Arrhenius type rate expression. The radiative heat
transfer was accounted by discrete ordinate (DO) model. The commercial CFD solver,
FLUENT 6.3 (of Ansys Inc. USA)® was used to simulate the devolatilization and
combustion characteristic of the biomass in an EFR at various operating conditions. Results
predicted with the CFD model were compared with the published experimental data. The
CFD model was then used to understand the influence of operating conditions and kinetic
parameters (devolatilization and char combustion) on burning characteristics of biomass.
The comparison between the predictions of 1D plug flow model and 2D axisymmetric CFD
model is discussed. The sensitivity study on various model parameters was performed and
their role in prediction of the devolatilization and char oxidation characteristics of biomass
has been discussed. It was observed that the kinetic parameters cannot be obtained with the
plug flow assumption; because 2D axisymmetric CFD simulations showed that the nature
of gas flow was developing laminar flow rather than ideal plug flow. The flow profile
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inside the EFR needs to be computed and the kinetic parameters should be evaluated based

on this realistic information. The influence of inlet configuration on the flow profile is

significant in EFR and hence any modeling effort should account the non uniformity at the

inlet region and its effect on the flow profile. It is then possible to more confidently

extrapolate the obtained information to large scale biomass combustors and gasifier. The

developed model and presented results will be useful for enhancing our understanding on

modeling of combustion characteristics of pulverized biomass.
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CHAPTER 1

Introduction & Literature Survey



1.1 GENERAL INTRODUCTION

Multiphase reactors are very common in chemical, petroleum, petrochemical and
pharmaceutical industries. There are several definitions of multiphase reactors. In principle
all reactors in which more than one phase is present is defined as a multiphase reactor.
However, this specification is generally devoted to two fluid phases (gas-solid, gas-liquid,
liquid-liquid) or three phase systems (gas-liquid-solid). Some commonly used types of
reactors are shown in Figure 1.1. Although, the reactors included in Figure 1.1 show
contacting modes in two phase systems (gas-liquid or gas-solid), similar reactors can also
be used to carry out reactions involving more than two phases.*

The applications of multiphase reactors are found in diverse areas, some examples of
which are manufacture of petroleum based products and fuels, the production of
commodity and specialty chemicals, pharmaceuticals, production of polymers, pollution
abatement, combustion processes etc. All such industrial chemical processes are designed
to transform cheap raw materials to high value added products (via chemical reactions). A
‘reactor’ in which such chemical transformations takes place, has to carry out several
functions such as bringing reactants into intimate contact (to allow chemical reactions to
occur), providing an appropriate environment (temperature, concentration field, catalysts)
for an adequate time and allowing for the removal of products and hence is the heart of any
chemical process. Therefore, the study and development of multiphase reactors, for
conversion of raw materials into products with high conversion and selectivity, play an
important role in the innovation of chemical processes. The processes based on the
multiphase reactions have a broad range of applications and form the basis for the
manufacture of a large variety of intermediate and consumer end products. Some examples
of multiphase reactors in industry are (1) the upgrading and conversion of petroleum feed
stocks and intermediates; (2) the conversion of coal-derived chemicals or synthesis gas into
fuels, hydrocarbons, and oxygenates; (3) the manufacture of bulk commodity chemicals
that serve as monomers and other basic building blocks for higher chemicals and polymers;
(4) the manufacture of chemicals for fine and specialty chemical markets as drugs or
pharmaceuticals; (5) the conversion of undesired chemical or petroleum processing by-
products into environmentally acceptable or recyclable products. An overview of the

chemistry and process technology of these various application areas is provided in the
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The overall performance of such processes depends on the type of catalyst used as well
as interface/intraparticle mass transfer effects, reaction kinetics and mixing of fluid phases
involved. It is of practical interest to understand the relative importance of these factors in
any process. In this context, the modeling of multiphase chemical reactors is very important
from the point of view of the process development and scale up of chemical processes. If
one is to attempt the scale-up of any chemical process from laboratory scale to industrial

scale, as the current economic climate increasingly demands, then one must have a



profound and detailed understanding of the performance of multiphase reactor that is being
considered for scale-up. Hence, an improved understanding of the reaction engineering
aspects, fluid dynamics and transport processes in frequently used multiphase reactors is
more important for accomplishing large scale-up factors with confidence. Lack of thorough
understanding of the phenomena occurring in multiphase reactors can lead to disasters in
scale-up or design.® Therefore, the need to quantify the performance of any multiphase
reactor leads to a need for modeling.

The subject of modeling of multiphase reactors has been reviewed extensively by
several notable texts and monographs.>* The reactor types used for multiphase reactions
generally depend on the reaction class and type of phases involved. Therefore, considering
the wider applicability of modeling of multiphase reactors, the thesis has been divided into
two parts: Part-1, the phenomenological modeling of the three phase catalytic reactors and
Part-2, computational fluid dynamic (CFD) modeling of a two phase gas-solid reactor.
These two approaches of the modeling of multiphase reactors were used to study the
industrially important examples to illustrate the usefulness of detailed models in
understanding the reactor performance. Some of the important reaction types that are
encountered in multiphase processes in chemical process industry with emphasis on gas-
liquid-solid catalytic reactions and gas-solid reactions are summarized in Table 1.1 and
Table 1.2 respectively.>® This clearly shows the diverse products that can be produced
using three phase catalytic as well as two phase gas-solid reactors.

Among the various types of gas-liquid-solid catalytic reactions shown in Table 1.1,
catalytic hydrogenation of various organic functionalities is most commonly encountered
with wide ranging applications in fine chemicals and pharmaceuticals. Some typical
examples are shown in Table 1.3. Depending on the nature of the reactants and products
and their volatility, the reactions are either carried out in vapor phase or liquid phase mode.
Due to the advantage of easy catalyst-product separation, heterogeneous catalysts
consisting of supported metal or composites of metal oxides are often used as catalyst
precursors. Except the processes for low boiling commodity chemicals, most of the
hydrogenation reactions are carried out in a liquid phase using either suspended solid
catalysts or a fixed bed of catalyst. A detailed description of such multiphase reactions and
their engineering analysis has been well developed as described in well known textbooks



Table 1.1. Types of Multiphase Gas-Liquid-Solid Catalytic Reactions

Reaction Type General Stoichiometry
0

Acylation ArH + R—C~ ———> Ar—C—R + HCI
e |

Carbonylation

Oxidative

carbonylation
Dehydration

Halogenation

Hydroformylation

Hydrogenation

Hydroxylation

Nitration

Oxidation

0
R—OH + CO ———> R COOH
R—NH, + CO + O, ——> RNHCOO —R + H;

R—OH ———> R—CH, + HO

Ar—R + X, ——> Ar—RX (X=Cl,F,Br)
~——CH-CH— + CO + H, — > CHfCHZ%

R—CHO + H, ———> RCH—OH

O

H

CH-—CH
~—CH=CH— + 0, ——> | |
OH OH
HNO,
ArH ——°  » Ar—NO,
H,SO0,

Ar—R + O, —> Ar—R'OOH

Table 1.2. Some Industrially Important Gas-Solid Reactions

Type Physical Physical Examples
state of state of
reactants products
| Solid + Gas  Solid + Gas  Roasting of sphalerite: ZnS + 3/20, — ZnO + SO,
Sponge iron production: Fe,03 + 3H, — 2Fe + 3H,0
I Solid + Gas Solid SO, pollution abatement: CaO + SO, + %20, — CaSO,
Manufacture of calcium cynamide:
CaC,+N, — CaCN,+C
1l Solid + Gas Gas Oxidation of UF4 by Fluorine: UF, + F, — UFg
Combustion of biomass: CH,O, + O, — CO, + H,0
v Solid Solid + Gas  Calcination of limestone: CaCO; — CaO + CO,
Decomposition of Al(OH)3:
2Al (OH)g — AlL,O3; + 3H,0
\% Gas Solid + Gas  Thermal cracking of silane: SiH; — Si + 2H,
Production of metal oxide aerosol:
T|(0C3H7)4 — TiO, + 4C3Hg + 2H,0
Vi Gas + Gas Solid + Gas  Rutile preparation: TiCl, + O, — TiO, + 2Cl,

Silicon preparation: SiHCI; + H, — Si + 3HCI




Table 1.3. Commercial Applications of Hydrogenation Reactions Using Heterogeneous

Catalysts
No. Process Catalyst Product Application Ref.
Selective
hydrogenation of Supported Pd XN Fruit, vegetable
. sorbic acid, hexyn-1-  colloids ARie-l-ale fragrances and flavors 6
ol or hexadienols
Hydrogenation of Methyl-2-
2 methyl sorbate Pd/C hexenoate Flavors !
Partial hydrogenation
3 of cis-propenyl Lindlar catalyst Pyrethrins Insecticides 8
pyrethroids
Selective Citral
4 hydrogenation of Pd-Bi catalyst ! Perfumes and cosmetics 9
) linalool
dehydrolinalool
Fe promoted
. Raney-Ni, co-  1,4- .
Production of 1,4- e : . Intermediate for
5 . ' promoted with  butanediol 10
butanediol and THF Cr. Mo, W, Co. and THF polymers and solvent
Mn and Ti
Enantioselective . .
Chinchona- . Intermediate for
6 ﬁa:jbr%n)élng,:%ipof o modified Eh(;lrrg(a(_aster Benazepril®, a medicine 11
ky 9 Pt/Al,Os yaroxy for high blood pressure
etoester
Reductive amination the 1st step and Dimethyl- pharm: :
7 - . . herbicides, rocket fuels. 12
of methanol mordenite  in amine - i
nd Dehairing agent in
the 2™ step :
leather processing.
Hydrogenation of Vandium . Intermed|z_ates for
S . Aromatic agrochemicals, dyes and
8 aromatic nitro doped precious : L2 13
amines fluorescent whitening
compounds metal powder agent
9 Hydrqgenatlon o_f Ir-Fe/C Halo amino Cosmetics 14
halonitro aromatics aromatics
10 Partial hydrogenation Supported Ru Cyclohexene Interme_dlates for _ 15
of benzene catalyst polyamides and lysines
>% i Intermediates for rubber
Dearomatization of containing Cyclohexyl- :
& aniline Deloxan® amine o G 16
pharmaceuticals
catalyst
12 N-debenzylation to Pd/C Nebivolol® Anti-depression drug 17

form Nebivolol®




and reviews.’®***d Though extensive work on theoretical as well as experimental
multiphase reactors is reported previously, in most of these single step reactions with
isothermal conditions have been considered. Only in a few cases, experimental studies on
multistep multiphase hydrogenation reactions have been addressed.’****® In order to
develop economically competitive processes, several new types of catalytic systems have
been found to be advantageous. For example, reactions involving combinations of non-
catalytic and catalytic reactions, complexities of equilibrium reactions with complex
network where selective synthesis of an intermediate compound is desirable. Such reactions
involve not only design of a selective catalyst but also the understanding of reaction
engineering issues including the catalytic and noncatalytic steps in the overall reaction
sequence. Further, Table 1.2 shows typical examples of gas-solid reactions in each
category, covering systems of energy generation, pollution abatement, chemical synthesis,
catalyst preparation, catalyst deactivation and regeneration, biomass combustion and
pyrometallurgical operations such as reduction of ores and roasting of sulphided minerals.
Thus, gas-solid reactions also play a vital role in producing materials for the electronic and
space industries.

Considering the wider applicability of multiphase reactors, investigations of more case
studies of practical relevance will further establish the confidence in the use of predictive
models for understanding their performances. It is in this context, the following specific
problems were chosen in the present work with the principal objective of understanding the

reaction engineering aspects.

V' Reductive Alkylation of Amines

The manufacture of higher alkylated (secondary or tertiary) amine derivatives are
important for dyes, fuels and rubber industries, which are synthesized by the reductive
alkylation of aromatic amine and a carbonyl compound in the presence of supported
transition metal catalysts. The reductive alkylation reaction goes through a condensation
reaction between an amine compound and a carbonyl compound or an alcohol to form an
imine intermediate, which undergoes hydrogenation in the presence of a metallic catalyst to
N-alkylated products. An important example of this class of reaction is the reductive

alkylation of phenylenediamines with methyl ethyl ketone (MEK) to N, N’-di-secondary-



alkyl-Phenylenediamines. This particular reaction system is commercially relevant and
involves a combination of parallel and consecutive reactions comprising equilibrium non-
catalytic (homogeneous) and catalytic (heterogeneous) steps. Therefore, proper analysis of
the reaction engineering issues like mass and heat transfer parameters coupled with reaction
kinetics is required to understand and select suitable reaction conditions to obtain improved
selectivity of the product, N, N’-di-secondary-alkyl-Phenylenediamines. In this work, this

particular reaction system was investigated from reaction engineering point of view.

V' Combustion of Biomass

The importance of biomass in combustion processes for the combined production of
electric power and district heating systems is still rising. Biomass conversion technologies
range from traditional direct fired biomass combustion systems designed to raise steam, to
advanced integrated biomass gasification combined cycled systems with high projected
efficiencies. The basic mechanism in combustion as well as gasification reactors is a fast
pyrolysis with release of volatile species. The laminar entrained flow reactor is generally
used for the fast pyrolysis of biomass fuels because it represents the conditions similar to
those in practical combustion equipment. A reliable description of the global kinetics of
biomass pyrolysis is the building block for accurately describing the high temperature
chemistry that occurs in developing biomass thermochemical conversion systems and
potentially can be used to optimize system design and performance. Moreover,
experimental measurements in the reactor and predictions with computational fluid
dynamic (CFD) computer codes can be used to accurately characterize the reactor as it is
operated under laminar flow conditions. The computational models and experimental
measurements facilitate the understanding of the system and allow detailed understanding
and interpretation of experimental results. The ultimate goal of the modeling in bench scale
experiments is to make accurate determination of fluid dynamic behavior, so that the results
from simple bench scale combustion and pyrolysis experiments can be confidently
extrapolated to large scale biomass combustors and gasifiers. While combustion models for
coal are finding increasing applications in CFD studies, there is a need to develop
specifically CFD models for the combustion processes of biomass. In this context, it was

thought desirable to develop a procedure coupling the experimental measurements and



computational fluid dynamic modeling to provide better understanding of the combustion
process and parameters useful for scale up.

In this chapter, a literature review on modeling of multiphase reactors relevant to the
subject area of investigation is presented. The literature on the development of reaction
engineering and CFD models to improve the overall performance of multiphase reactors
has also been presented with a special emphasis on three phase catalytic reactors (slurry
and fixed bed) and a two phase gas-solid entrained flow reactor respectively. Moreover, a

literature review on specific case studies discussed earlier has also been reviewed.

1.2 MODELING OF MULTIPHASE REACTORS: GENERAL
COMMENTS

The performance models for any type of multiphase reactor can be developed to evolve
relations for volumetric productivity, conversion and selectivity in terms of operating
parameters and system properties.®> The generic conservation equations applied to any
conserved property (e.g., species mass) for a particular phase i in a multiphase reactor is

straightforward and described as:

(Rate of output by phase i)—(Rate of input by phase i)
—(Net rate of interphase transport into phase i) 1.1

=(Net rate of generationin phase i)—(Rate of accumulation in phaseii)

The details of a reactor model depend on the level (i.e., to what size control volume) at
which equation 1.1 is applied. The simplest models assume either perfect mixing of a phase
or plug flow with no significant mass or heat transfer limitations (pseudo-homogeneous
models). Deviations from such ideal models with respect to flow patterns are frequently
accounted for using axial dispersion coefficients. The most sophisticated models are ones
that resolve the fluid dynamics clearly by direct numerical solution (DNS) of the Navier—
Stokes (N-S) equations and superimpose the kinetics and interphase mass transfer on it. In
order to account for all the realistic physicochemical phenomena in a given reactor type, it
is often required to consider an ensemble of N-S equations resulting in Euler-Euler

interpenetrating multifluid models. Closure forms are required for interphase interaction



terms, turbulence parameters and kinetic rates. In between these, the approaches based on
phenomenological models (also based on equation 1.1) and experimentally observed flow
and mixing patterns are also used. The main objective here is to simply address the
different levels of modeling as indicated in Table 1.4. As the degree of model
sophistication increases, it becomes more time-consuming to develop both the rigorous
models and to produce numerical solutions. The level of sophistication used in modeling
the reactor flow pattern and mixing should be commensurate with the level of modeling
used to understand the Kkinetics, i.e., the species generation rate. Whenever that is not the
case, the modeling effort yields less than maximum benefits since Kinetics ultimately
dictates the overall reactor performance.’

The left hand side (LHS) of the equation 1.1 contains the information about fluid
dynamics, flow pattern and phase contacting pattern (e.g., the input term describes
convection and eddy transport into and out of the control volume, etc.). On the other hand,
the first term on the right hand side (RHS), i.e., the generation term incorporates knowledge
of chemical kinetics. The reactor production rate is obtained by appropriate volume
averaging of the generation rate. Equation 1.1 is utilized primarily in the following three
types of endeavors. First, in research and development, from the measured overall inputs
and outputs at different compositions and temperatures, the form of the apparent kinetic
rate of reaction, i.e., the generation term on the RHS of the equation 1.1 is evaluated. In
order to properly establish such a kinetic form, a precise knowledge of the fluid dynamics
and transport parameters in the experimental reactor is required, along with a quantitative
relation between the overall input—output terms and local ones, i.e., a reactor model.
Second, in reactor design efforts, the needed reactor size to meet the desired production rate
and selectivity must be determined. Again, the knowledge of fluid dynamics and transport,
i.e., the LHS of equation 1.1, as a function of reactor size and operating conditions is
needed for proper design or scale-up. Third, in a manufacturing environment, the impact of
changes in operating conditions that will yield the desired changes in the output is required.
The knowledge of how the changes in operating parameters affect the fluid dynamics and
transport parameters in the reactor is essential. Hence, the level of sophistication in the
description of the generation term on the RHS of equation 1.1 increases, through the use of
mechanistic models based on L-H type kinetics.
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Table 1.4. Levels of Modeling of Multiphase Reactors®

Modern reaction engineering models requires handling of different phenomena over a
multitude of scales
e Molecular scale (micro-kinetics)
e Eddy or particle scale (macro-local transport phenomena)
e Reactor scale (meso-flow patterns, contacting and flow regime)
Possible level of description
Molecular scale (rate forms)
Strictly empirical Mechanism based Fundamental elementary
Eddy or particle scale transport
Empirical Micromixing models DNS CFD
Reactor scale

Ideal reactors Empirical models  Phenomenological models CFD models

The rapid advances in available software for computational fluid dynamics (e.g.,
CFDLIB, FLUENT, PHOENICS, FLOW3D, and FIDAP) make it possible to simulate the
gross flow patterns in large reactors. Kuipers and Swaaij”® have presented a review of the
role of CFD in chemical reaction engineering. It is clear from this review that those global
system models, which typically provide the overall features of flow in large reactors, are
sometimes tied with various degrees of empiricism in transport and kinetics to describe
reactor performance. In absence of detailed models for most multiphase reactor types and
chemistries, lower level models provide valuable tools in process development.

The above discussion leads to the perennial problem in multiphase reactors, namely,
scale-up, and how to achieve the desired results in a large scale reactor based on
observations made on the laboratory-scale unit. In this thesis, phenomenological and CFD
modeling was explored by considering the industrially important case studies as discussed
earlier (Section 1.1). For this purpose, the contribution to the modeling of multiphase
reactors has been achieved for frequently used three phase catalytic reactors viz. agitated
slurry, bubble column slurry and fixed bed reactors and a two phase gas solid entrained
flow reactor. In this context, the following two sections (Section 1.3 and Section 1.4)

present a brief review on modeling of three phase catalytic reactors with a special emphasis
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on agitated slurry, bubble column slurry and fixed bed reactors and a two phase gas-solid
entrained flow reactor respectively.

1.3 THREE PHASE CATALYTIC REACTORS

Three phase catalytic reactors with solid as a catalyst with gas and liquid reactants, are
extensively used in chemical industries. Some important applications are shown in Table
1.1. Three phase reactors can be mainly divided into two main categories: (a) slurry
reactors like mechanically agitated, bubble column, fluidized bed and loop recycle type,
represent a class of reactors where the catalyst is suspended and (b) fixed bed reactors
wherein the catalyst is stationary with cocurrent or countercurrent flow of gas or liquid
phases. Some industrially important reactions practiced in these reactors are shown in
Table 1.5. The choice of a reactor type is an important design factor and would depend on

number of factors, which are summarized in Table 1.6.

Table 1.5. Important Industrial Applications of Three Phase Reactors

Reaction type Gas Liquid reactant Catalyst Reactor  Ref
phase type
reactant
Hydrodesulphurization H, Sulphur compounds  Co-Mo-on  Trickle Bed 21
in crude oil alumina
Hydrogenation H, Fatty acids Supported Slurry 22
Ni
H, 2-Butyne-1,4-diol Supported Trickle Bed 23
Cu-Ni
Reductive Alkylation H, p-nitroaniline or p- Pt/Al,O5 Trickle Bed 24
Phenylenediamine or Slurry
H, - 63% Nion  Slurry 25
aminodiphenylamine  kieselguhr
Oxidation 0, CyHs  Inert PdClI2- Slurry 26
carbon
0,, SO, Water (inert) Activated Slurry or 27
carbon Trickle Bed
Hydroformylation H,, CO Higher olefins CoorRh Slurry 28
complex
bound to
polymers
Ethynylation C,H; Formaldehyde Cu,C, Trickle Bed 23,
supported or Slurry 29
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Table 1.6. Comparison of Trickle Bed and Slurry Reactors

Factors Influencing selection Fixed Bed Slurry
External mass transfer and Average Best (high speed of agitation and
intraparticle diffusion rate small particles can be used)
Effects due to liquid mixing side Good (close to  Poor (back mixed flow)
reactions/selectivity plug flow)

Heat removal/ temperature control  Poor Best (large liquid holdup)
Separation of catalyst from Best Poor (filtration required)
reactants
Frequent catalyst replacement Poor (requires  Good

dismantling

the column)

The overall performance of these reactors depends on the inter phase mass transfer,
intrinsic kinetics of reactions, physicochemical properties and mixing of the fluid phases. A
theoretical analysis of the kinetic model, overall rate of reaction incorporating contribution
of external and intraparticle mass transfer as well as reactor models has been extensively
studied and the details are available in monographs by Ramachandran and Chaudhari*® and
Shah®* and in reviews by Chaudhari and Ramachandran,® Doraiswamy and Sharma’,
Chaudhari et. al.*?, Mills et. al.'®*and Mills and Chaudhari®.

For the purpose of modeling of continuous reactors, in addition to chemical reaction
and transport effects, the variation of the reactant/product concentration along the length of
a reactor and the degree of mixing of the two phases have to be considered. Also, additional
complexities can exist in trickle beds due to incomplete wetting of catalyst particles and
exothermicity of reactions. Theoretical analysis for batch and continuous reactors for
generalized as well as limiting cases has been described by Ramachandran and
Chaudhari.*® These authors have developed equations for the calculation of the reactor
efficiency for plug flow as well as back mixed case for co-current and counter current
operations in continuous reactors. In this part, a brief review of the principal multiphase
reactor types and current state of development on modeling of three phase slurry and fixed

bed reactors has been presented.
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1.3.1 Agitated Slurry Reactors

The agitated slurry reactors are most commonly used in industrial scales in liquid phase
processes. In agitated reactors, the catalyst particles are used in a powder form and kept in
suspension by means of mechanical agitation (Figure 1.2). Due to smaller catalyst particle
size, intraparticle diffusional effects are negligible in these reactors. Also, the overall mass and
heat transfer efficiency is better than the fixed bed reactors and these reactors are preferred for

mass transfer limited reactions and those with high level of exothermicity.

Gas inlet ™ Gas outlet
—_————————— — >
.| Liquid out
H ——

Liquid in|:

B

Figure 1.2. Mechanically agitated slurry reactor

The processes for small volume specialty chemicals are often operated in a batch mode.
A dead-end operation with no discharge of gas phase is very common for safety reasons
and convenience. The agitated slurry reactors can also be operated in a semi-batch or
continuous mode depending on the process requirement. The important design parameters
for agitated slurry reactors are selection of an agitator type, size, point of gas injection and
the mode of heat removal, which have a direct influence on gas-liquid and liquid-solid
mass transfer and overall heat transfer efficiencies. It is also important to ensure that the
catalyst particles are kept in complete and uniform suspension. Several correlations have
been proposed for the estimation of mass transfer and heat transfer parameters, the details
of which have been reviewed by Chaudhari and Ramachandran® and Ramachandran and
Chaudhari.*

In continuous slurry reactors, in addition to mass transfer and kinetic steps, the
variation of reactant concentration caused due to mixing of various phases needs to be
considered. Goto and Smith,** Goto et. al.**, Ramachandran and Smith,*® Ramachandran
and Chaudhari*® have described the approaches to model continuous slurry reactors.
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1.3.1.1 Models for Semi-Batch Slurry Reactor

In a semi-batch operation of a three-phase reactor, the gas phase flows continuously
through the system, while there is no net inflow or outflow of the liquid phase. These
reactors find application in the manufacture of fine chemicals and pharmaceuticals where,
small volume batch processes are involved. Also, these reactors are widely used for
evaluating the catalyst performance of three phase catalytic reactions and to obtain reliable
data on the kinetics of a particular reaction. The design problem in a semi-batch slurry
reactor is to predict the conversion of the liquid phase reactant as a function of time, so that
the batch time of operation of such reactors can be fixed. Theoretical analysis of semi-batch
slurry reactors was earlier presented by Chaudhari and Ramachandran,® Ramachandran
and Chaudhari* for (1,0), (1,1) order kinetics and also in general for m-n™ order kinetics.

The equations for (1, 1) order are:

2
peoXe| 1, 1 +B“Fi P! 1.2
VA | kias ksap| S3A WD,
where,
1=2 In #COSh gy - Sinh ¢, L3
8 | #onfl- X500 g/1- X5 - Sinhgy/1- X
with ¢, the Thiele modulus based on the initial concentration of B is given as,
1/2
4. —R| PoKuBu 14
De

A few examples of previous work on semibatch slurry reactor modeling for hydrogenation
reactions are summarized in Table 1.7 and some of these are discussed here.

Jaganathan et. al.> reported the intrinsic kinetics of hydrogenation of p-nitrocumene to
p-cumidine over supported Pd catalysts in a mechanically agitated slurry reactor.
Intraparticle diffusion effects were studied using pelleted catalysts and equations for overall
effectiveness factor were derived for Langmuir-Hinshelwood type kinetics. To verify the
applicability of the kinetic model experimentally, a semibatch slurry reactor model was

developed for both isothermal and non-isothermal conditions.
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Table 1.7. Reactor Modeling Studies in Semi Batch Slurry Reactors

Sr.No. Reaction system Catalyst Remarks Ref.
1. Crotonaldehyde Pd/Al,O4 Catalyst effectiveness factor determined 37
2. Chlorobenzene Pt/C Gas-liquid mass transfer important 38
3. Phenylacetylene Pt/Al,O3 Reactor modeling with intraparticle diffusional 39
effects

4, Dimethylnitrobenzene Pd/C Kinetics and reactor modeling 40

5. Butenediol Pd-Zn-CaCO; Kinetics and batch reactor modeling 41

6. Phenylacetylene Pd/C Kinetics and reactor modeling. 42

7. Buytnediol Pd/C Kinetics and reactor modeling 43

8. 2-ethyl- 5,6,7,8 tetrahy -  Pd/Al,O3 Reactor model incorporating both internal and 44

] external mass transfer resistance
droanthraquinone

9. Furan amines Rh/Al,03 Kinetics and reactor design 45

10 Benzene Ni Kinetics, reactor modeling with intraparticle 46
diffusion

11. 1,5,9-cyclododecatriene  Pd/Al,O3 Kinetic modeling taking into consideration all 47
the parallel isomerization and consecutive
reactions

12. Acetophenone Rh/C Reactor modeling with intraparticle diffusional 48
effects

13. 2,4-dinitrotoluene Ni/HY Intrinsic kinetics and reactor modeling 49
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Sr.No. Reaction system Catalyst Remarks Ref.
14. p-nitrocumene to p- Pd/Al,O4 Methodology for development of slurry 50
cumidine reactor model to predict isothermal and non-

isothermal performances
15. 2, 4-dinitrotoluene to 2,  Pd/ Al,O3 Molecular level approach to kinetic modeling 51
4-toluene-diamine and non-isothermal effects
16. Isooctenes to isooctane  Pt/Al,O3 Hydrogenation kinetics was combined with 52
catalyst deactivation kinetics
17. Cinnamaldehyde Ru/ Al,O3 A L-H rate equation considering two-site 53
model was used to describe the Kinetic
experiments.
18. Benzene to cyclohexane  Ni/Al,O3 Kinetics and reactor modeling in presence of 54
significant pore diffusion was proposed.
19. Lactic acid to propylene  Ru/C Through mass transfer analysis showed that 55
glycol there was no transport limitations in the
operating conditions.
20. Reductive alkylation of  Pt/C Kinetics and semibatch slurry reactor 56
aromatic amines modeling
21. Aniline to N- Pd/Al,O3 Langmuir-Hinshelwood type model was 57

isopropylaniline

proposed considering the implications of
catalytic and noncatalytic steps
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Rajashekharam et. al. ** studied the kinetics of hydrogenation of 2, 4-dinitrotoluene (2,
4-DNT) in a semibatch slurry reactor using a 5% Pd/Al,O3 catalyst at 323-363 K. A
fundamental approach based on a molecular level description of the catalytic cycle was
used to derive the rate models. It was found that the intraparticle diffusional effects were
important for particle sizes (dy) > 3x10™ m, but the external mass-transfer (g-l1 and I-s)
effects were unimportant. For the complex rate equation observed in this case, an
approximate expression for the overall effectiveness factor was derived and the
experimental data for different particle sizes were found to agree with the predictions of the
model incorporating intraparticle diffusion effects. A mathematical model has also been
proposed to predict the temperature and concentration profiles in a semibatch reactor under
non-isothermal conditions.

Lehtonen et. al. >®

reported the reductive alkylation of an aromatic amine with one alkyl
substituent and an aldehyde, which implies a combination of homogeneous and
heterogeneous reactions. The rate equations (intrinsic kinetics) were derived starting from a
probable catalytic reaction mechanisms and combined with a reactor model for the three
phase semi-batch reactor incorporating gas-liquid mass transfer. The Kkinetic parameters
were estimated for a model reductive alkylation reaction system and it was concluded that
the number of adjustable parameters in the model could be considerably reduced without
any decisive deterioration of the fit of the model on the laboratory scale.

Roy et. al.>’ reported the kinetics and semi-batch slurry reactor modeling of reductive
alkylation of aniline to N-isopropylcyclohexylamine using 3%Pd/Al,O3 catalyst at 378-
408K. The impact of homogeneous and heterogeneously catalyzed reactions (involved in

overall reaction sequence) on overall reaction kinetics was addressed.

1.3.2 Bubble Column Slurry Reactor

In the case of bubble column slurry reactors the particles are suspended by gas-induced
agitation and the reactant gas itself provides the required stirring action. The gas is
dispersed through a deep pool of liquid containing finely suspended catalyst particles. The
reactor may be operated in a semi-batch manner for conversion of a liquid reactant or for
continuous reaction between gaseous and liquid reactant. The advantages of these reactors

include absence of moving parts, minimum maintenance, smaller floor space compared to
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agitated reactor and high liquid circulation rates leading to more efficient rates of heat
transfer than in the fixed beds. In addition, power consumption required is less than
agitated reactors. As small particle sizes can be used, the intraparticle diffusional resistance
is minimized and hence maximum utilization of the catalyst is possible. The disadvantages
include considerable back mixing of the liquid phase resulting in poorer reactor
performance and when the gas is passed at atmospheric pressure, additional energy has to
be spent to overcome the pressure drop in the column.*

As the bubble column does not require any additional mechanical or mixing devices,
the bubble column reactor can be considered as a standard simple industrial equipment for
multiphase reactions, with high service life and operating safety. In industrial practice,
because of special process engineering problems, a large number of bubble column types
are in use differing in the fluid dynamics and special internal configurations. Some of the
basic types are shown in Figure 1.3, showing several different modes of operation for the
bubble column reactors. Gerstenberg™ and Steiner® reported in detail the industrial use of

bubble column reactors.

1.3.2.1 Modeling of Bubble Column Slurry Reactor
The mathematical description of bubble column reactor can be interpreted as two step
process as given below:
i) Description of fluid dynamic flow conditions by considering liquid circulation and
backmixing properties with an appropriate fluid dynamic model
i) Development of reactor model by linking together the fluid dynamics, mass and heat
balances under specific boundary conditions for a bubble column

The primary target quantity of interest in a reactor model is the conversion data of the
reacting components. In many cases, the temperature profiles in the reactor can be of equal
interest. In addition, a fully developed reactor model allows a process to be optimized by
analyzing the influence of special adjustable parameters. The degree of progress that has

been made in our understanding of modeling of bubble column reactors can be found in
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Figure 1.3. Basic bubble column types used in industrial practice

some recent reviews by Jakobsen et. al.,*® Kantarci et. al.,** Ranade® and Joshi®?. Some
important literature on fluid dynamic and reactor models of bubble column reactors is
discussed in the following two sections.

1.3.2.1.1 Fluid Dynamic Models

Some of the important fluid-dynamic models for describing gas and liquid flow patterns
in bubble columns are summarized in Table 1.8. The basic physical approach and the target
quantities are shown for comparison. The detailed information about the methods can be
found in comprehensive review by Schluter.®® The most important fluid-dynamic quantity
is the liquid circulation velocity field in the bubble column. Several other process
engineering variables like the axial backmixing properties or the heat and mass transfer
coefficients can be correlated in relation to this value. So the circulation flow models of
Ueyama and Miyauchi,®®® Joshi and Sharma®™ and Zehner™' are widely used to
estimate this velocity. The axial dispersion model (ADM) given at the head of Table 1.8
cannot be regarded as a model describing the special bubble column fluid dynamics on

physical basis. From a physical point of view, the ADM is a fully empirical model giving
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Table 1.8. Fluid Dynamic Models for Bubble Columns

Model Main Target Quantity Remarks Ref.
Dispersion model Axial and radial concentration  Approach analogous to Fick’s law of
profile of component in molecular diffusion with dispersion 65
multiphase system coefficient as global model parameter
Recirculation Liquid velocity profile, axial Starting point is force balance for differential
flow models dispersion coefficient cylindrical volume element and solution is 66,
given by introducing a special radial gas hold 67
up distribution and integrating over column
radius with boundary conditions
Energy balance Liquid velocity profile Overall balance considering ‘hydraulic jump’ 68
method at free liquid surface. Model equations are
limited to columns
Circulation cell Mean circulation velocity of Enhanced energy balance method with 69,
model liquid phase: Axial dispersion multiple circulation cells arranged in axial 70
coefficient and heat transfer direction; circulation cell height determined
coefficient empirically
Cylindrical Mean circulation velocity of Liquid circulation is given by gas hold up 71,
vortex model liquid phase: Axial dispersion difference between two circulation cells 72
coefficient, heat  transfer arranged in parallel.
coefficient, mean gas hold up
Bubble class Gas-phase  residence time Two bubble classes are assumed; large bubble 73,
models distribution class in plug flow and small bubble class 74
perfectly mixed; no interaction between small
and large bubble strand; separated mass
balances set up for both classes
Tank in series Residence time distribution of Perfectly mixed reactor cascade without 65

model (cascade
model)

gas and liquid phase
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backflow between neighboring cells; model
assumes equal cell numbers (and therefore
equal backmixing properties) for gas and
liquid phases



Model

Main Target Quantity

Remarks

Ref.

Cell model with
backflow

Enhanced cell
model

Residence time distribution of
gas and liquid phase

Various properties of gas and
liquid phases

Perfectly mixed reactor cascade with
backflow between neighboring cells; the cell
model with backflow is a finite difference
equivalent of axial dispersion model

Several theoretical models for description of
large and small bubble behavior considering
coalescence and dispersion interaction
between phases

75,
76,
77,
78
79

Fluid mechanical
model

Distribution of phase velocities
and mass concentration of all
components

Comprehensive fluid mechanical description
of bubble column reactor; the partial
differential equation systems are solved
numerically by  several  complicated
algorithms

80
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the unknown fluid-dynamic properties of the multiphase system in the value of an ‘axial
dispersion coefficient’ as a lumped parameter. Nevertheless, the dispersion model can
predict gas- and liquid-phase residence time distributions with accuracy sufficient for most
technical cases (for example, see Table 1.9).

Some more physically based models have been published by Gasche®' and Torvik and
Svendsen® which can predict the gas/liquid-phase holdup and the circulation velocity
profile of both phases with good accuracy. However, the solution of partial differential
equations arising from these approaches cause problems if the strong nonlinear temperature
dependences of some model parameters are to be considered in the general non-isothermal

case.

1.3.2.1.2 Reactor Models

A reactor model can be developed by linking the fluid-dynamic assumptions with the
mass and energy balances of the multiphase system. Selected works on modeling bubble
column reactors for industrial processes is summarized in Table 1.9. The fluid-dynamic
models mentioned in the previous section have rarely been used to describe the chemical
reaction engineering data of bubble column reactors. In particular, the very comprehensive
multi-component models proposed for describing the Fischer-Tropsch and methanol
synthesis in the slurry phase allow us to conclude that the axial dispersion model is a good
pragmatic basis for the development of reactor models for industrial processes carried out
in bubble column reactors. It should be noted here that the cell model with backflow, which
is widely applied in industrial practice too (see Table 1.9), is a finite-difference equivalent
of the axial dispersion model. Considering specific mathematical relations between the
basic parameters of both models, the cell model with backflow leads to nearly the same
numerical results if the number of mixing cells is assigned high enough. A main advantage
of the cell model is its great flexibility in modeling processes with concentrated and

unequally distributed mass and heat sources.
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Table 1.9. Selected Papers on Modeling of Bubble Column Reactors

Chemical Reaction Backmixing Model Remarks Ref
(gas-liquid/solid)
Absorption of isobutene in  CWB (cell model with backflow)/ Axial dependent superficial gas velocity 75,
sulfuric acid CWB/- 76
Alkylation of benzene with  PFM (Plug flow model)/ CWB/- N = 10 cells, multifeed 82
ethylene
Fischer-Tropsch synthesis ~ ADM (Axial dispersion model) Balanced component: H, 83,
in liquid phase IADM/ADM/-, PEM/TIS/TIS (tank 84
in series model), TIS/TIS/TIS/-
Methanol synthesis in TIS (Tank in series model) Experimental data: dr=60cm,L=5m 80,
liquid phase /CWB/CWB/-, Comprehensive fluid  Heat balance integrated 85,
mechanical model, 86
ADM/ADM/ADM/-
Fischer-Tropsch synthesis  PFM/ADM- Balanced component: H, 87
in liquid phase PFM/ADM/- Balanced components:H,, CO, CO,, H,0O
Chlorination of ethylene PFM/CWBI/- Reaction heat removal by direct 64
vaporization of liquid product; model
with integrated energy balance
Reaction of hydrogen, -/ADM/- Dynamic model 88
acetone, and 4-
aminodiphenylamine
Chlorination of toluene Two dimensional dispersion model Constant reaction temperature 81

(slow reaction), Absorption
of CO; in NaOH solution
(fast reaction)

with radial dependent circulation
flow
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1.3.3 Fixed Bed Reactors

Multiphase catalytic fixed-bed reactors (FBR) are operated either with a continuous gas
and a distributed liquid phase (trickle operation), when the mass transfer resistance is
mainly located in the gas phase or with a distributed gas and a continuous liquid phase
(bubble operation). In this type of reactors, the gas and the liquid phase flow over a fixed
bed of catalysts. The fixed bed reactors can be classified into mainly three types (i) co-
current down-flow of both gas and liquid phases (ii) downward flow of liquid with gas in
the countercurrent upward direction and (iii) co-current up-flow of gas and liquid phases.
These reactors are schematically shown in Figure 1.4. Reactors with co-current down-flow
of gas and liquid is called as trickle bed reactor (TBR) and the co-current up-flow reactors
are also referred to as packed bubble bed reactors.

Trickle bed reactors, wherein, the liquid reactant trickles down concurrently along with
the gaseous reactant, over a fixed bed of catalyst pellets, find applications in a wide variety
of chemical, petrochemical and biochemical processes including waste water treatment.
The examples of trickle bed reactors are given in detail in several monographs.®-%0:91.%2
These include oxidation, hydrogenation, isomerization, hydrodesulfurization,
hydroprocessing, decomposition of hydrogen peroxide, deuterium exchange between
hydrogen and water to produce heavy water,” adsorption of benzene from water on
activated carbon particles,” hydration, catalytic dewaxing of lube stock * etc.

Fixed bed up-flow reactors, wherein, gaseous and liquid reactants co-currently flow
upwards over a fixed bed of solid catalysts find applications in many industrial processes.
These include hydrodesulfurization of petroleum fractions, liquid phase hydrocracking,
hydrogenation of nitro compounds, amination of alcohols, ethynylation of formaldehyde in
butynediol synthesis, waste water treatment etc.”*% This type of reactor is mainly used
when comparatively small amount of gas has to be processed with large amount of liquid
and when a higher residence time for the liquid phase is required. The fixed bed up-flow
reactor has the advantage of completely wetted catalyst particles due to high liquid holdup.
This can provide a better mass and heat transfer between the liquid phase and the solid
catalyst though it has the disadvantage of enhanced external mass transfer resistance.
Various parameters affecting the reactor performance of trickle bed reactors and fixed bed

up-flow reactors and the details of reactor modeling are discussed in following sections.
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Figure 1.4. Fixed Bed Reactors (a) Trickle Bed Reactor (b) Countercurrent Reactor and ()
Up-flow or Packed Bubble Column Reactor

1.3.3.1 Important Design Parameters

The important design parameters which influence the reactor performance include,
pressure drop, liquid holdup, gas-liquid mass transfer coefficient, liquid-solid mass transfer
coefficient and the heat transfer parameters such as effective thermal conductivity and bed
to wall heat transfer coefficient. Various correlations exist in the literature for calculating
all these parameters and have been reviewed from time to time in various monographs by
Satterfield,®® Hofmann,* Shah,* Herskowitz and Smith,®” Ramachandran and Chaudhari,*
Gianetto and Specchia,”® Saroha and Nigam® and Al-Dahhan et. al.** Also, Lamine et.
al.*® have published a detailed report on the heat transfer properties of both up-flow and
down-flow modes of operations.

Catalyst wetting efficiency is one of the most important parameters in the design of
trickle bed reactors, since it represents the extent of utilization of the catalyst particles.
Many correlations exist in the literature for the determination of wetting efficiency of the
catalyst particles and have been reviewed by Julcour et. al.’® Satterfield,®® Shah,*
Herskowitz and Smith,”” Ramachandran and Chaudhari,** Gianetto and Specchia,” Saroha

1
1.°

and Nigam®? and Al-Dahhan et. al.”* Recent studies are focused on incorporating the effect
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of pressure on the catalyst wetting efficiency. Al-Dahhan and Duducovic'™

investigated
the effect of pressure on the wetting characteristics and developed a semi-empirical model,
incorporating the effect of reactor pressure and gas velocity. A review of previous work on

modeling of fixed bed reactor is presented in the following sections.

1.3.3.2 Reactor Performance Studies in FBR

Due to gas and liquid flowing co-currently through the catalyst-bed, fixed-bed reactor
performance depends on a complex interaction of the intraparticle and interphase mass
transport, reaction kinetics and hydrodynamics. Many reports on experimental and
modeling studies involving fixed-bed reactors have been published with the aim of
comparing the predictions with experimental data and understanding the interplay between
overall reactor performance and various factors affecting it."®> Many of the industrially
important reactions involve complex reaction network and highly exothermic reactions.
Investigation of TBR performance for important complex multi-step reactions is scarce in
literature.'%*:104:105.106 5ome recent investigations into fixed bed reactor (with upflow and
downflow mode) performance studies are presented in the Table 1.10.

Most of the previous studies were carried out under isothermal conditions and have

considered pseudo-homogeneous models based on plug flow®":

or heterogeneous
models with plug flow of both gas and liquid phases.'***3>1%:1% Some models accounted
for liquid flow non-uniformity and maldistribution by using an axial dispersion model.***
The investigations deal with hydrogenation or oxidation in pure or moderately concentrated
organic or aqueous solutions (large excess of liquid reactant). Liquid reactants/solvents
were assumed to be non-volatile and gas phase assumed to be pure at constant partial
pressure of the reacting gas. Thus, the primary model variables of interest have been the
liquid phase concentrations of the dissolved gaseous reactant and the resulting conversion
of the liquid phase reactant. The key effect that was incorporated in most recent models
was that of partial wetting and transport of gaseous reactant to externally dry areas of the
catalyst resulting in higher rates observed in most experimental data.**>*** It was observed
generally that under conditions of gas phase reactant limitation, the rates decreased with
increase in liquid velocity due to higher catalyst wetting at higher liquid velocities and
hence reduced direct gas-solid mass transfer contribution. Under conditions of liquid phase
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Table 1.10. Investigations of TBR and Fixed Bed Up-Flow Reactor (UFR) Performance

S. No. Reaction / Reactor Rate Analysis Model Assumptions Ref.
1 H,0, decomposition / TBR Linear kinetics  Isothermal, partial wetting, 2-region 114
cell model
2 Hydrogenation of C4 olefins L-H Kinetics Isothermal, plug flow 115
/UFR
3 Hydrogenation of 3- L-H kinetics Isothermal, plug flow, partial wetting, 116
hydroxypropanal /TBR heat balance
4 Hydrotreating of vacuum gas L-H Kinetics Isothermal, plug flow, partial wetting 117
oil /TBR
5 Hydrogenation of a-methyl L-H kinetics Isothermal, plug flow, partial wetting, 118
styrene /TBR and UFR high pressure
6 Selective hydrogenation of Linear kinetics  Isothermal, axial dispersion, high 119
1,5,9-cyclododecatriene / UFR pressure/temperature
7 SO, oxidation /TBR L-H kinetics Isothermal, full wetting 120
8 SO, oxidation/ TBR/ UFR L-H kinetics Isothermal, partial wetting, axial 121
dispersion, static-dynamic
9 Phenol oxidation /TBR L-H kinetics Isothermal, full wetting, plug flow, 122
high pressure/ temp.
10 Hydrogenation of a-methyl Linear kinetics  Isothermal, plug flow, partial wetting 123
styrene /TBR
11 Hydrogenation of acetophenone L-H kinetics Non-isothermal, plug flow, full 106
ITBR wetting, high pressure/temp.
12 Hydrogenation of unsaturated Power law Non-isothermal, plug flow, full wetting 124
ketones in supercritical CO, Kinetics
/ITBR
13 Hydrogenation of 2,4- L-H kinetics Non-isothermal, plug flow, partial 103
dinitrotoluene /TBR wetting, stagnant liquid
14 Hydrogenation of a.- L-H kinetics Isothermal, plug flow, partial wetting 125

nitromethyl-2- furanmethanol

ITBR
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S. No. Reaction / Reactor Rate Analysis Model Assumptions Ref.

15 Oxidation of substituted Linear kinetics  Isothermal, plug flow 126
phenols /TBR

16 Hydrogenation of maleic L-H kinetics Isothermal, axial dispersion, full 127
anhydride / UFR wetting

17 Hydrogenation of 1,5,9- L-H kinetics Non-isothermal, plug flow, partial 128
Cyclododecatriene/TBR and wetting, stagnant liquid
UFR

18 Hydrogenation of 1,5,9- Eley-Riedal Nonisothermal heterogeneous model, 129
Cyclododecatriene/TBR Kinetics partial wetting effect

19 Catalytic hydroprocessing of oil  L-H kinetics Nonisothermal, homogeneous plug 130
feedstock flow axial dispersion model

20 Hydrogenation of a-methyl L-H Kinetics Axial dispersion model 131
styrene and phenol oxidation/
TBR and UFR

21 Catalytic wet air oxidation/ L-H Kinetics Axial dispersion model for liquid phase 132
TBR and UFR coupled with cell stack model for gas

phase
22 Wet air oxidation of phenol Power law Non-isothermal, plug flow model, 133
Kinetics partial wetting effect
23 Hydrotreating of benzene/TBR  L-H Kinetics Non-isothermal, 1D and 2D cell 134

network Models, Radial liquid
maldistribution, partial wetting effect
24 Hydrogenation of benzene/TBR  L-H kinetics Nonisothermal-heterogeneous three 135
phase model , Maxwell-Stefan mass
transfer model and effective diffusivity

model
25 Catalytic oxidation of L-H kinetics Isothermal, Axial dispersion model, 136
phenol/TBR plug flow model
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reactant limitation, the rates were found to decrease with lower wetting due to decrease in
effective liquid-solid contacting. Al-Dahhan and Duducovic**’ achieved an improvement in
the performance of trickle bed reactor operating under conditions where limiting reactant is
in the liquid phase by the use of fines. The addition of fines improved the liquid-solid
contacting efficiency and a corresponding increase in the rate was observed. Some models
considered non-isothermal effects and used pseudo-homogeneous energy balance to solve

for the temperature at any axial location.****1% Other variants include a cell model**, a

cross flow model** | 142,143

, mixing cell mode and some other based on liquid flow
maldistribution'** or stagnant liquid zones in the reactor'®.

Among the reactor scale models, the plug flow model has been generally used for the
modeling of TBR.*® The axial dispersion model (ADM) is the simplest model describing
differential mixing in fixed-bed reactors by superimposing axial dispersion on plug flow.*®
The ADM involves only one parameter, the axial dispersion coefficient, usually expressed
as a Peclet number. The mixing cell model considers a flow through a series of mixing cells
in the interstices of the packing, where the flow is characterized by the number of cells in
series and the liquid holdup. However, this model does not adequately represent the actual
flow in a fixed-bed.'*” The cross flow model has been suggested to account for the
considerable liquid stagnancy. It assumes that liquid holdup can be split into two parts:
stagnant pockets or films, and liquid in plug flow, with exchange between the two. The
cross flow model requires three parameters: the fraction of the plug flow, the exchange
coefficient, and the external liquid holdup.'*®

Enhancing the reactor performance by using various modeling techniques have been of
great research interest in recent years. In some studies, cell network model has been applied
for TBR modeling, in which, fixed bed of spheres was approximated as a cylindrically
symmetrical network of perfectly stirred tank reactors.*** The reactants were envisioned to
enter any given stirred tank as a single phase from the two preceding tanks. Alternative
rows were offset at half a tank to allow for radial mixing. The effluent from the stirred tank
was then fed through subsequent stages.*® Jaffe'*® applied this concept to the heat release
of a single phase hydrogenation process, and simulated the occurrence of steady state hot
spots due to flow maldistribution. Schnitzlein and Hofmann™" developed an alternative cell

network model in which the elementary unit consisted of an ideal mixer and a subsequent
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plug flow unit. These fluid streams were split or merged in infinitesimally small adiabatic
mixing cells (without reaction), located between the different layers of the elementary
units. Kufner and Hofmann®®? incorporated the radial porosity distribution into the above
cell model, which led to a better agreement of the predicted temperature profile with the
experimental data. The cell network models mentioned above were examined for single
phase flow with offset in alternative rows of cells. Recently, Guo et. al.** has developed a
TBR model, which is capable of handling multiphase flow and reactions as well as
temperature change due to the phase transition and flow maldistribution. The model serves
as a guide to understand the reactor performance and optimization.

Pellet scale diffusion with reaction was studied by taking reactant limitation into
account in simpler versions™? and in general case, by considering both gas and liquid phase
reaction zones and solution of gas liquid interface by considering liquid inhibition, pore

filling and capillary condensation in a partially internally wetted pellet.**

Approximate
solutions from gas-solid catalyst level equations have also been verified by numerical
solution for n™ order as well as Langmuir-Hinshelwood type kinetics.’** Some selected
studies and observations in trickle bed reactors where performance studies have been
carried out are summarized below.

Khadilkar et. al."*® has employed El-Hisnawi’s plug-flow model'* for the reaction of
hydrogenation of a-methyl styrene at high pressure (1:5 MPa), where a numerical solution
was demanded due to non-linear kinetics exhibited by the reaction. The pellet effectiveness
factor in EI-Hisnawi model was fitted at one space-time with the experimental observation.
Then the effectiveness factor was used as a fitting parameter for the other space-time,
which, however, in no way reflected the actual mass transfer resistance inside the pellet and
the pellet external wetting contact with the liquid.

Hydrogenation of benzaldehyde to benzyl alcohol was studied in a slurry reactor using

nickel catalysts by Herskowitz*®

and the Langmuir-Hinshelwood type of kinetic model
developed was used to predict the performance of a trickle bed reactor for the above
mentioned reaction. A completely wetted catalyst model was developed and all the mass
transfer resistances were considered in the model assuming that hydrogen is the rate

limiting reactant. The study was carried out for a varying range of gas velocity, temperature
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and pressure. It was concluded that slurry reactor was a better choice than a trickle bed
reactor for such high rate reactions.
A three-phase reactor model for hydrotreating reactions in a pilot trickle bed reactor

was developed by Korsten and Hoffmann'’

The model based on the two-film theory, was
tested with regard to the hydrodesulfurization of vacuum gas oil in a high pressure pilot
plant reactor under isothermal conditions. The axial dispersion in both phases were found
to be negligible and various mass transfer coefficients, gas solubility and other properties of
the gas as well as the liquid phases were determined using various correlations. The
kinetics of the reaction was represented by a Langmuir-Hinshelwood model and the
intraparticle mass transfer within the catalyst pellets were represented by catalyst
effectiveness factor. The poor conversion observed was explained with regard to the
incomplete catalyst wetting properties.

Liquid phase hydrogenation of acetophenone using Rh/C catalyst was studied by

Bergault et. al.’®

in trickle bed reactor and slurry airlift reactor and the performance of
these two reactors were compared in terms of productivities and yields. For modeling
trickle bed reactor performance, a non-isothermal plug flow reactor model incorporating
the external and intraparticle mass transfer effects was developed. It was assumed that the
catalyst was fully wetted and the mass and heat transfer correlations were estimated using
various correlations available in the literature. It was concluded that the available
correlations for gas-liquid mass transfer are not satisfactory and catalyst wetting is an
important process that cannot be neglected in the modeling and intraparticle diffusional
effects played an important role in determining the reactor efficiency.

Rajashekharam et. al.®®

reported the experimental verification for a non-isothermal
trickle bed reactor model for the hydrogenation of 2, 4-dinitrotoluene using 5%Pd/Al,O3
catalyst, incorporating the partial wetting of the catalyst as well as the stagnant liquid hold
up. It was assumed that the catalyst can be divided into three zones, where the catalyst is
exposed to dynamic liquid flow, static liquid pockets and exposed to gas phase. The
external mass transfer effects and intraparticle diffusional effects of the gaseous reactant
hydrogen was taken into consideration in the model and a Langmuir-Hinshelwood type of
rate model was used to describe the intrinsic kinetics of the reaction. The effect of various

parameters like liquid velocity, gas velocity, temperature and catalyst particle size on rate
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of hydrogenation, conversion and temperature rise inside the reactor was investigated. It
was found that the importance of parameters in the descending order was gas-solid > gas-
liquid > liquid-solid and also concluded that the contribution by stagnant liquid pockets
was negligible.

Roininen et. al.™* has developed a heterogeneous three phase reactor model to simulate
the industrial TBR for benzene hydrogenation and simulated the temperature profiles were
compared with the actual plant data. Analysis of the simulation results shows that the
process is limited by hydrogen mass transfer through the gas-liquid interface. Therefore the
mass transfer correlations, especially for k.a, must be carefully chosen. A completely
wetted catalyst model was also developed and all the mass transfer resistances were
considered in the model assuming that hydrogen is the rate limiting reactant. The study was
carried out for a varying range of gas velocity, temperature and pressure. It was concluded
that slurry reactor was a better choice than a trickle bed reactor for such high rate reactions.

lliuta and Larachi*® have discussed the design of reactors by exploring a parallel
modeling framework in which the reactor and particle scales were considered. The reactor
scale piston dispersion exchange (PDE) model was employed to capture both transient and
space dependences of reactants in the dynamic and static liquid zone. The mass transfer
processes between gas-liquid, gas—solid, and dynamic liquid—static liquid were integrated.
Chemical reaction, as a sink to deplete the reactants, was coupled with the (PDE) model. At
the pellet scale, they solved the general diffusion—reaction equation to supply the time and
space distribution of the reactant concentrations. They employed a parallel solution strategy
to simultaneously resolve the pellet and the reactor scale model for the catalytic wet

oxidation of phenol in fixed-bed with MnO,/CeO, catalyst pellets.

1.3.3.3 Reactor Performance Studies in FBR with Co-current Upflow

Due to increasing competition and environmental needs, alternative modes of operation
such as fixed bed with up-flow of gas and liquid phases are gaining considerable
attention.™’ The fixed bed up-flow reactor has the advantage of completely wetted
catalysts due to its high liquid holdup, thus providing better mass transfer and heat transfer
between the liquid phase and solid catalyst. But it has the disadvantage of enhanced
external mass transfer resistance and significant liquid backmixing compared to that of
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trickle bed reactor. The wetting efficiency of the catalysts in an up-flow reactor is assumed
to be one. There are also reports where wetting efficiency of the catalyst was assumed less
than one.™® In such cases it was assumed that some part of the gas, which passes through
the reactor, comes into direct contact with the catalyst particles and direct transfer of mass
from the gas phase to the catalyst particle takes place. Reactor performance studies in fixed
bed up-flow reactors are less compared to that of trickle bed reactor studies. Some of the
studies carried out are enlisted in Table 1.10 and observations made are summarized below.

Al-Dahhan and Dudukovic** and Wu et. al.* has shown that under conditions of
liquid phase reactant limitation up-flow reactor outperform trickle bed reactor due to its
efficient liquid-solid contact. This higher liquid holdup and liquid-solid effective contact
also results in a better heat dissipation in case of exothermic reactions and can be
advantageous in reactions where temperature dependence of selectivity is sensitive.

For better catalyst life and cycle efficiency, up-flow reactor can be used in view of
effective temperature control due to its better heat transfer properties as shown by Ragaini
and Tine*® for the hydrogenation of diolefin compounds in pyrolysis gasoline. Mochizuki
and Matsui*®* studied the selective hydrogenation of phenyl acetylene and styrene in an up-
flow reactor using supported palladium catalyst and also investigated the various
parametric effects like substrate concentration, temperature and pressure on the reactor
performance. It was found that hydrogen was rate controlling in most cases and diffusional
effects of phenyl acetylene was also important at its lower concentrations. Stuber et. al.**®
studied the partial hydrogenation of 1, 5, 9-cyclododecatriene in a fixed bed up-flow
reactor and found that by increasing the gas flow rate, increased gas-liquid mass transfer
and also efficient heat transfer was possible. Higher reactor length was simulated by
splitting up the process in two steps resulting in the significant improvement in selectivity.
Van Gelder et. al.'®**% described a reactor model for the hydrogenation of 2, 4, 6-
trinitrotoluene in an up-flow reactor in the presence of an evaporating solvent to absorb the
heat of reaction. It was shown that a model incorporating dispersion of gas phase represents
the experimental data better compared to a plug flow model.

Design aspects of co-current up-flow reactors were reviewed by Hofmann,*®
Ramachandran and Chaudhari® and Shah®. The generally used reactor model for fixed bed
up-flow reactor is steady state, isothermal, heterogeneous, one dimensional model taking
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into consideration the back mixing of the phases involved. Dynamic models, which can
predict the startup and sudden changes in the reaction parameters on the performance of the
reactors, applied for industrially important reactions are rare. Julcour et. al.'®® have
investigated the dynamic aspects for the hydrogenation of 1,5,9-cyclododecatriene using a
Pd/Al,O3 catalyst incorporating resistance to heat and mass transfer at the gas-liquid and
liquid-solid interfaces and the model predictions were compared with the experimental
observations under varying gas and liquid velocities. Visser et. al.*®® had investigated the
influence of forced periodic oscillations of the gas phase component for the hydrogenation
of phenyl acetylene based on a heterogeneous model considering both the transient mass
balance over the reactor length as well as accumulation inside the catalyst pellets.

1.3.3.4 Comparison of Downflow and Upflow Mode of Operation

There are only few comparison studies on performances of up- and down-flow mode of
operations applied to industrially important reactions. Goto et. al.*®” '®®studied
successively the oxidation of ethanol and the hydration of an olefin at atmospheric pressure
in the down-flow and up-flow modes. They concluded that the trickle-bed is more efficient
at low gas and liquid velocities, because of the partial catalyst wetting leading to an
enhanced transfer of the gaseous reactant. Wind et. al.*® have evaluated the performance
of hydrotreating catalysts in up- and down-flow fixed bed reactors. They found that the
catalyst utilization was poor in bench scale reactors compared to commercial reactors, due
to the lower mass velocities of liquid in the test reactors (bench scale). They also found that
the up-flow operation resulted in a better utilization of the catalyst, comparable to those in
commercial reactors. Larachi et. al.!”® have measured the liquid saturation operated under
higher pressures in concurrent up-flow and down-flow fixed bed reactors. They found that
for up-flow, the saturation was greater than for the down-flow regardless of the operating
pressure. However, in the pulsing flow regime an asymptotic value was observed for both
flows. For a given mass flow rate, the liquid saturation increased with pressure but
decreased when the liquid viscosity was decreased independently of the direction of flow or
operating pressure. Yang et. al.}”* have compared the hydrodynamics of up- and down-
flow packed bed reactors and concluded that the hydrodynamic characteristics such as
pressure drop, and liquid hold up are similar for both up- and down-flow reactors in the
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high interaction regime. Vergel*’ investigated the selective hydrogenation of butadiene in
a C4 olefinic cut in trickle-bed and up-flow reactors of 5.5 cm diameter. The author noticed
that the selectivity remains stable in the flooded-bed in a wide range of fluid velocities, but
decreases in the trickle-bed at low liquid velocities. This low selectivity was explained by
segregation phenomena inside the down-flow reactor.

Mills et. al.'"® examined the productivity of packed beds with down-flow, up-flow and
countercurrent flow of gas and liquid for a gas-limited reaction (the hydrogenation of a-
methylstyrene in hexane). They obtained similar conversions for cocurrent down-flow and
countercurrent modes in the low interaction regime, while the cocurrent up-flow generally

yielded lower values. For the same reaction system, Khadilkar et. al.**®

compared both
reactors over a wide range of operating pressures (from 30 to 200 psig). They related the
observed performance to the type of reaction system used (gas-limited or liquid-limited).
When the reaction is gas-limited at low pressure and high liquid feed concentration, trickle-
bed reactor outperforms the up-flow reactor due to ready access of the gas to the
incompletely externally wetted catalyst. At high pressure and low liquid feed concentration,
the reaction becomes liquid-limited and up-flow reactor performs better. In a recent report,
Julcour et. al.'”* investigated the hydrogenation of 1,5,9-cyclododecatriene and observed
that the rate of hydrogenation was higher for the up-flow mode compared to down-flow in
contrast to earlier reports. This can be due to the bigger dimension of the reactor used,
where in the down-flow mode of operation, the catalyst may not be completely wetted
internally.

In many of the studies in trickle bed reactor, it was found that the partial wetting of the
catalyst particle has a decisive role in determining the reactor efficiency. Catalyst bed

dilution using fine particles was suggested by Al-Dahhan and Dudukovic*®’

|'159

to improve the
catalyst wetting efficiency in trickle bed reactor. Wu et. al.”™” investigated the performance
of up and down-flow reactors with and without fines. Hydrogenation of a-methyl styrene
to cumene with 2.5%Pd/Al,O3 as the catalyst and n-hexane as the solvent was chosen for
this study. It was shown that trickle bed reactor outperform up-flow reactors under
conditions of catalyst partial wetting and gas phase reactant limitation, due to elimination
of external mass transfer resistances at the no-wetted catalyst portions. Under conditions of

liquid phase reactant limitation, it was found that up-flow reactor gave a better performance
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than the trickle bed reactor due to efficient catalyst wetting and hence availability of
limiting reactant is enhanced. Performance of both the reactors at different pressures, liquid
phase reactant feed concentrations and gas flow rates are compared and explained on the
basis of shifting from the gas to liquid limitation. Experiments on dilution of bed with solid
fines in both mode of operation gave identical reactor performances and showed that

hydrodynamics and kinetics can be decoupled by the use of fines.

1.4 ENTRAINED FLOW REACTOR

The entrained flow reactor (EFR) systems are commonly used for the high temperature
fast gas-solid reactions (viz. Biomass combustion, coal combustion) to study the Kinetics
due to their advantage of minimizing interparticle effects. In this type of reactor, the
particles entrained in a carrier gas are injected along the axis of a hot furnace tube into a
flowing preheated gas stream.'’®17®177178.179 A" schematic view of an entrained flow
reactor is shown in Figure 1.5. The residence time is controlled by the positions of a water
cooled injector and collector and by gas velocity. These reactors can be designed for
complete collection and separation of the char, tar and gas products.’®¥%*8" This
technique has number of advantages such as high heating rates (~10* K/sec) to high
temperatures (< 1900 K). Moreover, the particle velocities can be accurately

calculated’8182.183

and can be validated by in-situ measurements using Laser Doppler
Velocimeter (LDV).!# 1818 One disadvantage of this method is that the volatile products
remain hot during the experiment and thus undergo secondary reactions. Their temperature
history will generally not be the same as that of the particles. However, the major
disadvantage of the method is that particle temperature histories are difficult to determine.
The particle temperature history is usually calculated from heat transfer/fluid mechanics
models. The exact details of mixing of fuel particles and carrier gas with the preheated gas,
which are not generally known, are very important to a precise prediction of temperatures.
The design of an entrained flow gas-solid reactor is often difficult due to the need to
fulfill the global kinetic study requirements. Because of the dramatic temperature effects on
reactions, solid particles must be maintained at low temperature until injected into the
reactor. Once injected, the particles should be heated to the reactor temperature and

equilibrate with the gas phase in the reactor very rapidly. In addition, after a short period of
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reaction, the collected particles have to be cooled rapidly in an inert gas environment to
prevent any possible additional reactions. For high temperatures, isothermal conditions are
difficult to obtain. Besides incomplete mixing of solid and gaseous reactants and problems

in sampling the solid product may also compound the operational problem.*®’
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Figure 1.5. Schematic of entrained flow reactor'®

In previous literatures, many mathematical models describing the EFR behavior with
special emphasis to fluid dynamic aspects inside the tube were reported, which mainly
include empirical,*® Eulerian-Lagrangian*® and Eulerian-Eulerian models.**

The following two sections presents a literature review on case studies selected for the

purpose of modeling of multiphase reactors as discussed in earlier section (Section 1.1).

1.5 REDUCTIVE ALKYLATION OF AMINES
1.5.1 Reaction Pathway and Product Distribution

Reductive alkylation is a class of reaction, which involves the condensation of an amine

or ammonia and a carbonyl compound followed by reduction of the intermediate imine
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derivative to the desired amine. This reaction can also be termed as reductive amination
when it is looked from the perspective of the carbonyl compound. Aromatic N-alkylated
products have a wide variety of applications in dyestuff industries as intermediates, in
petroleum and rubber industries as anti-oxidants and anti-ozonant, in agrochemical
industries as intermediates.

Though, the mechanism of this reaction is well documented in the textbooks, only
limited information is available on catalytic reaction mechanism on a molecular scale. The
reaction occurs in three steps as shown in Figure 1.6 in which aniline and acetone are
considered as the representative reactants of amine and carbonyl compound respectively.
The condensation of amine and a carbonyl compound produces hemiaminal (I, also called
carbinolamine), which may undergo dehydration reaction to form the imine intermediate
(1, commonly termed as Schiff’s base) or may undergo hydrogenolysis to produce the

secondary amine (I11). The imine compound may hydrogenate catalytically to I11.

QNHZ + o:c QN C—CH, @
+H,0

H CH
Hemiaminal (1) Imine (I1)
Hydrogenolysis Hydrogenation
QN C—CH,
H CH

Secondary amine (I11)

Figure 1.6. Mechanism of N-monoalkylation of aniline

The equilibrium-controlled formation of the Schiff’s base [SB] is believed to be the
slowest step in the consecutive reaction sequence. Acids and bases are reported to promote
the formation of Schiff’s base (11).°% Continuous removal of water from the reaction
mixture by azeotropic distillation'*® or using molecular sieves'®* can shift the equilibrium
towards the right side and enhance the overall rate of reductive alkylation.

The secondary amine (I11) may further condense with another molecule of a carbonyl
compound to form hemiaminal (IV) that cannot dehydrate to an imine but Enamine (V)

(Figure 1.7). Hydrogenolysis of IV or hydrogenation of V gives N-dialkylamine (V1). In

39



reality, due to the lower reactivity and bulkier size of ketones, the reaction stops at

% N-dialkylation requires severe conditions and very selective

monoalkylamine.
catalysts.*® On the other hand, alkylation continues for the aldehyde substrates to the N-
dialkylated products. Due to the stepwise reaction mechanism, monoalkylated product can

be formed with aldehyde by optimizing the reaction conditions.’

H.C
H — Hsc\ — — 3% _
CH -H,0
‘ [ C—cH 2 .C~cH
"\l*‘C*CH:3 + O—C _ @N/ 3 N 3
\ N N
H CH, CH, C—CH, +H,0 c=CH,
/ N\ \
o HO CH3 - o CHS |
11 .
Hemiaminal (1V) Enamine (V)
Hydrogenolysis Hydrogenation
C\CH
/CH
H C

Tertiary amine (VI)

Figure 1.7. Reaction pathway of N-dialkylation of aniline

Alkylation of aromatic moiety is one more possibility in this reaction. This may be a
probable side product in reductive N-alkylation reaction when acids are used as promoters
for formation of Il and V, because C-alkylation is reported to be catalyzed by acids and
accelerated by o-, p- directing groups like ~NH, or —OH in the aromatic moiety.'*® The
reaction is a typical aromatic electrophilic substitution by the carbonium ion as shown in

Figure 1.8.

OH . CH
o= } CH, i HZN@—< 3
HC  CH, H,C~* CH — c Catalyst

3 3 H, CH,
oH He CH, @NHZ CH,
H,N CH *»HZN@—Q ——————= H,N 0 O NH,
CH, CH, CH,

Figure 1.8. Ring alkylation of aromatic amines by carbonyl compounds
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Aromatic ring hydrogenation and hydrogenation of the carbonyl functionality to the
corresponding alcohol are also important side products in this class of reaction. The
aromatic ring hydrogenated alicyclic products are much more basic than the aromatic
species and may strongly adsorb on the catalyst, thereby causing the catalyst inhibition.
Alcohol formation may be a crucial problem in a commercial process, because it utilizes
the carbonyl compound and hydrogen, and leads to a problem in separating alcohol from
the unreacted ketone. Archar et.al.**® allowed the carbonyl compound to stand together
overnight with the amine compound before hydrogenation in presence of Adams platinum
oxide, so that the imines could be available on the catalyst surface with an appreciable
concentration to hydrogenate and that could suppress the carbonyl hydrogenation.
Emerson® isolated the imine from the reaction mixture before hydrogenation reaction to
eliminate the formation of alcohol. The complex product distributions in reductive
alkylation due to ring hydrogenation of aniline analogues have been reviewed by Stieber et.
al. 2 and Greenfield™'. Stieber et.al.”®** suggested the use of highly pure starting
materials and selective catalysts under controlled reaction conditions to reduce the

2016 reactions at lower

impurities in the reaction mixture. According to Greenfield,
temperature, high pressure, high catalyst loading and large excess of ketone can be a

solution for minimizing side products.

1.5.2 Substrates and Catalysts

Reductive alkylation has been investigated previously using a wide range of alkylating
agents and catalysts. Any type of amine precursors like nitro, nitroso or nitrile compounds,
are suitable for this reaction, which hydrogenate in-situ to generate the amine.?*? Secondary
amines like amides are also reported for reductive alkylation with aldehydes and ketones in
good yield (>80%) without any O- or C- alkylated products.?®® Due to the lower cost and
less toxicity compared to amines, nitro compounds are often used as the starting
compounds in industrial processes.

The choice of a catalyst and reaction conditions are two strong factors in the
performance of reductive alkylation reactions. In the early literature, Raney-Ni was
reported as the preferred catalyst at elevated temperature and pressure, and seems to be a

good choice for synthesis of primary amines. Supported Ni, Cu, Co, copper chromite
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(2Cu0.Cr,03) were also suggested as catalysts. Among the transition metals, palladium is
the most preferred catalyst because,

o Pd is the most active metal for the saturation of double bonds in conjugation with
aromatic ring,

o Pd is least active metal for hydrogenation of aromatic ring at lower temperatures
(<423K)

o Pd has lower activity for hydrogenation of aliphatic aldehydes and ketones.

As an example, the performances of different transition metal catalysts for reductive

alkylation of aniline with acetone at identical conditions are presented in Table 1.11.2°%°

Table 1.11. Comparison of Transition Metals for Reductive Alkylation of Aniline and

Acetone
Catalyst Temp. Time Conv. (%) Sel. (%) Sel. (%) Low boiling IPA?
(K) (h) Aniline N-IPA N-IPC amines (%)
5% Pd/C 378 1 100 67 14 6 0
5% Pt/C 378 1 60 47 <2 >1 33
5% Rh/C 378 10 100 0 81 21 >90
5% Ru/C 378 1.8 100 0 74 23 100
5% Pd/C 378 4.7 >99 50 20 13 0
5% Pd/C 418 1 >08 40 39 18 0

Reaction conditions: aniline, 1 mol; acetone, 15 mole; catalyst, 6 g (all are procured from
Engelhard Industries); Pn2, 400-600 psig; reaction taken in 1 gallon stirred autoclave.

®IPA formed w.r.t. excess acetone used.

N-IPA: N-isopropylaniline; N-IPC: N-isopropylcyclohexylamine; IPA: isopropylalcohol.

Table 1.12. Comparison of Pt and Pd metals for reductive alkylation of PAPD and MIBK

Catalyst Temp (K)  Time (h) Conversion (%) Yield (%) based on conv.

5% Pd/C 393 125 76 78
5% Pt/C 373 10 92 93

Reaction conditions: PAPD, 0.40 mol; MIBK, 1.6 mol; catalyst, 3 g (procured from Engelhard
Industries); Py,, 150-300 psig; reaction done in 600 ml Magne Drive autoclave.
PAPD: p-amino diphenylamine; MIBK: methyl isobuty| ketone.

It is clear from Table 1.11 that Pd is far superior to the other catalysts for reductive

alkylation of aniline and acetone. Pt showed less tendency for ring hydrogenation, but it
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suffers from lower conversion, which may be due to severe catalyst poisoning by amines.
But, interestingly, the activity and selectivity of Pt catalyst was reported to increase over Pd
for higher molecular weight of ketones and amines as substrates such as p-
aminodiphenylamine (PAPD) and methyl isobutyl ketone (MIBK) as shown in Table 1.12.
Therefore, the nature of amine and ketone are also important in selecting a suitable catalyst
for this class of reaction. A detailed literature report on reductive alkylation with specific
examples of amines (or precursors), carbonyls (or alkylating agents), catalysts and reactors
are presented in Table 1.13.

Rusek?%*

reported N-monoalkylation of sterically hindered amines with secondary
alcohols with Pt/SiO; catalyst in the presence of metallic promoters like Sn, Ge, Re etc. and
found that Pt-Sn/SiO, pretreated with Ca®* gave the best result (Figure 1.9 and Table 1.13).
The authors proposed that alcohol dehydrogenates to the corresponding ketone, which
reacts with the amine to form imine intermediate. In contrast to copper chromite catalyst,
which is the active catalyst for primary alcohols only, this Pt based catalyst was active for

secondary alcohols too.

CH, CH,
H.,C _CH, ptsn/si CH
NH, + 3 WAO 3 Pt-Sn/SiO, Nis
H
OH H,, 548K o
C.Hs C,H, CH,
MEA MOIP

Figure 1.9. N-alkylation of sterically hindered amines with alcohols
The influence of acidity or basicity of faujasites and effect of temperature are discussed
for gas phase alkylation of aniline with methanol. As proposed by Su et. al., °® the reaction

starts with the formation of methyl carbocation (CHs").
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Table 1.13. Literature Survey on Reductive Alkylation of Aromatic Amines and Carbonyl Compounds (and their precursors)

Reaction

No. Substrates Catalyst L Reactor Remarks Ref.
conditions
Feed: MEA:
2-Methyl-6- .
1 _ . MIOP=0.5 . Conversion (MEA): 36.4;
1 ethylaniline (MEA) and Pt Sn/S|_02 prgzreated @Bmi/h): Poo: 1 Microreactor selectivity (N-alkylated 204
methoxy-2-propanol with Ca . quartz tube quct):
(MOIP) atm; Hy: 4.7 product): 76.2.
ml/min.; 548K
Conv. (aniline): 100; Sel.
LiY and NaY non- Aniline: MeOH (N-methyl aniline, N, N-
2 Aniline and methanol protic and non-basic U " Fixed bed Reactor  dimethyl aniline and 205
. 3:1;623-723K .
zeolites toluidine): 60, 6 and 34
respectively.
N, N-dibutyl-2-butoxy-5-
ZHELIGG e 353K; Ph2: tert-octylaniline is the
octylnitrobenzene and Pd/C 5 . -
30kg/cm?; . major product (yield
3 butanal . . Stirred autoclave 206
. solvent: EtOH,; 98.1%).
p-alkoxy nitrobenzene Pd/C ime: 5h N N-dib I q
and benzaldehyde time: 5 ,N-dibenzyl compoun
(yield 91.4).
. .. 323K; Pup: 3-dimethylamino benzoic
4 3{;@”:”35;:]5232&%(1 Pd/C 5kg/cm?; solvent: acid is the major product 207
a MeOH: time:1 h (95.5%)
Conv. (aniline): 100%, sel.
(N-mono and di alkylated
. pdt.): 47 and 18% at 3.5 h
. : 303-348K;
5 Aromatic amines and 3-506 Pt/C Pi: 15 bar: Slurry reactor at 314K. 208

aldehydes

solvent: MeOH

@ lit)

Conv (aniline): 100%, sel.
(N-mono and di alkylated
pdt.): 10 and 47% at 10 h

at 314K.
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Reaction

No. Substrates Catalyst L Reactor Remarks Ref.
conditions
Aromatic amines and 303-348K;
6 aldehvdes 3-5% Pt/C Pu2: 15 bar; Loop slurry reactor 209
y solvent: MeOH
63% Ni on
5 p-Phynelenediamine or l;;?z(/ailr?g:]r;nic 438K; Pyo: 750-  Slurry reactor 210
and isobutyl ketone g org 1000 ponds; 4h (1 lit)
acid; organic sulfur
containing compound
3,4-Me,CgH3NH; (3,4- 5% Pt/C; 2- Pu2: 47 psi; Conv. 100; yield and
8 xylidine) and 2- napthalene sulfonic 343K; Slurry reactor purity (N-2-heptyl-3,4- 211
heptanone acid 0.75h xylidine) 99 and 100.
NH(CsHsNO,), and 353-383K; Py: Sel. NH(C¢H4sNHCH
S methyl isobutylketone FUE 100 kg/cm? Sy IEEE0r MeCH,CHMej): 100. e
Aniline and 3% PIS,/C (sulfided ook 500800 gy v reactor Yield of N-phenyl-a-
10 acetophenone catalyst) psig; 3.5h; (1 lit) methylbenzylamine: 94% 213
solvent: aniline y y ' '
. 373K; 40 bar;
0 . ) k)
11 Amides and carbonyls LU Ps(llﬁétse()d'um solvent: ethyl  Slurry reactor Isolated yield: 81-98 203a
acetate
: . . 293K; 50 bar;
- 0 . ) )
12 Nitro alr(c;;rgztslésrand « 10% Psilﬁét?d'um solvent: Slurry reactor Isolated yield: > 60 203b
cyclohexane
L-2-aminobutanoic acid
L- o-Methyl 303K; 50 psi; 5"’:‘;3’ et
H _ 0, . . =~
13 benzylamine and a 10% Pd/C solvent: EtOH,; anantioselective excess: 214
ketobutanoicacid 10h

81.4%.
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Reaction

No. Substrates Catalyst L Reactor Remarks Ref.
conditions

4-nitrodiphenylamine, N-(1,4-dimethylamyl)-

methyl isoamyl ketone 0 393K; ~30 bars; N’phenyl-p-phynelene
14 (MIAK); irﬁjz(i/igiéis;:%g\;]atc? 113 min. Slurry reactor diamine (50.8); N-(1,3- 215

methy! isobutyl ketone talvst 423K; ~30 bars; dimethylbutyl)-N’-phenyl-

(MIBK) (after the rx" cataly 95 min p-phynelene diamine
with MIAK) (48.7)
2-methyl-5-ethyl- N-methoxy propyl-2-
R 59%P1/C, H,SO, 323K, 5bar  Batch reactor methyl-5-ethyl-aniline 216
methoxy acetone (intermediate for
(MOA) metolachlor)
320-473 K 96% y.ield of tertiary _
Aliphatic amines and 23-54 bars amlne,_SIower reductive
16 K 5% Pd/C, 5% Pt/C . Slurry Reactor alkylation from secondary 217
etones 60-30 min. . .
to tertiary than primary to
secondary

2-ethyl-6-methyl- 5% Pt/C (3.79) 313-318K Slurry Reactor Conversion: 98.5-100%

aniline 96% H,SO4 4.8-5 bars Selectivity: 97%
17 (2.73 mol); (0.0438 mol) Time: 4.5 hrs. Yield: 98.7% 218

Methoxyacetone High turnover of Pt

(2.01 mol); catalyst is achieved

Water (1.11mol)

Reductive Nano-Copper Benzene:Acetone Fixed Bed Reactor  Conversion (Acetone):70%, 219
18  isopropylation of Chromite Loaded H-  (4:1), 403-523K Selectivity(Cumene):100%

benzene with acetone

Mordenite
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Use of nitro compounds as precursors for amine compounds in the reductive alkylation
reactions are reported by Kaneko et.al.’®® Aromatic nitro compounds containing alkyl,
alkoxy, carboxylic, ester functionalities in o0-, m-, p- positions are reductively alkylated
with a wide range of aliphatic and aromatic aldehydes in presence of Pd or Pt catalysts. It
was observed that lower homologues of aliphatic aldehydes (e.g., butyraldehyde or iso-
butyraldehyde) give N, N-dialkylated products in good yields (>85%) even if there is an o-
substitution in the nitro compound. Benzaldehyde was reported to produce N, N-dialkylated

product with the nitro compound having no o-substituents (Figure 1.10).

NO, o CyHy-. ~CiHy
OCHy(n o Pd/C
CH (D) C,H; H 30 kg/cm3, 353K,

EtOH

CH,; (D)
95.9% vyield
NO, H (0] @
N
Pd/C
+
30 kg/cmd, 353K,
EtOH
OCH,CH(C,H,)C,H,
OCH,CH(C,H,)C,H,
91.4% yield

Figure 1.10. Reductive alkylation of nitro-compounds with aldehydes

Watanabe®*? reported reductive alkylation of di-nitro compounds with aliphatic ketones
in the presence of Pt/C or copper-chromium bimetallic catalysts.

Malz et. al.**® reported the N-alkylation of aniline using acetophenone as a carbonyl
compound. The product, N-phenyl-a-methylbenzylamine is useful as an antioxidant in

220 the main issue in using

petroleum and synthetic industries. As reported by Rylander,
acetophenone is its hydrogenolysis to ethyl benzene in the presence of normal transition
metal catalysts and hydrogen. Sulfur poisoned catalysts solved this problem and Pt was
reported as the best catalyst (yield: 94%). 5% RuS,/C and RhS,/C gave N-phenyl-a-

methylbenzylamine in 80% and 72% yields respectively.
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Metolachlore is the active ingredient of Dual®, one of the most important grass
herbicides for use in maize and a number of other crops. It is synthesized by the following
transformations (Figure 1.11):*° Ciba-Giegy Corporation introduced the product to the
market in 1976 as a mixture of four stereoisomers. Later in 1982, it was found that only
two isomers were active as herbicides. It was found that enantioselective hydrogenation of
the imine (Schiff’s Base) compound formed in the reductive alkylation gives the desired
active metolachlors. In 1997, [Ir (cod) Cl], with xyliphos ligand was reported as the
catalyst for the imine hydrogenation at 80 bar and 323K.

)OHV Cu/ZnCrOx jv y GP continuous process
+ - _ .
OMe 673K OMe 2 H, used in N-alkylation
N-alkylation step
)k/OMe \©/\ LP batch process
H,O/H,SO, Pt/C recycled
323K, 5 bar
MeO
Y\ OMe J\ /k
NH CH.CI
+ CICOCH.CI LP batch process

Metolachlor

Figure 1.11. Synthesis of Metolachlor by reductive alkylation reaction

Lehtonen et. al.”®® have proposed a kinetic model for reductive alkylation of aromatic
amine with alkyl substituents in the ring and a short chain aldehyde (having less than three
carbon atoms), applicable for laboratory as well as industrial scale semibatch slurry reactor
taking into account the mass transfer at the gas-liquid interface. Imine formation by
homogeneous reaction was found to be non-catalytic. The imine reacts with hydrogen on
the active Pt metal surface to produce the N-alkylated amine. Further, the catalytic three-
phase reaction including homogeneous liquid-phase steps were simulated in a loop reactor
by Salmi et. al.”®® The loop reactor was modeled using tanks-in series or alternatively, axial

dispersion models. Kinetics of the reductive alkylation of aromatic amines, which was
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determined from the experiments in a laboratory autoclave, was used for verifying the
reactor model and for concentration profile simulations in the loop reactor.

Barman and Pradhan®'® have proposed a kinetic model for the commercially important
cumene synthesis reaction by reductive isopropylation of benzene with acetone in the
presence of nano-copper chromite loaded H-Mordenite (HM) catalyst. Experiments were
carried out in a fixed bed reactor in a mass transfer resistance free zone by varying different
parameters. The catalytic activity of the catalyst was found to increase with an increase in
copper chromite content in the mordenite. The bifunctional catalyst system was found to be
quite stable at an operating temperature of 443K. A detailed Kkinetic study was performed
and various kinetic models were proposed based on Langmuir-Hinshelwood-Hougon-
Watson approach. A reaction mechanism was proposed together with a rate expression for
the disappearance of acetone. The kinetic and the adsorption constants of the rate equation
were proposed by best fit.

Reductive alkylated derivatives of p-phenylene diamines, N, N’-disubstituted p-
phenylenediamines (NNPPDA) are used as antidegradants of rubber, in particular effective
in protecting vulcanized rubber from ozone attack. Blends of two or more NNPPDA are
more useful in rubber industries and sold commercially after mixing them. This needs

separate mixing and storage equipment. Merten et. al.**®

reported the synthesis of two
NNPPDAs by sequential reaction of 4-nitrodiphenylamine (or its reduced forms) with two
ketones. 4-nitrodiphenylamine, methyl isoamyl ketone (MIAK) was treated in a stirred
reactor in the presence of Pt/C and acidic carbon co-catalysts to produce NNPPDAL [N-(1,
4-dimethylamyl)-N’phenyl-p-phynelenediamine]. After cooling the reaction mixture,
methyl isobutyl ketone (MIBK) was added into the reaction mixture and conducted the
reaction at similar conditions to react remaining unconverted 4-nitrodiphenylamine to form
NNPPDA2 [N-(1,3-dimethylbutyl)-N’-phenyl-p-phynelenediamine]. The final product
constituted 50.8 and 48.7% of NNPPDAL and NNPPDAZ2 respectively.

Malone and Merten?* compared the reactor performance of laboratory scale (1 lit)
stirred tank, Buss-Loop (50 lit) and industrial plant for reductive alkylation of 4-

nitrodiphenylamine with ketone at similar conditions used by Merten et. al. ?**

(with single
ketone in contrary to the ref. 220). The authors concluded that Buss-Loop reactor improved

the rate by about 100%. The efficient mixing and better heat exchange ability of the Buss-
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Loop reactor was responsible for higher reaction rate and controlling the product

selectivity.

1.6 BIOMASS COMBUSTION

The combustion of biomass is a chemical reaction between biomass as a fuel and an
oxidizer that releases light and energy as heat. For millennia, humans have used this basic
technology to create heat and later to generate power through steam. Since, biomass is the
only carbon-based renewable fuel, its applications becomes more and more important for
climate protection and can be considered environmental friendly for several reasons.??
There is no net increase in CO; as a result of burning biomass fuel. Biomass consumes the
same amount of CO, from the atmosphere during growth as is released during combustion.
The alkaline ash from biomass also captures some of the SO, and CO; produced during
combustion.??*:#

Among the biomass thermo-chemical conversion technologies (i.e. pyrolysis,
gasification and combustion), combustion is the only proven technology for heat and power

production.?®

Combustion is responsible for over 97% of world’s bio-energy
production.?®® Biomass can be burned by direct combustion to produce steam, the steam
turns a turbine and the turbine drives a generator, producing electricity. Gasifier can be
used to convert the biomass into a combustible gas (biogas). The biogas is then used to
drive a high efficiency combined cycle gas turbine.?’

The direct combustion and co-firing with coal for electricity production from biomass
has been found to be a promising method in the near future. Some processes such as
pyrolysis, gasification, anaerobic digestion and alcohol production have widely been
applied to biomass in order to obtain its energy content. Biomass can be directly fired in
dedicated boilers. However, co-firing biomass and coal has technical, economical and
environmental advantages over the other options. Co-firing biomass with coal, in
comparison with single coal firing, helps to reduce the total emissions per unit energy
produced. The biomass and the old original fuel of the industrial revolution, coal, are key to
this move to a new mission. Technical issues about biomass co-firing with coal are being
resolved through testing and experience.””® Improvements with respect to efficiency,

emissions and cost are needed for further exploitation. Although improvements to reduce
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the emissions have been achieved by optimized furnace design including modeling, there is
still a relevant potential of further optimization.?

A detailed literature survey relevant to the subject area of the investigation reported in
the second part of the thesis on CFD modeling of biomass combustion in an entrained flow
reactor is given in Chapter 5 (Section 5.1). Some important aspects of biomass combustion

are reviewed in the following sections.

1.6.1 The Process of Biomass Combustion

The process of biomass combustion involves a number of complex physical/chemical
aspects. The nature of the combustion process depends both on the fuel properties and the
combustion application. The combustion process can be divided into following processes:
drying, pyrolysis, gasification and combustion. Drying and pyrolysis will always be the
first steps in a solid fuel combustion process. The relative importance of these steps will
vary, depending on the combustion technology implemented, the fuel properties and the
combustion process conditions. In large-scale biomass combustion applications with
continuous fuel feeding, such as moving grates, these processes will occur in various
sections of the grate. Figure 1.12 shows qualitatively the combustion process for a small

biomass particle.??® For large particles, there will be a certain degree of overlap between

the phases.
1 1 I } I } t } } i
— Devolatilization
= 081 N — 4
* o
E .
D 06T 4
£ Heat & -
= - . .
O o4+ Dry Char Oxidation 1
=" ——— . = >
-
0.2+ Peee, ® 9 o ™ . T
L
L 1 1 1 1 1 N .flﬂ
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Time (s)
Figure 1.12. The combustion of small biomass particles proceeds in distinct stages®*®

By analogy to coal combustion, combustion of biomass can be considered as four steps:
drying, devolatilization to char and volatiles and combustion of the volatiles and of the
char. In most coal models, the process of drying is incorporated in the devolatilization
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element. However in biomass combustion, water content is of significant importance and in
some instances may dominate the combustion process. Consequently, the drying step is
often treated as a separate process.”® The steps involved in biomass combustion process

are emphasized in the following sections.

1.6.1.1 Drying

Moisture will evaporate at low temperatures (< 100°C). Since vaporization uses energy
released from the combustion process, it lowers the temperature in the combustion
chamber, which slows down the combustion process. In wood-fired boilers, for example,
the wet wood requires much energy to evaporate the contained moisture, and subsequently
to heat the water vapor, which reduces the temperature below the minimum temperature
required to sustain combustion. Consequently, moisture content is an important fuel

variable.

1.6.1.2 Pyrolysis

Pyrolysis can be defined as thermal degradation (devolatilization) in the absence of an
externally supplied oxidizing agent. The pyrolysis products are mainly tar and
carbonaceous charcoal, and low molecular weight gases. In addition, CO and CO, can be
formed in considerable quantities, especially from oxygen-rich fuels, such as biomass. The
important variables that affect the amounts and properties of the products formed are fuel
type, temperature, pressure, heating rate and reaction time.

The pyrolysis products can be used in a variety of ways. The char can be upgraded to
activated carbon, which can be used in the metallurgical industry, as domestic cooking fuel.
Pyrolysis gas can be used for heat production or power generation, or synthesized to

produce methanol or ammonia.

1.6.1.3 Gasification

Gasification can be defined as thermal degradation (devolatilization) in the presence of
an externally supplied oxidizing agent. However, the term gasification is also used for char
oxidation reactions (for example, with CO, or H20). While pyrolysis is usually optimized
with respect to maximum char or tar yield and gasification is optimized with respect to
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maximum gas yield. The gas contains mainly CO, CO,, H,O, H,, CH; and other
hydrocarbons. Gasification can be carried out with air and oxygen as oxidizing agents.

1.6.1.4 Combustion

Combustion can ideally be defined as a complete oxidation of the fuel. The hot gases
from the combustion may be used for direct heating purposes in small combustion units, for
example, water heating in small central heating boilers, to heat water in a boiler for
electricity generation in larger units, or as a source of process heat. Drying and pyrolysis

will always be the first steps in a solid fuel combustion process.

1.6.2 The Chemistry of Biomass Combustion

Biomass combustion is a series of chemical reactions by which carbon is oxidized to
carbon dioxide, and hydrogen is oxidized to water. Oxygen deficiency leads to incomplete
combustion and the formation of many products of incomplete combustion. Excess air
cools the system. The air requirements depend on the chemical and physical characteristics
of the fuel. The combustion of the biomass relates to the fuel burn rate, the combustion
products, the required excess air for complete combustion, and the fire temperatures.?*!

The chemical and physical compositions of fuel are important determining factors in
the characteristics of combustion. Biomass can be analyzed by breaking it down into
structural components (called as proximate analysis) or into chemical elements (called as
ultimate analysis). In general, combustion properties of biomass can be classified as
macroscopic or microscopic. The macroscopic properties of biomass fuels are given for
macroscopic analysis, such as ultimate analysis, heating value, moisture content, particle
size, bulk density, and ash fusion temperature. Properties for microscopic analysis include
thermal, chemical kinetic and mineral data.”®* Fuel characteristics such as ultimate
analysis, heating value, moisture content, particle size, bulk density, and ash fusion
temperature of wood fuels have been reviewed by Bushnell et. al.?*®* Fuel characteristics
include proximate analysis, ultimate analysis, chlorine content, higher heating value, ash

elemental analysis, and trace metal content on a selective basis.?**
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Physical property values vary greatly and properties such as density, porosity, and
internal surface area are related to biomass species whereas bulk density, particle size, and
shape distribution are related to fuel preparation methods.

Important chemical properties for combustion are the elemental analysis, proximate
analysis, analysis of pyrolysis products, higher heating value, heat of pyrolysis, heating
value of the volatiles, and heating value of the char.

Thermal property values such as specific heat, thermal conductivity, and emissivity
vary with moisture content, temperature, and degree of thermal degradation by one order of
magnitude. Thermal degradation products of biomass fuels consist of moisture, volatiles,
char and ash.

Main combustion reactions are:

Non-reacting solid —Heat, drying — Pyrolysis (Volatiles) — Pre-combustion reactions —

Primary gas phase combustion — Secondary combustion — Effluent stack gas

Figure 1.13 shows the simple combustion model. The biomass fuels are thermally
degradable and under the influence of sufficiently strong energy source, they break down
into volatiles and carbonaceous char. The two modes of combustion (solid char and

gaseous volatiles) have completely different chemical mechanisms and kinetics.

Combustion

‘ Combustion Products ‘

Figure 1.13. A simple model for biomass combustion

1.6.3 Solid Fuel Kinetics and Gas Phase Interaction

The main controlling factor in the combustion process is the heterogeneous combustion
of the char remaining after drying and pyrolysis has occurred. Combustion of the char,
which contains mainly carbon, requires that oxygen/oxidant is transported into the char
surface by diffusion/convection, where it is adsorbed. The oxygen/oxidant then reacts

heterogeneously on the surface with carbon; hereafter the product formed in the reaction
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desorbs, and is carried away from the particle by diffusion/convection. The product is
mainly CO, or CO. Final burnout of CO takes place in the gas phase, controlled by gas-
phase chemical kinetics. The surface reaction is controlled by heterogeneous chemical
kinetics, while the other steps are controlled by physical processes. Compared to gas phase
combustion, heterogeneous combustion is usually slow. This has major implications e.g.
for entrained flow combustion applications for pulverized fuels. Here it is essential to allow
for a total residence time in the combustion application that satisfies the time requirements
for drying, pyrolysis, gas phase combustion and heterogeneous combustion. Hence, the
particle size must be small. Unburned carbon reduces the heat release and therefore the

combustion efficiency.?*

1.6.4 Scope of Modeling of Biomass Combustion

Modeling, together with experiments, enables a cost-effective approach for future
biomass combustion application design, and can improve the competitiveness of biomass
combustion for heat and electricity generation. Various types of modeling tools exist, from
simple heat and mass balance models to high user level and time-consuming computational

fluid dynamics (CFD) tools, as illustrated in Figure 1.14.

Simple heat and mass balance models

Chemical equilibrium models High user level and

- - — computational time
Chemical kinetics modelling in
combinations with ideal chemical
reactors or ideal flames

consuming CFD

tools, giving detailed

Evaluation i :
‘ results and enabling
Reactor network modelling . -
further design
Simplified CFD type models, usually optimisation of

only applicable for a specific
application, with major compromises to
increase the computational speed

selected variables

i Optima]\
design /
Figure 1.14. Modeling tools*®
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Modeling improves understanding of the fundamental processes involved in biomass
combustion, and may significantly reduce the “trial and error’ development time needed, if
experiments only are used for design optimization. By combining modeling with
experiments, an improved design is possible with respect to the reduction of emissions
from both incomplete and complete combustion. Parametric studies can be carried out that
reveal the relative influence of different combustion process variables on emission levels
and energy efficiency. This enables us to make the correct decisions with respect to the
optimal design and operational principles of the biomass combustion application.

The CFD modeling tools have a high user level and the amount of computational time
needed is high, when combining flow calculations and chemical kinetics, even with the
most advanced computers. Hence, in reality, simplifications have to be made that reduce
the reliability of the modeling results. Also, the fact that biomass is a solid fuel, which
introduce additional complications with regard to devolatilization behavior and solids
combustion, compared to gas combustion. At present, research is being carried out in many
countries to improve understanding of the fundamental processes involved in biomass
combustion and in the development of models that can effectively be included in CFD
tools. A number of parameters are required as inputs to existing CFD particle combustion
models, such as devolatilization yields and rates, composition of volatiles, amount of char
formed and char burning rates.

There are other modeling tools also, which can be combined with experiments, such as
simple heat and mass balance models, chemical equilibrium models, chemical Kkinetics
modeling in combination with ideal chemical reactors, reactor network modeling, and
simplified CFD-type models.?** Further information and references on CFD modeling of

biomass combustion are given in Chapter 5 (Section 5.1).

1.7 SCOPE OF THE PRESENT WORK

It is evident from the literature review presented here that extensive work on modeling
of multiphase reactors has been carried out previously. But, the focus to analyze multistep,
complex multiphase reactions has been inadequate. Therefore, investigations on more case
studies of practical relevance with special emphasis on reaction engineering aspects will be

immensely valuable for process optimization as well as for designing of multiphase
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reactors for industrial scale operations with high level of confidence. Further, the results
would allow the development of diagnostic tools to evaluate the significance of various
parameters such as mass transfer, mixing, heat transfer, hydrodynamics and reaction
parameters in the overall performance of the reactors and to propose scale up guidelines.
Therefore, the following specific problems were chosen for the present work, divided in
two parts:

PART-I:

V' Kinetics and modeling of semi-batch slurry reactor for reductive alkylation of
phenylenediamines with methyl ethyl ketone: Influence of substrates isomeric
structures

v Modeling of bubble column slurry reactor (BCSR) for reductive alkylation of p-
phenylenediamine

V' Comparative modeling of fixed bed and slurry reactors for reductive alkylation of p-
phenylenediamine

PART-II:

v CFD modeling of pulverized biomass combustion in an entrained flow reactor

NOMENCLATURE
A* saturation solubility of gas A, kmol/m?
Bii concentration of component B at t=0, kmol/m?

D. effective diffusivity, m%/s
kiags  gas-liquid mass transfer coefficient, s
ksap,  liquid-solid mass transfer coefficient, s™

ki reaction rate constants (m*/kg)(m*/kmol.s)

R radius of catalyst pellet, m

w catalyst weight, kg/m®

ts batch time required to achieve conversion of B, s

Xg conversion of B
! density of particle, kg/m®
1% stoichiometric coefficient
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CHAPTER 2
PART-A

Kinetic Modeling of Reductive Alkylation of p-
Phenylenediamine with Methyl Ethyl Ketone
using Pt/Al,O; Catalyst in a Slurry Reactor



2(A).1 INTRODUCTION

Reductive alkylation of amines is commercially practiced in a variety of industrial
processes for the manufacture of higher alkylated (secondary and tertiary) amine
derivatives, which find applications as intermediates in fine chemicals and specialty
products.>? An important example of this class of reaction is the reductive alkylation of p-
phenylenediamine (PPDA) with methyl ethyl ketone (MEK) to N, N’-di-secondary-alkyl-p-
phenylenediamine (Di-amine), which is used as an inhibitor, a sweetening agent, an

antioxidant in rubber and petroleum industries %> *

and also as an intermediate in dyestuff
industries.”>® The reductive alkylation reaction goes through a condensation reaction
between an amine compound and a carbonyl compound or an alcohol to form an imine
(Schiff Base) intermediate,” which undergoes hydrogenation in the presence of a metallic
catalyst to form N-alkylated product. The general schematic of the reductive alkylation

reaction is shown in Figure 2.1.

/R /R

NH, N—C HN—CH

\ \

R" R
?‘ -H,0 Catalyst
' C =

R~ “~rv tHO H,
R R R
Aryl Amine Ketone Schiff Base Secondary Amine

Figure 2.1. General reaction scheme for reductive alkylation reaction

Reductive alkylation of nitro or amine compounds has been investigated using a wide
variety of catalysts and alkylating agents, mainly ketones and aldehydes. While aldehydes™
8.9.10. 11 give the N, N-dialkylated products, N-monoalkylated compounds are the major
products with ketones due to their relatively higher molecular size and lower
activity.'®12 131415 Greenfield' has studied the reductive alkylation of aromatic amines
with aldehydes and ketones using different transition metal catalysts, and compared those
catalysts with respect to activity and selectivity towards desired products. Among the
transition metals, palladium has the lowest efficiency for the two major side reactions, viz.,
the ring hydrogenation and hydrogenation of the carbonyl compounds to the corresponding
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alcohols. It was also pointed out that platinum is more effective than palladium for higher
molecular weight ketones and amines as substrates. Different promoters like
organic/inorganic acids *° (trichloroacetic acid), alkali metal salts (e.g. sodium acetate) and
modifiers (sulfur dichloride)'” were also studied to forward the equilibrium condensation
reaction ultimately to increase the overall rate of reaction and to improve the yield and
selectivity of the desired N-alkylated product.

Most of the previous work on reductive alkylation has been focused on improving the
catalytic activity and selectivity to N-alkylated compounds. However, the reaction system
has not been well studied from reaction engineering viewpoint. Though, there is an obvious
advantage in conducting the condensation and hydrogenation reactions in a single step and
effectively drive the equilibrium reaction step to complete conversion, understanding of the
reaction Kinetics of all steps involved is of significant importance to optimize the overall
rate of reductive alkylation. There are only a few kinetic modeling reports in the literature,
which deal with combinations of homogeneous-heterogeneous, non-catalytic-catalytic

reactions. Lehtonen et. al.! followed by Salmi ez. al.'®

have developed a semibatch slurry
reactor model and loop reactor model for reductive alkylation of aromatic amines with
short chain aldehydes (carbon chain length less than three) using Pt/C catalyst. A
systematic analysis of mass transfer effects and a detailed kinetic study of reductive
alkylation of aromatic monoamines (aniline) have been reported earlier," in which, the
impact of homogeneous and heterogeneously catalyzed reactions on the overall reaction
kinetics was addressed. The reaction network becomes highly complex with the increasing
number of amine functionalities. In this context, a detailed reaction scheme of reductive
alkylation of phenylenediamines (PDASs) with methyl ethyl ketone is shown in Figure 2.2.
A summary of the previous work on reductive alkylation of di-amines is presented in Table
2.1. While, numerous reports on catalyst performance evaluation appeared in the previous
literature, no attempts have been made to study the kinetics and mechanism of reductive
alkylation of di-amines (or its precursors) using ketones as alkylating agents. Therefore, a
systematic kinetic study on reductive alkylation of di-amines with ketone has been selected

as the objective of this work.
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Figure 2.2. Detailed reaction scheme for reductive alkylation of phenylenedimines with
methyl ethyl ketone

This chapter is divided in two parts, in which Part-A describes a detailed study of
intrinsic kinetics of reductive alkylation of PPDA with MEK using 3% Pt/Al,O3 catalyst in
a slurry reactor. In Part-B, the effect of relative positions of amine groups in
phenylenediamine isomers (PDAS) on their activities and selectivities in the reductive
alkylation reaction has been discussed to understand the substrate structure activity
correlation. This reaction system involves combination of parallel and consecutive
reactions comprising multiple non-catalytic equilibrium (homogeneous) and catalytic
hydrogenation (heterogeneous) reaction steps in the overall reaction scheme, where the
selective synthesis of Di-amine is an important issue. The effect of substrate concentration,
catalyst loading, agitation speed and partial pressure of hydrogen on concentration-time and
hydrogen consumption—-time profiles was studied at different temperatures. Rate equations
have been proposed based on the elementary steps involving catalytic and noncatalytic
reactions, which lay stress on different types of interactions occurring between the reactants
and the active catalyst sites, and the rate parameters were evaluated. The kinetic parameters
of the individual steps were evaluated and compared to understand the differences in the
activity and selectivity patterns for OPDA, MPDA and PPDA substrates.
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Table 2.1. A Summary of Literature on Reductive Alkylation of Di-amines

Substrates Catalyst Reaction Remarks Ref.
conditions
PPDA and 2- 63% Nickel on  Temp.: 438 K, Yield of N, N'- di-2-octyl-
octanone kiselguhr Puo: 5.2-6.9 MPa  PPDA increased by 20
addition of sulfur modifier
PPDA and 63%Nickel on  Temp: 438 K Yield increased from 57.2
2-octanone kieselguhr; Pu2: 5.18 - 6.89 to 88.6 by using sulfur
sulfur MPa containing modifier and it
dichloride, Time: 4 hrs. increased from 88.6 to 17
Thiodipropionic 92.3% by the addition of
acid small amount of an
org/inorg. acid
p-hitroaniline Mixture of Temp.: 433K N, N’- di-sec-butyl-PPDA
Methyl ethyl ketone CrO;, CuO and Py, : 6 MPa was the major product 21
BaO
p-hitroaniline and Pt/Al,O3 Temp.: 373 K Solvent effect studied and
acetone Pho : 6.21 MPa 2-methoxyethanol was 3
Time: 4 -5.2 hrs.  found to be the best solvent
N-phenyl- PPDA, 5% Pt-sulfide/C Temp.: 453 K The comparison of the
Methyl isobutyl Puo: 4.1 MPa. sulfides of different metals 22
ketone Time: 0.75 hrs. suitable for reductive
alkylation studied.
p-nitroaniline, 2% Pt/Al,O4 Temp. : 408.70K  Sulfided catalysts showed
Ethyl amyl ketone  and Pu2: 8.3 MPa better selectivity over the 23
sulfided Pt non-sulfided one.
catalyst
p-nitroaniline, 0.3% Pt/Al,O;  Temp.: 421 K Continuous reactor studies
Methyl ethyl ketone also contains Puo: 8 moles per  have been reported. As ratio
0.3% of mole of ketone of hydrogen to ketone
fluorine LHSV: 0.5 and increases and as 24
6.8 MPa total temperature decreases the
pressure formation of side products
decreases
p-nitroaniline, 0.3% Pt/Al,O;  Temp.: 433K N, N’- di-sec-butyl-PPDA
Methyl ethyl ketone pretreated with ~ Py,: 10.3 MPa was the major product 25
hydrogen
p-hitroaniline, Decaborane MeOH Reductive alkylation and
Acetone, 37% (B1oH14) Temp.: 300 K reductive methylation of
Formaldehyde Time: 0.5+ 10 aromatic amines with 26
hrs. formaldehyde gave higher
yield of N-alkylated
products
4- 1% Pt/C Temp.: 423K Production of mixture of p- 27
nitrodiphenylamine, Acidic carbon Pu2: 2.8-3.5 Mpa.  phenylenediamine by using
Methyl isoamyl co-catalyst Time: 3.5 hrs. two different ketones one

ketone, Methyl
isobutyl ketone

after another had been
studied
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2(A).2 EXPERIMENTAL SECTION
2(A).2.1 Materials

p-Phenylenediamine from Loba Chemie, India, methyl ethyl ketone from E-Merck,
India, were procured as ultra pure reagents and used without any further purification. The
3% Pt/Al,O3 catalyst was purchased from Arora Matthey Ltd., India. The catalyst was
spherical with an average diameter of 3 x 10”° m. For kinetic studies in a slurry reactor, the
catalyst was powdered and sieved to obtain very fine particles in a size range of 1 x 10° m
to 1 x 107 m. The specifications of the powdered catalyst are as follows: Pt content: 3%
(w/w); support: ¥-Al,Os; average particle size: 1 x 10 m; particle density: 1.26 x 10°
kg/m?; surface area: 1.68 x 10°> m%/kg. Hydrogen and nitrogen gases with >99% purity were

supplied by Inox Air Products Ltd., India and were used as received.

2(A).2.2 Reactor Set-up

All the reductive alkylation batch reactions were carried out in a 3x10™* m® capacity
high pressure stirred autoclave supplied by Parr Instrument Company, Moline, USA. The
autoclave vessel having an internal diameter of 6.4x102 m and an impeller diameter of
4x10 m was equipped with heating arrangement, overhead stirrer, thermo well, internal
cooling loop, pressure gauge as well as transducer, gas inlet, gas outlet, sampling valve and
a rupture disc. The liquid sample line and the thermocouple well were well immersed in the
reaction mixture. The temperature in the liquid phase and the speed of agitation were
controlled by means of a Parr 4842 controller. The pressure transducer connected to the
Parr controller was used to digitally monitor the pressure inside the reactor. Water
circulation through the internal cooling loop equipped with automatic cutoff arrangement
controlled the temperature inside the reactor with an accuracy of +1 °C. While taking a
liquid sample, a chilled water condenser was fitted on the sample valve exit line to avoid
flashing of the sample. A schematic of the slurry reactor set-up is shown in Figure 2.3.
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Figure 2.3. Schematic of a slurry reactor set-up

2(A).2.3 Experimental Procedure
2(A).2.3.1 Homogeneous Reaction

In a typical homogeneous reaction experiment, predefined amount of PPDA and MEK
were charged into the reactor bomb and the vessel was closed. Total volume of the liquid
phase was always kept to 1 x 10 m® Then the reactor bomb was heated to a desired
temperature and samples were withdrawn at regular intervals of time for analysis by gas
chromatography. In each experiment, concentration-time data were obtained to study the
equilibrium reaction. After attaining equilibrium, the reaction was further continued for one

hour and then the reactor was allowed to cool down to room temperature.

2(A).2.3.2 Catalytic Hydrogenation Reaction

In a typical hydrogenation experiment, predefined amount of PPDA and MEK were
charged into the reactor keeping the total volume of the liquid phase at 1 x 10™ m°. A

known amount of powdered 3% Pt/Al,O3 catalyst was then charged into the reactor bomb
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carefully and the vessel closed. The reactor was flushed 2-3 times with nitrogen and then
with hydrogen at room temperature. The reactor bomb was then heated to a desired
temperature under low agitation speed (4 Hz). The agitation was increased to 20 Hz after
attaining the temperature and the reaction continued for a predetermined time to attain
equilibrium of the homogeneous reaction. A liquid sample was collected at this point as the
initial sample and this was considered to be the zero time for the hydrogenation reaction.
Hydrogen gas from an intermediate reservoir was then introduced into the reactor through
the gas inlet to the desired pressure under low agitation speed and hydrogenation reaction
was started by putting the agitation to a set value (20 Hz). A constant pressure regulator
situated between the reservoir and the reactor maintained the constant pressure inside the
reactor and the absorption due to reaction was monitored from the pressure drop in the
reservoir (the entire system was in semi batch mode). Samples were withdrawn at regular
intervals after sufficient flushing of the sample line and analyzed by gas chromatography.
In each experiment, concentration-time and H, consumption-time data were recorded. The
reaction was allowed to proceed for a prescribed time after which the reactor was allowed
to cool down to room temperature. The range of operating conditions studied in this work is

given in Table 2.2.

Table 2.2. Range of Experimental Conditions

Catalyst loading 0.2-2 kg/m®
p-phenylenediamine concentration  0.5-1.5 kmol/m?
Hydrogen partial pressure 2.07-6.21 MPa
Agitation speed 13.33-20 Hz
Temperature 373-413 K
Volume of liquid 1x10%*m?
Reaction time 3h

2(A).2.4 Analysis
The liquid samples were analyzed by gas chromatography (GC model HP 6890) using a
HP-5 Capillary column (5% phenyl methyl siloxane as the stationary phase, 30 m x 320

pm x 0.25 pm). The conditions of GC analysis were as follows: Injector temperature, 523
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K; Column temperature ramp, 373 K hold for 1 min, @ of 8 K min™ up to 413 K, hold for
3 min, @ of 8 K min™ up to 429 K, hold for 2 min, @ of 10 K min™ up to 513 K, hold for 2
min; FID temperature, 523 K. Helium was used as the carrier gas. A few samples were
characterized using GC-MS (Shimadzu QP 2000A) using the same analytical method stated
above for the identification of products.

2(A).3 RESULTS AND DISCUSSION

2(A).3.1 Preliminary Experiments
2(A).3.1.1 Identification of Products

Preliminary experiments for reductive alkylation of PPDA with MEK were carried out
to assess the reproducibility of the experimental data and to identify the key products in the
reaction. For this purpose Pt/Al,O3 catalyst was used based on the literature survey. MEK
was used as one of the reactants in excess that also served the role of a solvent. In
preliminary equilibrium experiments, it was observed that a small fraction of PPDA
precipitates out from the liquid samples withdrawn from the reactor due to the low
solubility of PPDA in MEK leading to analytical errors. To overcome such a problem, a
known volume of liquid sample was diluted with five times volume of methanol to ensure
that PPDA is completely soluble in the sample used for GC analysis. An appropriate
volume correction factor for this injected sample was introduced in the material balance
calculations and the mass balance problem was resolved. Few samples were analyzed by
GC-MS to identify the products in the overall reaction. In another set of preliminary
hydrogenation experiments using PPDA and MEK in presence of Pt/Al,O3 catalyst, the
mono- and di-alkylated products viz. mono- and di-amines in high concentration and two
imine products viz. mono-alkylated imine (M-imine) and di-alkylated imine (Di-imine)
were identified. Also, one intermediate product formation (Figure 2.4) was also observed in
the reaction. The product Intermediate can be formed by the alkylation reaction with the
mono-alkylated amine or by the hydrogenation reaction with the di-alkylated imine. Based
on this study, a possible reaction scheme (in Figure 2.4) is proposed for the reductive
alkylation of PPDA with MEK.
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Figure 2.4. Detailed reaction scheme for reductive alkylation of PPDA with MEK in
presence of 3% Pt/Al,O3 catalyst

2(A).3.1.2 Equilibrium Reaction Studies

The equilibrium reaction (non-catalytic) in homogeneous phase was studied to assess
the approximate time required to attain equilibrium among PPDA (1), M-imine (Il) and Di-
imine (111). A typical concentration-time profile of the homogeneous reaction is shown in
Figure 2.5. Both Mono- and Di-imines were formed simultaneously as the reaction
progressed and all three components (PPDA, M-imine, Di-imine) co-existed at equilibrium.

It was observed that no undissolved PPDA remained (with the PPDA used in our
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experimental conditions) when the equilibrium was reached. Therefore, all the
hydrogenation reactions were started after the reaction reached equilibrium to ensure

complete dissolution of PPDA in MEK and the homogeneity of the reaction mixture.

0 —=— PPDA(l)
" e |v'|-i.mi'ne ()}
—A— Di-imine (1)

0.3

Concentration, kmol/m®

0.2
0.1 4

0. O T T T T T T T
0 20 40 60 80 100 120 140

Time, min

Figure 2.5. Typical concentration-time profile for homogeneous reaction of PPDA with
MEK

Reaction Conditions: PPDA: 1.0 kmol/m® Temperature: 373 K; Agitation: 16.67 Hz; reaction volume: 1 x
10 m% MEK is the solvent and one of the reactants.

2(A).3.1.3 Hydrogenation Reaction and Catalyst Screening Studies

To select a suitable catalyst for selective synthesis of Di-amine by reductive alkylation
of PPDA with MEK, we screened Pd, Pt, Ru and Rh catalysts supported on alumina. The
catalyst screening results were compared in terms of conversion of PPDA and products

selectivity. The results are presented in Table 2.3. The terms conversion and selectivity
were defined as follows.

Amount of PPDA consumed (kmol )
Total amount of PPDA initially taken (kmol)

Conversion (%) = x100 2.1
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Amount of the particular product formed (kmol )

x100 2.2
Total amount of PPDA converted (kmol )

Selectivity (%) =

It was observed that Pd/Al,O3; and Ru/Al,O3 gave lower conversion of PPDA and lower
selectivity to the amine products as compared to Pt/Al,O; and Rh/Al,O3; under identical
conditions. Though Rh/Al,O3 gave comparable conversion of PPDA, the total selectivity to
amine products (92.1%) was higher for Pt/Al,O5 catalyst than Rh/Al,O5 catalyst (80.4%).
Therefore, Pt/Al,O3 was the best choice to achieve high activity and selectivity to N, N'-
dialkylated product. Also from Table 2.1, it is evident that Pt is the most commonly used
catalyst for synthesis of N, N’-di-secondary-butyl-p-Phenylenediamine (Di-amine, VI) by
reductive alkylation of PPDA (or p-nitroaniline) and MEK. A detailed comparison of the
catalysts used in this work was not possible because of the absence of specific data about
the commercial process for PPDA. However, in this study, a selectivity to N, N’-di-
secondary-butyl-p-Phenylenediamine (Di-amine, VI) of >95% was achieved for nearly
complete conversion of PPDA (as shown in Figure 2.6), which is comparable to the
reported data in the patented literature (Yield: 42-95%, 0.3% Pt/Al,03, 433 K, p-
nitroaniline: MEK = 1:8).°

Table 2.3. Catalyst Screening Studies

Conversion Products Selectivity (%0)
Catalyst of PPDA M-amine Intermediate  Di-amine Others
(%) (1Vv) V) 2 (Schiff bases)
(11 & 111)

3% Pt/Al,O; 87.96 39.94 23.68 28.47 7.91
3% Pd/ Al,04 65.23 2.66 63.42 5.63 28.29
3% Ru/Al,O3 40.64 0 37.52 0 62.48
3% Rh/ Al,O; 80.4 24.85 4.69 50.88 19.58

Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst: 1 kg/m®; Py, 5.17 MPa; Temperature:
373 K; Agitation: 16.67 Hz; reaction volume: 1 x 10 m*; MEK is the solvent and one of
the reactants.
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Figure 2.6. Selectivity versus conversion graph of complete conversion reaction
Reaction Conditions: PPDA: 0.5 kmol/m?; Catalyst (3% Pt/Al,O3): 1 kg/m®; Py,: 5.17 MPa; Temperature:
413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10 m*; MEK is the solvent and one of the reactants.

In order to investigate the intrinsic kinetics of reductive alkylation of PPDA with MEK
using Pt/Al,O3 catalyst, a few preliminary experiments were carried out to check the
material balance of liquid and gas phase components in the overall reaction. For all the
reactions, MEK was used as one of the reactants in excess that also served the role of a
solvent. From equilibrium reaction studies (section 2(A).3.1.2), it was found that, the
reaction took approximately 75 min. to reach the equilibrium among PPDA, M-imine and
Di-imine. Hence, all the hydrogenation reactions were started after the reaction reaches
equilibrium. A typical concentration-time profile observed is shown in Figure 2.7, which
indicates that Mono-imine (11), Di-imine (111), Mono-amine (1V), Intermediate (V) and Di-
amine (V1) were the major products. The formation of possible dimerization products of the
aromatic compound and hydrogenated product of MEK to 2-butanol were observed to be
negligible (<0.5%) for all cases. The effect of catalyst on the equilibrium reaction was
studied separately, and it was observed that the catalyst had no effect on the condensation
reaction. Also, in the previous report on the reductive alkylation of aniline with acetone, it
was observed that the condensation reaction was not affected either by the catalyst

(Alumina supported palladium) or by hydrogen.” In all the reactions, material balance of
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liquid phase components and hydrogen consumed agreed with the products formed to the
extent of >95% and consistent with the reaction scheme shown in Figure 2.4.

0.6
—=—PPDA(l)
05 —eo—IVHimine (11)
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e —vw—Di-imine (111)
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= —+—Di-amine(\VI)
=~ [
c 031
=
©
=
3 .
c
o
O o014
0.0 T T T T T T
0 30 60 0 120 150 180
Time, min

Figure 2.7. Typical concentration-time profile of reductive alkylation of PPDA with MEK.
Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/Al,O3): 1 kg/m®; Py,: 5.17 MPa; Temperature:
373 K; Agitation: 16.67 Hz; reaction volume: 1 x 10 m® MEK is the solvent and one of the reactants.
2(A).3.1.4 Catalyst Stability and Recycle Studies

It is important to ensure the consistent activity of the Pt/Al,O; catalyst through out a
reaction. This is because, if the catalyst deactivates during a reaction, reactor performance
will be a function of catalyst deactivation rate and may give falsified kinetic parameters.
Therefore, the Pt/Al,O3 catalyst was recycled several times for reductive alkylation of
PPDA with MEK to check its activity. For recycle studies, to avoid loss of catalyst, the
experiments were conducted with the pellets by using a basket in the slurry reactor. The
results of catalyst recycle studies are shown in the Figure 2.8, which indicates the
consistency of catalyst activity even after five recycles. The initial rates of hydrogenation
were also calculated for each recycle and it was observed that those values were identical.
Therefore, it was concluded that the 3% Pt/Al,O3 catalyst showed no deactivation during

the batch experiments.
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Figure 2.8. Recycle experiments for reductive alkylation of PPDA with MEK using 3%

Pt/Al,O3 catalyst

Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/AlLO; pellets): 4 kg/m* Py 5.17 MPa;
Temperature: 373 K; Agitation: 16.67 Hz; reaction volume: 1 x 10 m*; MEK is the solvent and one of the
reactants.

Few experiments were conducted for the complete conversion of PPDA to Di-amine
using 3% Pt/Al,O3 catalyst. The reaction was continued till hydrogen absorption stopped
and the selectivity for mono- and di-amine were found to be 1.5% and 98.5 % respectively.
The results on variation of selectivity and conversion of PPDA with time are discussed in
Section 2(A).3.1.3, Figure 2.6, which clearly indicate that the reaction continues even after
the complete conversion of PPDA for the conversion of M-amine to Di-amine, with high
selectivity to Di-amine. The material balance of reactants consumed and products formed
agreed to > 98% as per the stoichiometry. This result showed that Pt/Al,O3 is a good choice
of catalyst for selective synthesis of Di-amine. In a few cases, the reaction mixture was
processed further to remove unreacted MEK and recover Di-amine by vacuum distillation.
Almost 99 % of the unreacted MEK was recovered at 313 K and 100 mmHg of vacuum
with 99.5% purity as shown by GC and from the residue containing M-amine and Di-
amine, the later was recovered at 373 K and 100 mmHg of vacuum with 92.5 % isolated

yield. The purity of the separated Di-amine was found to be 99% by GC.
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2(A).3.2 Solubility Data

2(A).3.2.1 Experimental Procedure for Solubility Measurement

The solubility of H, in PPDA/MEK mixtures was determined experimentally at 373,
393 and 413 K, using a method described elsewhere.? In a typical experiment, a known
volume (100 ml) of PPDA in MEK solution was introduced into the autoclave and the
contents were heated to the desired temperature after flushing with nitrogen. After the
thermal equilibrium was attained, the void space in the reactor was pressurized with H, to a
desired level and the gas inlet valve was closed to disconnect the gas supply. The contents
were then stirred for about ten minutes to equilibrate the liquid phase with the solute gas.
The change in pressure in the autoclave was recorded on-line as a function of time till it

remained constant, indicating the saturation of the liquid phase with hydrogen.

2(A).3.2.2 Quantitative Analysis of Solubility Data

For the quantitative analysis of mass transfer effects and interpretation of kinetic data
for reductive alkylation of PPDA and MEK, the concentration of dissolved hydrogen in
MEK (solubility) with various concentrations of PPDA is required. The solubility of
hydrogen in PPDA-MEK mixtures with different compositions were determined
experimentally using the procedure described in section 2(A).3.2.1. The solubility of

hydrogen in a liquid (4°) can be expressed by Henry's law as follows:
A =H,P, 2.3
where, H, is the Henry's constant, kmol/m*/atm and Py is the partial pressure of hydrogen,

atm. The values of Henry’s constants at different temperatures and for various mixtures of
PPDA and MEK as determined experimentally are given in Table 2.4.

Table 2.4. Henry's Constant for Various Compositions of PPDA in MEK
Sr. Temp.,  H, values for PPDA in MEK mixtures x 10°, kmol/m®/atm

No. K 5% PPDA 10% PPDA 15% PPDA
1 373 3.473 3.978 3.933
2 393 3.288 4.231 4.640
3 413 3.875 4.345 5.191
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2(A).3.3 Analysis of Initial Rate Data

The initial rates of hydrogenation were calculated from the H, consumption-time
profiles observed in a semi batch slurry reactor for a wide range of conditions (Table 2.2).

The H, consumption-time data were fitted by a second order polynomial of the form
Y=a+bt+ct? 2.4

where, Y is the hydrogen consumed in kmol/m?; 7 is reaction time in sec.; a, b and c are
constants. The rate of reaction at any time ¢ can be calculated as

R, =Y _pioer 2.5
dt

where, R, is the overall rate of hydrogenation, kmol/m®sec. When time ¢ approaches to

zero, Equation 2.5 can be written as
(RA )t_,o = RH2 =b 2.6
where, R, is the initial rate of hydrogenation, kmol/m*/sec

This initial rate data were used to evaluate the effect of different parameters like,
agitation speed, PPDA concentration, partial pressure of hydrogen and catalyst
concentration as shown in Figures 2.9 and 2.10, respectively. The rate of reaction was
found to be unaffected by change in the agitation speed from 13.34 to 20 Hz (Figure 2.9-
A), indicating the absence of gas-liquid and liquid-solid mass transfer resistances. In
addition, the significance of various mass-transfer resistances was also evaluated using the
criteria suggested by Ramachandran and Chaudhari® (See Section 2(A).3.4). The initial
rate of hydrogenation increased marginally on variation of PPDA concentration at lower
temperature but showed negligible effect at higher temperatures (Figure 2.9-B). The initial
rate of hydrogenation was found to increase linearly with hydrogen partial pressure up to
5.17 MPa, but showed no variation on further increase in partial pressure (Figure 2.10-A).
The initial rates increased linearly with catalyst loading at higher temperatures but showed
negligible effect at lower temperature (Figure 2.10-B). The unusual effect of catalyst
loading at lower temperatures is due to the non-catalytic imine formation step (Figure 2.4)
as rate limiting. These initial rate data were used for the analysis of mass transfer effects as

given in the following section.
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Figure 2.9. (A) Effect of agitation speed and (B) Effect of PPDA concentration on
initial rate of hydrogenation for reductive alkylation of PPDA with MEK in presence of
3% Pt/Al,O catalyst

Reaction Conditions: Catalyst (3% Pt/Al,Os): 1 kg/m®; Pu,: 5.17 MPa; reaction volume: 1 x 10 m?
MEK is the solvent and one of the reactants. For (A) PPDA: 1.0 kmol/m?; (B) Agitation speed: 16.66 Hz
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Figure 2.10. (A) Effect of partial pressure of hydrogen and (B) Effect of catalyst loading
on initial rate of hydrogenation for reductive alkylation of PPDA with MEK in presence
of 3% Pt/Al,O5 catalyst

Reaction Conditions: PPDA: 1.0 kmol/m?; Agitation: 16.67 Hz; reaction volume: 1 x 10* m® MEK is the
solvent and one of the reactants. For (A) Catalyst (3% Pt/Al,QO3): 1 kg/m®; (B) Py,: 5.17 MPa
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2(A).3.4 Analysis of Mass Transfer Effects

For the purpose of kinetic study, it is important to ensure that the rate data obtained are
in Kinetically controlled regime. Therefore, initial rate data were used to analyze the
significance of various mass transfer resistances using the criteria discussed by
Ramachandran and Chaudhari.?

1. Gas-liquid mass transfer resistance can be negligible if,

R
o =—2_<0.1 2.7
k,a,A

where, k ap is the gas-liquid mass-transfer coefficient.

2. Liquid-solid mass transfer resistance can be negligible if,

R
a,=—=2_<0.1 2.8
k.a,A

where, £, is the liquid-solid mass transfer coefficient and a, is the external surface

area of the catalyst per unit volume.

3. Pore diffusion resistance can be considered as negligible if,

1/2

d R

Bop = Mpﬂ_’*’z <0.2 2.9
6| 2D, wAd

where, D, is the effective diffusivity.

For using the criteria given by equations 2.7-2.9, a knowledge of the gas-liquid mass
transfer coefficient, k;ap, the liquid-solid mass transfer coefficient, k., -effective

diffusivity, D., overall rate of hydrogenation, R, and the specific data for the catalyst used

such as particle diameter, d,, particle density, p, are required. k;az was calculated

according to the correlation proposed by Gholap ez. al.*
k,a, =1.48x107° x (N)*** x v, IV,)®x(d, 1d)** x(h | h,)"* 2.10

The specifications of the slurry reactor used in this study and typical value of k;ap are

presented in Table 2.5.
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Table 2.5. Specifications of Reactor and &;a Calculations

N | Agitation speed, d, | Tank diameter,
16.67 Hz 0.064 m
Ve | Volume of gas in the reactor, Height of the tank, 0.1 m
2.2x10" m’ Height of impeller from the head, 0.09 m

h; | Height of the first impeller from the bottom
=0.1-0.09=0.01m

V7 | Volume of liquid in the reactor, | 4, | Height of the liquid, 0.033 m

1x10*m®

d; | Impeller diameter, 0.04 m kiag =0.27 s

k, was calculated by the correlation proposed by Sano ez al.*
k.d e(d,) p’ . "
—Tr 2404 2L { a } 2.11
D, F, H P Dy

where, e, the energy supplied to the liquid was calculated according to Calderbank et. al.*,

and F., is the shape factor, was assumed to be unity for spherical particles.

N N°d°¥
e=—t—"— 2.12
s
where, N, is the power number assumed to be 6.3 for flat blade turbine®® and v, the

correction factor for gas bubbles was obtained from the correlation:

¥=1-1.26 Qg3 when &3 <3.5%x107 2.13
Nd, Nd,

3 3
1 1

Y =0.62-1.85 2 when Qs >3.5x107 2.14
N Nd

where, Q. is volumetric flow rate of gas (m*/s) and can be calculated as
Qg =rmax XI/IXVM 2'15
where, ¥, is molar gas volume (m*/kmol) and can be calculated as

V,=V/n=RT/P, 2.16
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Molecular diffusivity, D,, was calculated from the correlation proposed by Wilke and
Chang*®

_74x10°T(y M, )"

06
HiVu

2.17

D,

where, y, M,, w and v, are the association factor of the solvent, molecular weight of
solvent, viscosity of the liquid and molar volume of hydrogen respectively.

External surface area of the catalyst per unit volume, a, was calculated using the
following correlation:

a, =2 2.18
Prd,

where, p, and d, are the particle density and particle diameter respectively.

To calculate ¢..,, effective diffusivity (D.) was calculated using the following
correlation:

D,=D, %/ 2.19

where, € and t are the porosity and tortuosity of the catalyst, which were considered to be

0.5 and 3 respectively.

The values of different parameters required to calculate a;, o and .., are given in
Table 2.6.

Table 2.6. Values of Different Parameters Used in Evaluating the Role of External and
Internal Mass Transfer Resistances at Different Temperatures

Temperature, KLag ks x 10° a, Dy x 108, De x 10°,
(K) sh (m/s) (m%m?3) (m?/s) (m?/s)
373 0.27 3.146 600 1.35 2.25
393 0.27 3.29 600 1.42 2.37
413 0.27 3.46 600 1.49 2.49

The saturation solubility of hydrogen, 4™ at a particular temperature, composition and
partial pressure of hydrogen was calculated from the data given in Table 2.4. Initial rate of

hydrogenation, Ry, for a reaction was obtained from the procedure described in Section
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2(A).3.3. The highest calculated values of parameters «;, «, and ¢., were 2.57x107%,
2.11x10™, and 2.21x107 respectively indicating the absence of mass transfer limitations in
the range of conditions used for kinetic study.

The initial rate data are useful for evaluation of mass transfer effects, however, these
are not directly useful for kinetic analysis since the hydrogenation step in the reaction
sequence comes after two homogeneous non-catalytic reversible reactions, which could be
rate limiting. Hence, for such a complex reaction system comprising of multiple
homogeneous and heterogeneous reaction steps, integral concentration-time data should be
considered in interpretation of the intrinsic kinetics.

2(A).3.5 Kinetic Modeling

For kinetic analysis, the concentration-time profiles obtained at different initial sets of
conditions with variation in PPDA concentration, H, pressure and catalyst loading over a
temperature range of 373 to 413K was used. The reaction scheme considered is shown in
Figure 2.4. Several forms of rate equations were considered to represent the different
reaction steps involved. For the non-catalytic homogeneous (liquid phase) condensation

reactions (R1, R, and Ry), the following forms of rate equations were considered:

Rl = keqlmclcm _kquCZCHZO 220
RZ :keq3mc2cm _keq4C3CH20 221
R4 = kqumC4Cm _keq7C5CH20 222

where, kegim, Kegsm, keqsm aNA keg2, keqs, keg7 Were the forward and backward reaction rate
constants respectively for the steps Ri1, R, and R, mentioned in Figure 2.4. For all the
kinetic experiments, MEK was used in large excess with respect to PPDA and change in its
concentration during the course of reaction was negligible. Therefore, all the forward
reaction steps were considered to be as pseudo first order reactions. The concentration of
water at any time was expressed as

Cho =Cy +2C; +C, +2C5 +2C, 2.23
Hence, Equations 2.20, 2.21 and 2.22 could be written as

R =k, ,C, —k,,C,(C,+2C,+C, +2C, +2C;) 2.24

eql eq2
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R, =k, ;C, —k,4,Cs(C, +2C, +C, +2C, +2C) 2.25
R, =k, sC,s —k,;Cs(C, +2C, +C, +2C5 +2C;) 2.26
Where’ keql = keqlm Cm ’keq?) = keq3m Cm ! kqu = keq6m Cm

For catalytic hydrogenation steps (Rs, Rs and Rg), rate equations based on different
mechanisms were considered (see Table 2.7-A and Table 2.7-B). The interaction of
hydrogen with platinum metal is believed to give a a-hydride (Pt (H;)) or B-hydride (Pt
(H)) species.®* Therefore, rate equations based on Langmuir-Hinshelwood (L-H) models
were proposed based on the possible interactions of H, and liquid phase components on Pt
metal surface. Several basic assumptions made to derive the rate equations were as follows:

(i) The rate of surface reaction is rate limiting for the hydrogenation steps

(i) Adsorption and desorption rates were much higher than the rate of surface

reactions

(iii) Di-amine desorbed very fast from the catalyst surface

The basis of selecting rate models 1 to 8 (Table 2.7-A and Table 2.7-B) is given below:
Model 1: Reaction of adsorbed a-hydride (Pt (H2)) species with the adsorbed liquid phase
components.

Model 2: Reaction of adsorbed a-hydride (Pt (H2)) species with the adsorbed liquid phase
components (A case of competitive adsorption)

Model 3: Reaction of adsorbed B-hydride (Pt (H)) species with the adsorbed liquid phase
components

Model 4: Reaction of adsorbed B-hydride (Pt (H)) species with the adsorbed liquid phase
components (A case of competitive adsorption)

Model 5: Reaction of dissolved hydrogen gas with adsorbed liquid phase components
Model 6: Reaction of dissolved hydrogen gas with adsorbed liquid phase components

(A case of competitive adsorption)

Model 7: Reaction of adsorbed a-hydride (Pt (H2)) species with liquid phase components
Model 8: Reaction of adsorbed B-hydride (Pt (H)) species with liquid phase components
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Table 2.7-A. Comparison of Various Models for Reductive Alkylation of PPDA

with MEK in presence of 3% Pt/Al,O3 Catalyst for Model-1 to Model-4

Rate Model-1 Model-2
Parameters R wk,A'c, 2 - wk A'c
j j 2
4K, A+ Y ke 1+K, 4+ Y kg
i e

373K 393K 413K 373K 393K 413K
kogr X 10° 0.1278 0.1943 0.2560 0.1238 0.1634 0.2890
KogoX 10* 0.2655 0.5118 0.01655 0.1848 0.03768 0.6175
Koys % 10* 0.8303 2.434 3.185 1.050 1.936 3.609
Keoga X 10* 0.4652 1.662 0.2019 0.05506 0.00804 0.1172
ks x 10° 0.1728 0.3085 0.5975 0.2243 0.8416 1.693
KogsX 10* 0.5902 0.4422 0.6245 0.4676 0.4335 0.7626
Kog7X 10° 0.8247 0.1148 0.1739 0.9797 0.1118 0.9353
kgx 107 0.3864 | 0.9381 1.484 0.5781 3.185 3.961
ko x 10° 0.9107 1.897 2.110 1.249 4530 5.497
K 1.2049 2.6485 3.3270 0.8918 2.4545 2.9725
K;; 1.2024 | 2.7059 3.4793 0.9408 2.4038 3.1798
K> 1.3763 2.9795 3.8757 1.0691 2.6604 2.8938
K;; 1.3870 | 3.3362 2.9630 0.7215 2.7977 2.5409
% RR +8.02 +23.38 +2.78 +9.79 +36.12 +0.107

B X 10° 2.03 14.6 9.49 1.15 14.2 1.14

Rate Model-3 Model-4
Parameters wk\/fc Wk\/TC

Rj — J J R/ — J J 5

[1+KH A+ Y kqu [1+KH2«/T+ > kkc,J

i i

373K 393K 413K 373K 393K 413K
Kegr X 10° 0.1270 0.1479 0.2697 0.1299 0.1901 0.2553
KogoX 10* 0.1471 0.04365 0.3084 0.1493 0.2284 0.2019
Keog3 X 10* 1.566 2.051 3.364 1.606 2.179 2.852
Keoga X 10* 0.4422 0.5205 1.380 0.2882 0.02996 1.296
ks x 10° 0.0841 0.1932 0.3722 0.1466 0.5207 1.758
KogsX 10* 0.0299 0.3592 0.8131 0.005032 0.1993 1.125
Koy 10° 0.0250 0.0506 0.5316 0.01195 0.03620 0.6058
kgx 107 0.2653 0.5628 0.8763 0.5748 1.791 3.403
ko x 10° 0.5504 1.333 1.342 0.9987 3.567 5.241
K 1.151 2.4377 3.171 1.036 2.189 3.1869
K;; 1.2629 3.0177 3.4725 1.0782 2.4467 3.5357
K 1.5156 3.9924 3.9125 1.1485 2.7521 3.9691
K;; 1.5230 3.2857 3.0302 1.0557 2.4662 3.1738
% RR +14.25 +62.09 +7.14 +11.49 +41.61 +16.56
dunx 10° | 1.27 122 5.01 1.63 12.1 105
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Table 2.7-B. Comparison of Various Models for Reductive Alkylation of PPDA with

MEK in presence of 3% Pt/Al,O3 Catalyst for Model-5 to Model-8

Rate Model-5 Model-6
Parameters wk Ac, wk Ac,
Rj — J J Rj — J J >
[1+ > ka/} [1+ > kkc,J
k=111213 k=111213
=235 =235
373K 393K 413K 373K 393K 413K
kogs x 10° 0.1371 0.1865 0.2545 0.1258 0.1809 0.2590
kego% 107 0.3909 0.2664 | 0.05340 0.1824 0.00083 0.13
kegs x 10° 1.526 2.501 3.030 1.352 2.262 3.127
kugs % 10° 0.9154 0.2534 0.0805 0.5893 0.0005 0.4382
ks x 10° 0.1192 0.2113 0.4530 0.0809 0.1112 0.1976
kegsx 107 0.0366 0.2251 0.6474 0.0598 0.3358 0.7740
kegr% 10° 0.0451 0.0104 0.0345 0.0466 0.0139 0.4488
ksx 10° 0.4757 0.8147 1.163 0.2803 0.4582 0.5402
ky x 10° 0.7093 1.299 1.530 0.4784 0.7335 0.7491
K - - - - - -
K 1.1947 2.608 3.407 0.01 0.05 0.1
K 1.3869 3.115 3.7346 0.0529 0.1472 0.1964
K3 1.4149 2.000 3.000 0.0634 0.1913 0.2703
% RR +7.53 +26.51 | +19.36 +9.84 +22.48 +10.43
Gin % 10° 1.52 13.1 5.79 1.71 15.1 3.72
Rate Model-7 Model-8
Parameters r wk, A*cj Wk, \/A— ¢,
J (1+KH2A*) (1+KH2\/T)
373K 393K 413K 373K 393K 413K
kogs x 10° 0.1330 0.1742 0.2535 0.1248 0.2091 0.2440
kego% 107 0.3682 0.0175 0.0695 0.03508 0.2562 0.8807
kegs x 10° 1.553 2.177 3.447 1.214 2.910 2.982
kugs % 10° 0.6980 0.0463 0.6875 0.0692 0.3732 0.3981
ks x 10° 0.0971 0.1436 0.2008 0.0639 0.1091 0.1481
kegsx 107 0.0345 0.2937 0.5567 0.2539 0.2018 0.6497
kegr% 10° 0.0078 0.01 0.4223 0.072 0.2397 1.267
ksx 10° 0.3963 0.3998 0.5101 0.2035 0.3980 0.3923
ky x 10° 0.6447 0.9731 0.8889 0.4110 0.5147 0.6609
K 1.3054 1.4413 1.0053 1.605 1.111 1.6395
K]I - - - - - -
K12 - - - - - -
K13 - - - - - -
% RR +10.54 | £27.70 | #£11.77 +12.03 +9.83 +12.87
Gin % 10° 2.09 13.3 3.47 1.48 10.2 3.76
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For a typical case of Model 8, the change in the concentration of reactants and products
can be represented by the following mass balance equations for constant pressure of

hydrogen under isothermal conditions:

dC
72‘1 =—R = _[keqlcl - kquCZCHzo] rer
dC.
th =R -R,—R,= [keqlcl - kquCZCHZO]
eq3™2 eq4 ™3~ H,0 (1+KH2\/T)
JC wk, \/TC
7; - Rz _R5 = I:keqSCZ _keq4C3CH20:| e 223

(1+ KHZ\/T)
dC whkNA'C, I

—4:R3—R4:—

dt (1+KH2x/7)

ogsCo =Koy CoChro | 2.30

dC,
dl‘s =R+ R — R, = |:keq6C4 _keq7CSCH20}
N wkgx/?C3 B wkgx/?C5 2.31
(1+KH2\/T) (1+KH2\/T)
dC ke A C
5 Ry = oV e 2.32

dt _il+KH2«/T)

Initial conditions:

At1=0, C;=Coys, C2= Coyz, C3= Coy3& Cy4, Cs5, Cs=0 2.33
where, C; to Cs were the concentrations of PPDA, M-imine, Di-imine, M-amine,
Intermediate and Di-amine respectively in kmol/m?® (as given in Figure 2.4) and Cegiy Ceg2
and C.,3 were the equilibrium concentrations of PPDA, M-imine and Di-imine respectively
at that particular reaction temperature. Also ks, ks, ko were the hydrogenation rate constants
for the steps shown in Figure 2.4 and K, was the adsorption constant for hydrogen.

The overall rate of hydrogenation can be represented as
R, =R;+Rs+R, 2.34
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Above-mentioned equations (Equation 2.27-2.34) were solved using an optimization
routine based on Marquardt’s algorithm® combined with fourth order Runge-Kutta
method. A non-linear least square regression analysis was used for each rate equation to get
the best fit for the particular set of parameters. The optimization method involved an
objective function of mean square, the value of which was calculated based on the

following formula, which was minimized during the optimization

6 n
b =D 20, -7, F 2.35

i=1 i=1

where, ¥, and Y, represented experimental and predicted concentrations of i™ species
expt mo

and n represented the number of samples. The mean average of relative residuals (% RR)
was calculated based on the following expression:

O
oRR_ZZY—xloo 2.36

i=l i=1

Following criterions were used for the model discrimination:

(i) The estimated parameters must have physico-chemical significance: i.e. the

reaction rate constants and the adsorption equilibrium constants should be positive

(if) The objective function of optimization should be a minimum

(iif) The relative residuals should be distributed with a zero mean and these residuals

should have no trend effects as a function of the independent variables.

From the Table 2.7-A and Table 2.7-B, it is evident that none of the models had
negative rate or adsorption constants. Also, all the models in Table 2.7-A and Table 2.7-B
had similar values of ¢,,,. Based on above-mentioned criteria of % RR, Models 2, 3 and 4
were rejected as they had very high values of % RR (+36, £62 and +41 respectively).
Among the other models (Model 1, 5, 6, 7 and 8), for Model 8 the relative residual values
were the lowest at all the temperatures. Two representative graphs of %RR vs. partial
pressure of hydrogen for Model 1, 2, 3, 5, 7 and Model 8 are shown in Figures 2.11 and
2.12 respectively. It is seen from Figure 2.11 that the %RR values were not distributed with
a zero mean. On the other hand, Model 8 (Figure 2.12) showed a random distribution of
relative residual values with a zero mean without any particular trend with change in

pressure.
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Figure 2.11. % RR versus partial pressure of hydrogen for different models
Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/Al,O3): 1 kg/m® Temperature: 393 K; Agitation:
16.67 Hz; reaction volume: 1 x 10™* m*; MEK is the solvent and one of the reactants.
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Figure 2.12. % RR versus partial pressure of hydrogen for Model-8 at different

temperatures
Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/Al,O3): 1 kg/m®; Agitation: 16.67 Hz; reaction

volume: 1 x 10 m®; MEK is the solvent and one of the reactants.
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All these models were also verified by comparing all the concentration-time profiles
obtained at different initial sets of operating conditions and it was observed that only Model
8 gave satisfactory predictions compared to other models. Therefore, Model 8 was
considered to be the best model to predict the experimental results in the range of operating
conditions given in Table 2.2. The experimental and predicted concentration-time profiles
and hydrogen consumption-time data for this model at various temperatures are shown in
Figures 2.13-2.15. The representative concentration-time profiles showed that agreement

between model prediction and experimental data were very good.
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Figure 2.13. Concentration-time profile at 373 K
Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/Al,Os): 1 kg/m®; P,: 5.17 MPa; Agitation: 16.67
Hz; reaction volume: 1 x 10 m®; MEK is the solvent and one of the reactants.
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Figure 2.14. Concentration-time profile at 393 K

Reaction Conditions: PPDA: 1.0 kmol/m?; Catalyst (3% Pt/Al,Os): 1 kg/m®; Py,: 5.17 MPa; Agitation: 16.67
Hz; reaction volume: 1 x 10 m®; MEK is the solvent and one of the reactants.
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Figure 2.15. Concentration-time profile at 413 K
Reaction Conditions: PPDA: 1.0 kmol/m?®; Catalyst (3% Pt/Al,O;): 1 kg/m®; Pyy,: 5.17 MPa; Agitation: 16.67
Hz; reaction volume: 1 x 10 m® MEK is the solvent and one of the reactants.
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The temperature dependency of the rate constants is shown in Figure 2.16, from which
the activation energies of the individual reactions were calculated as 21.65, 103.51, 29.21,
56.86, 26.97, 29.29, 91.49, 21.37, 15.18 kJ/mol for steps R; to Rg respectively. The

enthalpy of adsorption was calculated from the following equation:

-AH,
K, =K, exp l 2.37
RT

The calculated enthalpy of adsorption value for Ky, was 10.82 kJ/mol which falls in the
range (9-28 kJ/mol) observed earlier for liquid phase hydrogenation reactions catalyzed by

supported Pt metal catalysts.*®

Kk o k
18_ eql eq2
A keq3 v keq4
* k + K
16 X kg o ox K
-k
144
X
X 12 v
£
104
g IW’-‘
w
6 *_/'*
*

T T T T T T
2.40 2.45 2.50 2.55 2.60 2.65 2.70
1T x 10°

Figure 2.16. Temperature dependency of rate constants
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2(A).4 CONCLUSIONS

Platinum on alumina was found to be the best catalyst for selective synthesis of N, N -
di-sec-butyl-p-Phenylenediamine (Di-amine, VI) by reductive alkylation of p-
phenylenediamine (PPDA,) and methyl ethyl ketone (MEK). Kinetic modeling of reductive
alkylation of PPDA with MEK using 3% Pt/Al,O3 catalyst was studied in a temperature
range of 373-413 K in a slurry reactor. The external and intraparticle diffusion resistances
were found to be negligible in the range of operating conditions studied. A semi batch
slurry reactor model was developed to simulate the experimental concentration-time data
and evaluate suitability of different rate equations. Rate equations were proposed for both
homogeneous (non-catalytic) and heterogeneous (catalytic) reactions and intrinsic kinetic
parameters were evaluated. Rate models considering dissociative adsorption of hydrogen
followed by reaction with liquid phase components as the rate-limiting step for catalytic

reaction steps were found to represent the experimental data satisfactorily.
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CHAPTER 2
PART-B

Kinetic Modeling of Reductive Alkylations of
Phenylenediamines: Influence of Substrates
Isomeric Structure



2 (B).1 INTRODUCTION

Reductive alkylation of nitro or amine compounds to secondary or tertiary amines is an
important class of multiphase reaction, which involves homogeneous non-catalytic
condensation as well as heterogeneous catalytic reactions. The alkylated products have
applications as intermediates in agrochemicals and dyestuffs®, as anti-oxidants in rubber

and petroleum industries, >’

and is particularly attractive as a single step process for these
specialty products. Because of homogeneous-heterogeneous combination, this is an
important class of reaction from academic point of view also.

In Part-A of this chapter, the complexity in the reaction network, product distribution
and kinetic modeling for reductive alkylation of p-phenylenediamine (PPDA) with MEK in
presence of 3% Pt/Al,O3 catalyst was studied. In Part-B, the effect of positions of amine
groups in phenylenediamine (PDAS) isomers on their relative activities and selectivities in
the reductive alkylation reaction using the same catalyst (3% Pt/Al,O3) has been studied.
Experimental concentration-time data for reductive alkylation of ortho-phenylenediamine
(OPDA) and meta-phenylenediamine (MPDA) with MEK in a semibatch slurry reactor at
different sets of initial conditions were obtained to develop suitable semi batch slurry
reactor models under isothermal conditions. The kinetic parameters of the individual steps
were evaluated following the methodology used for PPDA and compared to understand the
differences in the activity and selectivity patterns for OPDA, MPDA and PPDA substrates.
A general reaction scheme for the reductive alkylation of PDAs with MEK is shown in
Figure 2.17. The systematic study on reductive alkylation of PDAs to understand the

substrate structure-activity relationship has not been addressed in previous reports.

2(B).2 EXPERIMENTAL SECTION
OPDA and MPDA were purchased from Loba Chemie, Mumbai, India and used as it is.

The other chemicals, catalyst, reactor set up and experimental procedure were same as
discussed in section 2(A).2. It should be noted here that experimental concentration-time
data for PPDA as substrate were taken from the Part-A of this chapter wherever required
for comparison with OPDA and MPDA. The ranges of experimental conditions used for

reductive alkylation of PDASs are given in Table 2.8.
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Figure 2.17. General reaction scheme for reductive alkylation of phenylenediamines with
methy| ethyl ketone in presence of 3% Pt/Al,O; catalyst

Table 2.8. Range of Operating Conditions for Kinetic Studies of PDAS

Parameter PPDA OPDA MPDA
(Table 2.2)

PDA concentration, kmol/m® 0.5-1.5 0.5-1.5 0.5-1.5
Catalyst loading, kg/m® 0.2-2 0.5-2 50-75
Hydrogen partial pressure, MPa 2.07-6.21 2.07-6.21 2.07-6.21
Temperature, K 373-413 373-413 413-453
Agitation speed, Hz 13.33-20 13.33-20 13.33-20
Volume of reaction, m 1x10™ 1x10* 1x10™
Reaction time, h 3 3 6.5
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2(B).3 RESULTS AND DISCUSSION
2(B).3.1 Experimental Results

In order to understand the substrate structure and reductive alkylation activity
correlation, the influence of relative positions of the amine groups in PDAs on equilibrium

and hydrogenation reactions was studied separately.

2(B).3.1.1 Equilibrium Reaction Studies

The equilibrium condensation reactions of OPDA and MPDA with MEK were studied
separately and the concentration-time profiles for all the PDAs are shown in Figure 2.18. It
was observed that though all the PDAs reached equilibrium at the same time, there was a
significant difference in the overall activity and product distribution. The conversion of
PDAs at the equilibrium follows an order: OPDA > PPDA > MPDA. Condensation of
PPDA with MEK produced both M-imine and Di-imine in appreciable concentrations,

whereas for OPDA and MPDA, M-imine remained as the major product.

104 —m—PPDA —e—M-imine —A—Di-imine
' —m— OPDA —e— M-imine —A— Di-imine
—m— MPDA —e— M-imine —A— Di-imine
mE 0.8 4
3
e
=< 0.6
c
2
)
@©
= 041
C
(5]
(&)
&
O 0.24
A :t t 4‘
0.0 T T T T
0 30 60 90 120 150
Time, min.

Figure 2.18. Equilibrium concentration-time profiles for PDAs at 413 K.

Reaction Conditions: Substrate: 1.0 kmol/m®; Agitation: 16.67 Hz; reaction volume: 1 x 10 m*; MEK is the
solvent and one of the reactants.
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The equilibrium conversion order of PDAs can be explained by considering the activity
of PDA reactants and stability of the imine products. As the amines (-NH,) are ortho- and
para- directing groups due to resonance effect,® it is expected that the activity (conversion)
of OPDA and PPDA will be higher than MPDA. However, to explain the higher
equilibrium conversion of OPDA than that of PPDA, stability of the imine products should
be considered. The M-imine formed from OPDA has a possibility of intramolecular
hydrogen bonding by a five membered ring as shown in Figure 2.19,%“° which makes the
M-imine stable. On the other hand, there is no possibility of intramolecular hydrogen
bonding in the M-imine formed from PPDA. Therefore, higher stability of the M-imine
derived from OPDA drags the equilibrium to the imine side more than that of PPDA.
Again, the stability of the M-imine derived from OPDA due to intramolecular hydrogen
bonding and the possible steric hindrance if the Di-imine forms lead to very poor selectivity
of Di-imine from OPDA. On the other hand, the imine functionality in MPDA does not
support the other amine group by resonance effect (as it is possible with OPDA and PPDA)
and the intrinsic rate of formation of M-imine is very poor for MPDA at the experimental
conditions. Therefore, it is expected that Di-imine formation will be significantly lower for
MPDA.

NH,
Figure 2.19. (a) Possible intramolecular hydrogen bonding in the M-imine derived from
OPDA; (b) intramolecular hydrogen bonding is not possible for M-imine derived from
PPDA
2(B).3.1.2 Catalytic Hydrogenation Reaction Studies

The hydrogenation reactions of different PDAs were carried out separately at identical
reaction conditions and the typical concentration-time profiles are shown in Figure 2.20. It

is evident from these data that for OPDA and MPDA, di-imine formation is negligible even
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Figure 2.20. Typical concentration-time profiles for reductive alkylation PDAs with MEK
(A) PPDA (B) OPDA (C) MPDA.
Reaction Conditions: Substrate: 1.0 kmol/m®; Catalyst (3% Pt/Al,Os): 1 kg/m® Py 5.17 MPa;

Temperature: 413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10™* m®; Time: 3 h for PPDA and 6 h for
OPDA and MPDA; MEK is the solvent and one of the reactants.
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under hydrogenation conditions. The selectivity profiles for the final desired products, Di-
amines, are shown in Figure 2.21, which showed that it is strongly dependent upon the
relative positions of the amine groups in the aromatic ring. The overall rate of
hydrogenation also followed the order PPDA > OPDA > MPDA (see Figure 2.22). The
overall rate of hydrogenation was very low for MPDA and M-amine was the major
product. The selectivity profiles to M-amines as a function of time is shown in Figure 2.23,
which showed that M-amine is an intermediate in the overall reaction network for PPDA.
Contrary to this, for OPDA and MPDA, the reaction almost stopped after M-amine
formation. For MPDA, di-amine formation was improved only with very high catalyst
loading (50 times with respect to Fig. 2.20-2.23) and lower substrate concentration

conditions as shown in Figure 2.24.
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Figure 2.21. Typical selectivity-time profiles for reductive alkylation of PDAs.

Reaction Conditions: Substrate: 1.0 kmol/m®; Catalyst (3% Pt/Al,0s): 1 kg/m®, Py, 5.17 MPa;
Temperature: 413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10* m® Time: 3 h for PPDA and 6 h for
OPDA and MPDA at the identical conditions. MEK is the solvent and one of the reactants.

106



0.18

—=—PPDA

o15] —e—OPDA
—A—MPDA

0.12-

0.09 -

0.06

0.03

A

H, Consumption x 10°, kmol/m®/s

0.00

T T
0 30 60 90 120 150 180
Time, min.

Figure 2.22. Typical H, consumption-time profile for reductive alkylation of PDAs with
MEK.

Reaction Conditions: Substrate: 1.0 kmol/m® Catalyst (3% PtAI,Os): 1 kg/m® Py 5.17 MPa;
Temperature: 413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10 m*; Time: 3 h for PPDA and 6 h for
OPDA and MPDA at the identical conditions. MEK is the solvent and one of the reactants.
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Figure. 2.23. Selectivity to M-amine Vs time profiles for reductive alkylation of PDAs.
Reaction Conditions: Substrate: 1.0 kmol/m®; Catalyst (3% Pt/Al,0s): 1 kg/m®, Py, 5.17 MPa;

Temperature: 413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10* m® Time: 3 h for PPDA and 6 h for
OPDA and MPDA at the identical conditions. MEK is the solvent and one of the reactants.
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Figure 2.24. Typical concentration-time profiles for reductive alkylation of MPDA with
MEK.
Reaction Conditions: Substrate: 0.5 kmol/m® Catalyst (3% Pt/Al,O;): 50 kg/m® Pu,: 5.17 MPa;

Temperature: 413 K; Agitation: 16.67 Hz; reaction volume: 1 x 10* m*; MEK is the solvent and one of
the reactants.

2(B).3.2 Kinetic Modeling

In order to understand the differences in reductive alkylation activity and selectivity of
the PDAs, kinetics of reductive alkylation of PDAs with MEK in presence of 3% Pt/Al,Os
catalyst were studied. A few preliminary experiments were carried out to identify products,
establish mass balance and stability of catalyst during batch reactions. Typical
concentration-time profiles for OPDA and MPDA are shown in Figure 2.20. In all the
reactions, the material balance of liquid phase components and hydrogen consumed agreed
with the products formed to the extent of > 95%. As the overall rate of hydrogenation
followed the order PPDA > OPDA > MPDA, it is expected that the mass transfer effects
will be negligible for OPDA and MPDA and hence a detailed analysis of the mass transfer
effects was not considered for OPDA and MPDA substrates. As shown in Figures 2.18 and
2.20, the formation of di-imine is not significant for OPDA and MPDA throughout the
course of the reaction and hence the formation of di-imine from M-imine was not

considered for the kinetic modeling of these two substrates. To generalize the notations of
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kinetic parameters for all the PDAs, the kinetic parameters are shown in Figure 2.17, where
R>, Rs, kegs, keqs, ks are applicable only for PPDA. The solubility data for H in liquid
medium for OPDA and MPDA were assumed to be the same as that of PPDA substrate, as
discussed in Section 2(A).3.2. As discussed earlier, due to the very slow rate of reaction for
MPDA, the kinetic study was performed at higher catalyst concentrations and higher
temperatures with respect to other PDAs (see Table 2.8).

Several forms of rate equations were considered to represent the different reaction steps
involved in reductive alkylation of OPDA and MPDA. For the homogeneous condensation
reactions R; and Ry, the following rate equations were considered,

R, =k,,,CC, —k,,C,Cpp 2.38

eqlm eq2

R, =koy6,CiC, ~ ko1 CsChro 2.39

eqbm eq
where, C,, is the concentration of MEK, kegim, kegom and keqo, keq7 Were the forward and
backward reaction rate constants respectively for the steps R; and R, mentioned in Figure
2.17. For all the kinetic experiments, MEK was used in huge excess with respect to the
substrates (OPDA and MPDA) and its change in concentration during the course of
reaction was negligible. Therefore, all the forward reaction steps were considered to be

pseudo first order reactions. The concentration of water at any time was expressed as

Cppo =Cy+C,+2C; +2C, 2.40
Hence, equations 2.36 and 2.37 could be written as

R =k, ,C ~k,,C,(C,+C, +2C; +2C,) 2.41

R, =k, sCy —k,,Cs(C, +C, +2C; +2C;) 2.42
where, k., =k,1,C,.s kopo = ko6 Co

For catalytic hydrogenation steps (R;, Rs and Ry), all the eight rate models as described
for PPDA (see Section 2(A).3.5) were considered. Typical semi-batch slurry reactor mass
balance equations for reductive alkylation of OPDA and MPDA with MEK considering
reaction of adsorbed B-hydride [Pt (H)] species with liquid phase components for the
hydrogenation steps are shown below:

dc,

dtl - _Ri = _I:keqlcl - kquCZ (C2 + C4 + 2C5 + 2C6 )] 243
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dC, wk, \/EC

2 R, =[k,.C.~k.,,C,(C, +c4+2c5+2c6)]—m 2.44
dc whNA'C,

R R = (1+KH2 \/_) [ KsCa = kyyCs (C, + C, +2C, +2Cy) | 2.45
a<s o = ke Ca —k, 1 Co(C, +C, +2C5 +2C, )] wh V4G 2.46
dt E+KH2\/?’

aCs _p _ whoN A" C, .

dt il+KH2x/T)

Initial conditions:

Att=0, C;=Coy1, C2 = Co2 & Cy, Cs5, Cs =0

where, C; to Cs were the concentrations of the species mentioned in Figure 2.17 and C,;,
and C,,> were the equilibrium concentrations of PDA and M-imine respectively at that
particular reaction temperature. K> was the adsorption constant for hydrogen.

Total rate of hydrogenation can be represented as:
R, =R;+Rs+R; 2.48
Equations 2.43-2.48 were solved using fourth order Runge-Kutta method combined
with an optimization program based on Marquardt’s algorithm.* A non-linear least square
regression analysis was used for each rate equations to get the best fit for the particular set
of parameters. An objective function (¢..;) and mean average relative residuals (%RR),
which were defined in Section 2(A).3.5, were considered as mathematical criteria to select
a suitable model after optimization. Among several forms of rate equations considered for
the hydrogenation steps, the rate equation which was suitable for PPDA also represented
OPDA and MPDA for the range of operating conditions used (see Table 2.8). The
experimental and predicted concentration-time profiles for OPDA and MPDA at different
conditions are shown in Figures 2.25 and 2.26. It is evident from Figures 2.25 and 2.26 that
the model predicts the experimental results quite well and the nature of interaction of the
imine species with the catalyst surface during the hydrogenation reactions are similar for all
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Figure 2.25. Concentration-time profiles for reductive alkylation of OPDA at 373 K and
413 K.

Reaction Conditions: Substrate: 1.0 kmol/m?; Catalyst (3% Pt/Al,O5): 1 kg/m®; Py,: 5.17 MPa; Agitation:
16.67 Hz; reaction volume: 1 x 10 m®; Time: 3 h; MEK is the solvent and one of the reactants.
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Figure 2.26. Concentration-time profiles for reductive alkylation of MPDA at 413 K
and 453K

Reaction Conditions: Substrate: 0.5 kmol/m® Catalyst (3% Pt/Al,03): 50 kg/m® Py,: 5.17 MPa;

Agitation: 16.67 Hz; reaction volume: 1 x 10* m% Time = 6.5 hrs. MEK is the solvent and one of the
reactants.
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the PDAs. The optimized kinetic parameters for PPDA, OPDA and MPDA at different
temperatures are presented in Table 2.9.

The optimized kinetic parameters presented in Table 2.9 explained the trends observed
in reductive alkylation of PDAs. The rate constant for hydrogenation of M-imine to M-
amine (k;) followed the trend PPDA > OPDA > MPDA. More interestingly, the values of
keqs and k.47 clearly indicated that the formation of intermediate from M-amine is not so
favorable for OPDA and very difficult for MPDA. This also explains why Di-imine was
not formed in appreciable amounts in the equilibrium studies for OPDA and MPDA. Steric
hindrance of bulky groups in the ortho- position and the possible intramolecular hydrogen
bonding may be the reasons for lower activity toward Di-imine or intermediate products for
OPDA with respect to PPDA. On the other hand, the intrinsically lower activity of MPDA
as discussed in section 2(B).3.1.1 may be attributed to poor Di-imine and intermediate
selectivity with MPDA. However, energy calculations by molecular modeling of the
species formed during reductive alkylation of PDAs could be a useful approach to further

understand the reductive alkylation activity and selectivity trends for different substrates.
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Table 2.9. Comparison of Kinetic Parameters for Reductive Alkylation of PDAs with MEK in Presence

of 3% Pt/Al,O3 Catalyst

T
emp k. k., k., k., ky ke, k., kg kq K, %wrr 2 min
x10°  x10° x10° x10° x10° x10* x10° x10° x10° x 10
373 01248 0.0351 1.214 0.0692 0.0639 0.2539  0.072 0.2035 0.4110 1.605 +12.03 1.48
PPDA
(Table 393  0.2091 0.2562 2910 0.3732 0.1091 0.2018 0.2397 0.3980 05147 1.111  +9.83 10.2
2.7-B)
413 02440 0.8807 2981 0.3981 0.1481 0.6497 1.267 0.3923 0.6609 1.6395 41287 3.76
373  0.1464 0.0638 - - 0.0558  3.347  40.66 - 0.1847 015  +1514 7.47
OPDA 393  0.1489  0.1953 -- - 0.0688  6.754  77.19 - 0.1902 0.3905 +1263 55
413  0.1644 0.2105 -- -- 0.0877 8589  89.46 - 0.27 0804 4667 451
413 0.984 91.3 - - 0.0088  0.72 51.0 - 0.0048 0.3 +26.46  1.89
MPDA 433 1.742  105.0 - - 0.017 0.98 59.81 - 0.014 0.8 +3229 5.35
453 1.942  118.0 - - 0.032 1.55 62.0 -- 0.031 1.80 41477 3.69
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2(B).4 CONCLUSIONS

The effect of positions of amine groups in phenylenediamine isomers on their relative
activities and selectivities in the reductive alkylation reaction using 3% Pt/Al,O3 catalyst
was studied. It was observed that the activity and selectivity to Di-amine product followed
the order: PPDA > OPDA > MPDA. To understand the isomeric structure-activity
relationship, the equilibrium and hydrogenation steps involved in reductive alkylation
reaction were studied separately. It was observed that Di-imine formation is not favorable
in the equilibrium condition for OPDA and MPDA. However, it is formed in appreciable
amounts with PPDA. To explain the observed structure-activity relationship, kinetic
modeling for reductive alkylation of PDAs and the optimized Kinetic parameters were
presented. The kinetic parameters (k5) showed that formation of M-amine from M-imine
followed the order PPDA > OPDA > MPDA and insertion of the second alkylating group
on the second amine functionality (to form intermediate) was not so feasible for OPDA and
very difficult for MPDA. Therefore, formation of Di-amine also followed the order PPDA
> OPDA > MPDA.
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NOMENCLATURE

ag

Ceq] y Cqu
and Cey3
D,

dr
Dy
dp

dy

krag

ks
Kn»>

k5,k8 and kg

gas-liquid interfacial area per unit volume of reactor, m¥m®
liquid-solid interfacial area, m™
saturation solubility of Hy in liquid phase, kmol/m?

concentrations of species involved in overall reaction sequence,
kmol/m®

concentration of methyl ethyl ketone

equilibrium  concentration of PPDA, M-imine and Di-imine
respectively, kmol/m?
effective diffusivity, m%/s

impeller diameter, m
molecular diffusivity, m?/s
particle diameter, m

tank diameter, m

energy supplied (by agitator or gas bubbling) to the liquid per unit mass,
cm?/s®

shape factor of the catalyst

henry’s law constant, kmol/m®/atm

height of the first impeller from the bottom, m
height of the liquid, m

liquid film mass-transfer coefficient, m/s
gas-liquid mass-transfer coefficient, s™

liquid-solid mass-transfer coefficient, m/s
adsorption equilibrium constant for hydrogen, (kmol/m?)%°

reaction rate constants, (kg/m*)™*(kmol/m®)°s*
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keql’ keq3’ keq6
keq2; keq4; keq 7
m

My

P>

Qe

2

R; toRs

rmax

Vi
w
Greek letters
ap
az
Dexp

djm in

forward reaction rate constants, s™

backward reaction rate constants, (kmol/m®)*s™
order of reaction w.r.t. hydrogen

molecular weight of solvent, g/gmol

moles of gas at constant pressure, kmol
agitation speed, Hz

power number

partial pressure of hydrogen, MPa

volumetric flow rate of gas, m/s

universal gas constant, N m/mol K

overall rate of hydrogenation, kmol/m*/s
reaction rates for individual reaction steps, (kmol/m®/s)
maximum rate of hydrogenation, kmol/m®/s
temperature, K

time, s

volume of the gas in the reactor, m*

volume of the liquid in the reactor, m*®

catalyst loading, kg/m®

parameter defined by eq. 2.5
parameter defined by eq. 2.6
parameter defined by eq. 2.7

parameter defined by eq. 2.33
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D = density of liquid, kg/m®

7, = viscosity of liquid, poise

X = association factor

oM = molar volume of solvent, cm*/mol

Py = density of particle, kg/m’

e = porosity of the catalyst particle

T = tortuosity

7 = correction factor for gas bubbles
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CHAPTER 3

Modeling of Bubble Column Slurry Reactor
for Reductive Alkylation of
p-Phenylenediamine




3.1 INTRODUCTION

Bubble column slurry reactors (BCSR), which involve contacting of gaseous and liquid
reactants in the presence of suspended solid catalyst particles are extensively used in
several industrial chemical and petroleum refining processes due to their better heat and
mass transfer efficiencies. Fine catalyst particles can be used in these reactors, which
eliminate intraparticle diffusional resistance, leading to more effective use of the catalyst.
The design and scale up of these reactors is of considerable interest, since a number of
fundamental and practical issues can be defined that introduce uncertainties in the
prediction of reactor performance. Important developments in the reaction engineering
analysis of BCSRs were reviewed in earlier work by Shah', Ramachandran and
Chaudhari®, and Deckwer’. More recent reviews have been provided by Saxena®,
Duducovic’, Krishna®, Jakobsen et. al.’, and in the monograph of Schumpe and Nigam®.
Some examples of the commercial applications of BCSRs include Fischer-Tropsch-
synthesis,”'*""*'* hydrogenation of adiponitrile,”® hydrogenation of oils,'* and several
unsaturated compounds. In these studies, either a semi-batch or continuous mode is used, or
in some cases, a continuous flow with recycle operation is employed.

The overall performance of these reactors depends on the specific reaction kinetics,
mass transfer effects, hydrodynamics, solid catalyst distribution and thermal energy
management. In addition, the mixing pattern of gas and liquid phases is also important in
deciding the overall efficiency of such reactors. While the analysis of multiphase catalytic
reactors has been well developed from a theoretical perspective for simple reactions, the
information on the analysis of reactor performance for industrially useful processes in
BCSRs is very limited. In previous work on the modeling of BCSRs, detailed consideration

11, 12,15

has been given to hydrodynamic modeling, particularly CFD modeling, evaluation of

mixing,'® and mass-transfer parameters.'”"'® Although, reactor performance models have
been proposed for several reactions, such as the Fischer-Tropsch synthesis,'®'""?
hydrogenation of glucose, and the hydrogenation of butynediol,? in most of these cases,
only single reactions with simplified kinetics have been considered. Thakar ez. al.*' have
modeled the hydrogenation of maleic acid to tetrahydrofuran (THF) in BCSR, taking into
account the distribution pattern of the product THF in the gas and liquid phases. Industrial

BCSRs typically involve complex multistep catalytic reactions with complexities such as
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nonlinear kinetics, catalyst deactivation, exothermic reactions and non-uniform distribution
of catalyst particles. One such application is the reductive alkylation of amine compounds
for the manufacture of higher alkylated (secondary and tertiary) amine derivatives, which
find applications as intermediates in fine chemicals and speciality products.” The reductive
alkylation reaction proceeds through a condensation reaction between an amine compound
or its precursor and a carbonyl compound or alcohol to form an imine — a Schiff Base,*
which is hydrogenated in the presence of a metallic catalyst to N-alkylated products.
Reductive alkylation of nitro or amine compounds has been investigated using a wide range
of alkylating agents and catalysts.**

Most of the previous work on reductive alkylation was focused on catalysis aspects
with the aim of improving catalytic activity and selectivity to N-alkylated compounds.
However, the reaction system has not been studied much from reaction engineering
viewpoint. There are only a few reports in the literature, which deal with combinations of
homogeneous-heterogeneous, non-catalytic-catalytic reactions. Lehtonen er. al.”%, followed
by Salmi et. al.,” developed semibatch slurry reactor and loop reactor models for reductive
alkylation of aromatic amines with short chain aldehydes (carbon chain length less than
three) using Pt/C catalyst. Roy ez. al.*® have studied a detailed kinetics for the reductive
alkylation of aromatic monoamines (aniline), in which the impact of homogeneous and
heterogeneously catalyzed reactions on the overall reaction kinetics was addressed.

Considering the wider applicability of bubble column slurry reactors, investigations on
more case studies of practical relevance like reductive alkylation reactions will further
establish the confidence in the use of predictive models for understanding BCSR
performances. In this context, this work was undertaken in which the modeling of BCSR
for reductive alkylation of p-phenylenediamine (PPDA) with methyl ethyl ketone (MEK),
wherein two amine functionalities are available for the alkylation reaction, was undertaken
as an objective of this work. A schematic of the reaction network considered in this work is
shown in Figure 3.1.

The mixing cell model® has been developed for BCSR using the kinetics presented in
Chapter-2. The model incorporates the gas-liquid, liquid-solid mass transfer, heat effects
and complex multistep reaction kinetics. The changes in gas and liquid velocities influence

the hydrodynamics of slurry bubble column reactors and therefore alter degree of back
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mixing in liquid phase."” Therefore, liquid phase back-mixing was accounted for in this
study by including a backflow (obtained using CFD) among mixing cells. The effect of gas
and liquid velocities, catalyst loading, inlet substrate concentration and temperature on the
conversion, selectivity and temperature rise is discussed. The comparison of the current
approach with the traditional mixing cell model is also discussed. The details of BCSR

model are discussed in the following sections.

3.2 BCSR MODEL

A detailed analysis of a BCSR model has been presented using a mixing cell approach.
A mixing cell approach proposed earlier by Ramachandran and Smith?’, Brahme et. al."
and Jaganathan ef. al*® has been extended in this work by including a liquid-backflow
stream from all but the bottom most mixing cell. This model incorporated the complexities

of reaction kinetics coupled with mass transfer and the thermal effects.

3.2.1 Intrinsic Kinetics

The intrinsic kinetics for the reductive alkylation of PPDA with MEK to N, N’-di-sec-
butyl-p-Phenylenediamine using 3% Pt/Al,O3 as catalyst has been presented in Chapter-2,
Part-A, for a semi-batch slurry reactor. Based on this work, the reaction network is
described as shown in Figure 3.1. The following types of rate equations for non-catalytic
(R;, R, and R,) steps has been found to adequately describe the individual homogeneous

reaction steps,

R =k, B, k., D,Cyyg 3.1

R, =k, D, — ko F\Cpo 32

R, =k G, k. H,Co 33
where, k., =k,,,C,.» ko3 =k 3,Cors ks =KoyonCo

Cyo =D, +2F, +G,+2H, +2P))

where, Keyr, keg3, kegs and kego, kegs keqs were the forward and backward reaction rate
constants respectively for the steps R;, R, and R, mentioned in Figure 3.1 and C,, represents

the concentration of methyl ethyl ketone. For all the kinetic experiments, MEK was used in
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Figure 3.1. Detailed reaction scheme of reductive alkylation of PPDA with MEK in
presence of 3% Pt/Al,O; catalyst

large excess with respect to PPDA and its change in concentration during the course of
reaction was negligible. Therefore, all the forward reaction steps were considered to be as
pseudo first order reactions.

The following types of Langmuir-Hinshelwood rate equations have been found to

adequately describe the individual catalytic reaction steps (R;, Rs and R) involved,
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__whD 4, 3.4

_(1+KA\/A—S)

_ whEA 3.5

(14K 4,

kH, | A
R _W9—’\/_S 3.6

_(1+KA\/A78)

The overall rate of hydrogenation using equations 3.4-3.6 can be given as

R, =R, +R,+R;

 w(ksD, +kF, + kyH)) A,
! (1+KA\/A_S)

In equations 3.4-3.6, A4, represents the concentration of dissolved hydrogen on the

SR 3.7

catalyst surface. Definitions for the remaining variables in rate equations appear in the

Notation Section. The intrinsic kinetic parameters are given in Table 3.1.

Table 3.1. Kinetic Rate Equation Parameters

Temp. keq] kqu keq3 keq4 ks keq6 keq7 ks Ky K,
K x10°0  x10" x10° x10° x10° x10° x10° x10° xI0°

373 0.1248 0.0351 1.214 0.0692 0.0639 0.2539 0.072 0.2035 0.4110 1.605
393 0.2091 02562 2.910 0.3732 0.1091 0.2018 0.2397 0.3980 0.5147 1.111
413 0.2440 0.8807 2.982 0.3981 0.1481 0.6497 1.267 0.3923 0.6609 1.6395
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3.2.2

Mixing Cell Model (MCM)

The schematic of mixing cell model used in this work is shown in Figure 3.2. The

assumptions are given below.

a)

b)

d)

g)

h)

The BCSR was visualized as reactor consisting of NV cells of stirred tanks in series
where the liquid is completely backmixed and gas is in plug flow in each cell. Thus,
for N — oo, plug flow will prevail, while for N =1, the reactor performance will be
equal to backmixed slurry reactor. Intermediate values will describe the liquid phase
flow patterns between these two extremes.

The catalyst particles were assumed to be dispersed uniformly throughout the
reactor. This assumption has been verified using the approach of Kato ez. al.*®

The liquid phase components are non-volatile since the bubble point of mixture was
much larger than the operating temperature.

Gas-liquid and liquid-solid mass transfer resistances were incorporated for
hydrogen. Since, the gas feed generally consists of pure hydrogen and the liquid
phase components are non-volatile, mass transfer resistance in gas phase was
assumed to be negligible. Also since pure hydrogen is generally used, mixing in the
gas phase was considered to be unimportant.

The solubility of hydrogen (A) in the liquid phase follows Henry’s law

The intraparticle diffusion resistance was assumed to be negligible since very fine
catalyst particles (30 microns) were considered for all calculations. To verify this
assumption, the criterion given by Bischoff* was followed.

The interference of small catalyst particles (30 microns) with the gas absorption
near the gas-liquid interface was assumed to be insignificant.*

Interphase and intraparticle heat transfer resistances were assumed to be negligible,
but the overall heat transfer from the bulk liquid phase to the reactor wall was
considered to incorporate the non-isothermal effects. To verify the first assumption,

the criterion proposed by Mears®' was used.

The extent of backflow among mixing cells was estimated using the CFD model. The

detailed procedure of CFD model is discussed in later sections.
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Figure 3.2. Schematic representation of bubble column slurry reactor model

3.2.3 Model Equations

The mass and energy balance equations for various species in a BCSR are summarized
below. The detailed derivations are given in Appendix-A. Here, the variables a;, b;, d;, f;, gj,
h; and p; represent the dimensionless concentrations of the gas and liquid phase species,
leaving the j cell while those entering the / cell, from previous cell were represented by
aj.1, bi1, di.i, f-1, g1, hi1, and p;.;, and those coming down from the next cell were
represented by a;+s, bj+1, dj+1, fi+1, &+1, hj+1, and pj+;. An analogous approach was used for
the cell temperatures. The backflow stream (Figure 3.2) for the liquid velocity can be
represented as:

up = P up, 3.8
where, ¢ is a constant obtained from the CFD simulations using time-averaged values for

the axial slurry velocity. The detailed procedure for the estimation of ¢ is discussed in later
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section (Section 3.2.5). The value of ¢ will obviously change with superficial gas and liquid
velocities. Here, uj;, and uy, represent the back flow liquid velocity and the net liquid
velocity respectively. It should be noted here that the net flow rate is the same throughout
the reactor, but because of the liquid backflow rate (u;), the flow rate in the middle cells
increases to u;, + uj. Therefore, the mass balance of reactants and products is different for
the first, middle and N top cell. The mass balance for various species exiting the j/ cell is
given below in dimensionless form. The dimensionless parameters used in these equations

are defined in Table 3.2.

For species A (Hydrogen).
The mass balance of hydrogen in the gas phase is same for all the cells and can be

represented as:

—dZij = aA[agj—a,j] 3.9

The mass balance of hydrogen in the liquid phase can be written as

First cell:

1/N axA

_[ a, B, [ag_,- —a; ]dz = (l+¢)az_,- _(al_/fl +¢a1_/+1)+T[a1j _asj] 3.10
0

Middle cells:

1/N

Jaiplo,-a ke = 0020, 050, +00, )+ 54 fa, —a ] .11

0

N (Top) cell:
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I a, B, [agj —a,j]dz = (l+¢)alj —(lJrgzﬁ)a,j_1 +a]‘vv—’A[a,j —asj] 3.12
0

where mass balance of hydrogen on catalyst surface can be calculated as

(dlj +k85f1j +k95h1,~ ag;

als(alj_asj):aquB 1+ka\/zj 3.13
The mass balance for various liquid phase species can be represented as
For species B (PPDA).
Py +(X£d1 i Cr0
| N 3.14
Ljljsion ™ Oy, )
+
v N
For species D (M-imine).
a a
?, +(;}ljbl] +[ ]64 jfzj H,0
o= 3.15
Jdj=1-n a
Upsy Xy | Ags s
Y+ ( jCHZO
N N Ng, I+k, a,,

ﬂ,] = : 3.16

j=1-N r
Ap,

p SR Y s
H,0
N NqB 1+ku1,asj

For species G (M-amine).
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Q. +—h ¢y
Ngy \1+k,fa,, | N 7°7°
glj]j:1_1v - o 3.17
v+ R6
N

Arg aR8fl./ V%)
¢x+ gl]+
’ NC]B 1+ka1lasj

N
_ 3.18
lj]jzl—N
y/+aR7 L %ro Ve
N Ny 14k, fa,
For species P (Di-amine).
2 +aR9hlj Vs
’ NC]B l+ka,’asj
p[_/]j:l_N = v 3.19

where, ¢ _ is the parameter defined in equations 3.14-3.19 can be represented according to

the j/” cell as

whenj = 1, Y, = (xlj—l +¢x_,/+1)
when / <j<N, ?, :((1+¢)le_l +¢xlj+1)
when j = N, Q.= (1+¢)x1,>1

where, x represents the concentration of liquid phase species b, d, f, g, h and p in equations

3.14-3.19, respectively.
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The factor i defined in equations 3.14-3.19 can be represented according to the j* cell as,
when j =/ and N, v=1+¢
when [/ <j <N, w=14+2¢

The term ¢, , in equations 3.14-3.19 is the dimensionless concentration of water and can

be represented as

Cro=d;; +2f,;,+g,;+2h,;+2p,,

In deriving energy balance equation for the non-isothermal BCSR model, the
temperature dependence of various key parameters such as reaction rate constants, reaction
equilibrium constant and saturation solubility are accounted for. The solubility of hydrogen
in PPDA with MEK was experimentally determined (Chapter-2, Section-2(A).3.2), so the
Henry’s constant of solubility H, could be expressed by the following correlation in terms

of solution temperature

H,(T)=12x10"xexp(2.7x107 xT) for 5% PPDA 3.20
H,(T)=1.8x10" xexp(2.2x107 xT) for 10% PPDA 3.21
H,(T)=3x10"xexp(6.9x107° x T for 15% PPDA 3.22

The change in rate and equilibrium constants with temperature can be expressed as

E (1 1
k(T )=k(T)exp| —| ——— 3.23
(@)oo 221
E I 1
K(T)=K.(T)exp| —2| ——— 3.24
(T,) = K,(T) P{ R, (T; Toj]

The heat evolved during the reaction was assumed to be carried away by the heat
transfer to the reactor wall, which is characterized by the bed-to-wall heat transfer
coefficient, U,. Under such conditions where interphase and intraparticle heat transfer
resistances were assumed to be negligible, the energy balance in the reactor in

dimensionless form can be expressed as
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First cell:

d, +hef, +hkosh  )\Ja,,
6:]3;53 ﬂ[( 1 815+1;€a\/;%i1/)\/7/]+%[amb”—ade” CHZO:I

I B
+W3[amd1_/ — ity CH20:| + %I:aRéglj —Qprhy, cH20] —WS(QJ. - ew) + 050, + 5,0,

3.25

Middle cells:

0 =2k By [(d” *hist; +k95hlj)\/?j}+%[amsz —Qpydy; CH20:|

Ng, 1+k,fa,;
B V; 4
+i|:aR3dlj — Qs fi; CH20]+J|:aR6g1j — Aol CHZO}__lz(ej _ew)‘l'ﬂl} 0.+ 5.0,
N N N
3.26
N" (Top) cell:
0 = Ags (dlj +hys /) +k95h,_/)1/a” B, , .
= ﬂl +—|:(IR1 lj_aRz lchzO:I
Ngy I+k, /a; .

+%[a1e3d[j _aR4f[j CHzO:I +%|:“R6glj - amh,j CHZO] _%(Gj —HW)+91_1

3.2.4 Method of Solution

The solution of the preceding set of non-linear algebraic equations 3.9-3.19 allow the
prediction of the concentrations of all species and the temperature at the exit of each cell as
well as the N” cell (exit of the reactor) for any given set of inlet parameters. Mass balance
of hydrogen can be calculated by integrating equation 3.9 to give

g —dy

= exp(—aA z) 3.28

ag/fl _alf

By substituting z = 1/N, the dimensionless concentration of 4 in the stream leaving the cell
jis

a,
a, =a, exp(— W]+a”;{ 3.29
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Substituting equation 3.28 in equation 3.10, 3.11 and 3.12 and solving the resulting integral
equation gives the following expression for the dimensionless concentration of 4 in the

liquid stream leaving cell j

First cell:
a,
(alj—1+¢alj+l)+ﬂ/1;{agj_l+ v |9
“ T 3.30
J al ﬂ
l+p+—+
¢ N aX
Middle cells:
a
((1 + ¢)alj—1 + ¢alj+1)+ ,BA;(agj_l +( ]([ Jasj
T 331
J al ﬂ
1+2¢0+— +
¢ N aX
N (Top) cell:
((1+¢)alj_l)+,BA;(ag T iy a,
J N
7 332
J al
l++—+
b+ Pk

where, y is the parameter defined in equations 3.29-3.32 and can be represented as

[04
=l—exp ——%
r=1-enf -4

Once a;; is known, the concentration of 4 on the catalyst surface, 4, can be obtained
from equation 3.13. Equations 3.9 to 3.19 were combined with equations 3.25-3.27 and
solved simultaneously using the FSOLVE, non linear equation solver (MATLAB 7,
2004)*? to predict the concentrations of the individual species and the temperature at the

exit of each cell.

The initial conditions for the first cell are as follows:

z=0,b1=1;a,=dl=ﬁ=gl=hl=pl=0;6’=1; 3.33

For any given set of inlet conditions, the concentrations of reactant/product species and

temperature were calculated at the exit of each cell and also the exit of the reactor. The
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dimensionless parameters used in the above equations are presented in Table 3.2. The
hydrodynamic and mass transfer parameters required for the calculations of the
dimensionless parameters were calculated from literature correlations presented in Table

3.3.
At any given length of the reactor, the fractional conversion of PPDA was calculated as
X, =1-b,, 3.34

The global rate of hydrogenation taking into account all the hydrogenation reaction

steps involved in the overall reaction sequence (Figure 3.1) was calculated as
Ry, =1'(g,+h,+2p,)B, 3.35
In equation 3.35, 7' is the mean residence time of the liquid in the reactor (7'=u,, / L), uy,

is the liquid velocity, L is the length of the reactor, g, 4, and p; are the concentrations of
M-amine, Intermediate and Di-amine respectively, at the exit of the reactor.
The selectivity to M-imine, Di-imine, M-amine, Intermediate and Di-amine was

evaluated using the following relationships:

d,.
m—imine 2 x100 3.36
1-b,,
f.
Sdi—imine = 2 x100 3.37
1=b,
m-amine glj XIOO 338
1-b,,
h, .
int ermediate g X 100 339
1-b,,
di—amine — lplj XIOO 340

lj
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Table 3.2. Dimensionless Parameters Used in the Model

Mass transfer parameters

Gas-liquid mass transfer o, :LkLaB/ugHA B, :ugHA/u,
Liquid-solid mass transfer o, =Lka, /“z
Heat transfer parameters (_ AH 1 4)31, 4U L
ﬂx x=1— = —= - 5 = - D)
- T.p,C, e Dyu,p,C,
u,p,C,,
Bs :% B = I+ ——— % a;
1 ulu IOICpl
5l - (-am| )8,
¥ lx=8-11 Tiplcplaz
_4vL . _a/ . _%
ﬂlZ - DTuluplela'z 9ﬁ13 - aZ > ﬁ14 - a2
u,p,C u,p,C
a, = 1+¢+u ; a, = 1+2¢+&
ululolcpl uluplcpl
Reaction rate and k k
ks == kos = k,=K, Asj
equilibrium constants ks ks
Lk Lk B, Lk
OCR1= eq, ,(ZR2= eq, 1) : R3= eq3 :
lu Z/llu Z/llu
_ Lkeq4Bll LWkS Blil Lkeqé
aR4_ ’aRS - s R T s
ulu ulu ulu
Lk,,,B, Lwhkg,|B, Lwk,.|B,
X R, = >Ry >Ry
Mlu ulu ulu
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Table 3.3. Correlations Used for Hydrodynamic, Mass and Heat Transfer Parameters

Parameter Correlation Reference
Gas-liquid mass- ba — 060" (IULJO.IZ [STJ%Z L7 g
transfer coefficient Pr Pr 33
Gas hold up L u, (STW IS,/ p, )1/3
g 30+ 2u, 34

Liquid-solid mass A d(p, - pL)g 5 {dp “p, }0-”2
transfer coefficient D, u. D, Hy 35
Heat transfer S = O.I(Re F.P> )‘0'25 U, /p,C,u,
coefficient 36
Diffusivity coefficient D = 7axle (¢M,) S

! . UV, o 37

3.2.5 Estimation of Backflow with CFD Model (¢)

The extent of back-mixing in bubble column reactors depends mainly on column
dimensions and superficial gas velocity (provided that liquid superficial velocity is rather
small). When gas is sparged at the bottom of bubble column reactor, bubbles move
upwards from the central region of the column creating a radial gradient of gas hold-up.
Such a radial gradient sets up a liquid circulation within the column causing severe
backmixing. CFD models can provide quantitative relationship between internal liquid

38,39,40,15 L
772 Hence, in this

circulation and design and operating parameters of bubble columns.
work a CFD model developed in Rampure ef. al."” was considered to simulate the
hydrodynamics of bubble column reactor for simulating the current study.

The catalyst particle size and loading is fairly small for the considered case (30 microns
and 0.025-10% w/w respectively). Therefore, the hydrodynamics of bubble column slurry
reactor was modeled as a two phase flow by considering gas as a dispersed phase and slurry
as a pseudo-homogeneous continuous phase. The gas-liquid flow in bubble column was
simulated using the Eulerian-Eulerian approach. In this approach both mass and momentum

balances were solved for each phase.’® The standard k- mixture turbulence model was

used in the present work. Influence of gas hold-up on effective drag coefficient was
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accounted. Appropriate properties of gas and liquid (slurry) phase (corresponding to 4 MPa
operating pressure and average operating temperature) were used in the simulations [Gas:
density of 2.48 kg/m’ and viscosity of 1x10” kg/m-s; Slurry: density of 845.68 kg/m’ and
viscosity of 0.0618 kg/m-s]. A sieve-plate sparger was assumed to distribute the gas
uniformly throughout the sparger region and was modelled as inlet. The bubble velocity
was set as gas inlet and volume fraction at inlet was set in such a way that it ensures desired
net gas flow rate. The top surface of the column was modeled as velocity inlet, applying
same boundary condition as that for sparger. The overall gas hold-up in the column was
still a free variable. Simulations were carried out till the unsteady flow was established with
acceptable mass balance for all fluid phases. The time averaging was started after
discarding the initial transients. Mass transfer and reactions were not considered in the CFD
model since the focus was on quantifying the extent of backmixing. The details of model
equations and solution strategies were discussed by Rampure ez. al.'” The geometry of the
considered reactor was modeled using GAMBIT v2.0. The geometry was discretized using
80,000 computational cells. The commercial CFD code FLUENT 6.3 (of Ansys-Fluent Inc.
USA)* was used to carry out simulations.

The CFD simulations were carried out for superficial gas velocities ranging from 0.02-
0.10 m/s. For the range of gas velocities studied, the homogeneous flow regime prevails up
to 0.05 m/s. Transition regime occurs at the superficial gas velocities near to 0.05-0.06 m/s
and thus extends to churn turbulent regime at gas velocity of 0.1 m/s.** Since the maximum
liquid velocity considered for the reactor simulations was only 0.001 m/s, actual value of
liquid superficial velocity will not influence internal liquid circulation within the column.
Therefore, all the CFD simulations were carried out with setting liquid superficial velocity
to zero. Unsteady simulations were carried out until the quasi steady-state was reached.
Time averaging of hydrodynamic parameters was carried out after achieving such quasi-
steady state. After time averaging, the extent of back flow between mixing cells was
estimated as follows: According to the number of cells used in the mixing cell model,
corresponding cross-sectional planes were formed at different axial locations that mimic
number of cells. For example for three mixing cell model, the column was compartmented
into three equal parts by forming two virtual planes. The simulated time-averaged values

for the axial slurry velocity at these planes were used to estimate the up-flow and down-
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flow values of slurry velocity. The average values of up-flow and down-flow were used to
calculate the down-flow values of slurry velocity (u;) for the estimation of ¢ in equation
3.8. Use of radial baffles has been proposed for reducing liquid phase back mixing in
bubble columns.* In this work, therefore, a case with radial baffles located at height equal
to column diameter (to realize aspect ratio each mixing cell as unity) was simulated. The
considered radial baffles had an opening of 0.7 times column diameter. The results of CFD

simulations and estimated internal circulations are discussed in the following sections.

3.3 RESULTS AND DISCUSSION

In order to understand the effect of various operating parameters on the performance of
BCSR, simulations were performed for the range of operating conditions as presented in
Table 3.4. For any given set of operating and inlet parameters, the corresponding mass
transfer and hydrodynamic parameters were calculated using the correlations discussed
earlier (Table 3.3). The effect of individual parameters on the conversion of PPDA,
selectivity of the products, global rate of hydrogenation and temperature rise were

calculated. The results are discussed in the following section.

3.3.1 Reactor Performance Without Backflow (¢ =0)

The liquid phase mixing is an important factor in the performance of a BCSR. This was
studied by evaluating the reactor performance for different number of cells (N) in the
mixing cell model for the same total reactor volume. The results showing the conversion of
PPDA as a function of liquid velocity for different number of cells N are presented in
Figure 3.3. The conversion of PPDA was found to increase with increase in the number of
cells but decreases with increasing liquid velocity. The higher conversion for N = 10 is
consistent with plug flow conditions. Similar trends with respect to variation in number of
cells, NV, were observed for global rate of hydrogenation and temperature rise (at the exit of
the reactor), when the inlet PPDA concentration, catalyst loading and H; pressure were

varied.
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Table 3.4. Range of Operating Conditions for BCSR Investigated

Design parameters/ Operating conditions Values
Catalyst 3% Pt/ALL,O3
Catalyst loading, w 0.2 - 84.6 kg/m’ (0.025%-10% w/w)
Temperature 373-413 K
Initial concentration of PPDA, B;; 05-1.5 kmol/m3, (5%-15% w/w)
H; pressure, P 2-6.2 MPa
Solvent Methyl Ethyl Ketone
Liquid velocity, uy, 2 x 10710 x 10 m/s
Gas velocity, u, 2% 10710 x 10° m/s
Reactor diameter, dr 025 m
Total reactor length, L 4m
Particle diameter, dp 30 microns
Density of catalyst, p, 1260 kg/m’
1.0
0.9+
< 0.8
(@)
o
a
S 0.7
c
2
S 06-
[
(@}
@)
0.5+
0.4
T T T T T
0 2 4 6 8 10 12

Liquid velocity, u,_x 10°, m/s)

Figure 3.3. Effect of number of cells (V) on the conversion of PPDA
Reaction conditions: w = 84.6 kg/m3, By =1 kmol/m’, Ug=5x 102 m/s, T=393 K, P=4 Mpa
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In predicting the reactor performance, the correlation proposed by Yoshida and Akita™
was used for calculating the gas liquid mass transfer coefficient. It was found that there
was no significant change in the reactor performance when the mass transfer coefficient
was varied in * ten fold. It may be noted here the gas-liquid mass transfer coefficients
predicted by literature correlations******" varied only +60% to that predicted by Yoshida
and Akita®.

The effect of liquid velocity on temperature rise for different inlet temperatures is
shown in Figure 3.4. The temperature rise was calculated for different reaction conditions
and found to increase with the increase in inlet temperature. The maximum temperature rise
was observed for the highest substrate concentration (not more than 10 °C). The
temperature rise was found to be insignificant, might be due to the equilibrium steps

involved in the overall reaction scheme and better heat transfer efficiency of BCSR.

Temperature rise, K

O T T T T T
0 2 4 6 8 10 12

Liquid velocity, u, x 10°, m/s

Figure 3.4. Temperature rise as a function of liquid velocity: Effect of inlet temperature
Reaction conditions: w = 84.6 kg/m3, B = 1 kmol/m’, Ug=5x 102 m/s, P=4 Mpa, N=10
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The effects of catalyst loading and inlet PPDA concentration on the selectivity to
products are shown in Figures 3.5 and 3.6 respectively, for different inlet liquid velocities.
It was observed that the selectivity to M-amine and Di-amine increases with increase in the
catalyst loading (Figure 3.5). It is clear from Figures 3.5-A and 3.5-B that selectivity to M-
amine increases steeply within a catalyst range of 0.2-2 kg/m’, which indicates that the
reaction is in kinetic regime. The reaction slowly moves to mass transfer regime beyond
this catalyst loading. It should be noted here that the selectivity towards the products were
independent at higher catalyst loading (more than 84 kg/m®). At lower liquid velocities and
catalyst loading, a high selectivity (up to 50%) can be achieved. The selectivity to M-amine
decreased with increase in inlet PPDA concentration whereas selectivity to Intermediate
increased and Di-amine remained constant. With increase in PPDA concentration, M-amine
concentration increases which then transforms to Intermediate by the equilibrium reaction
(Figure 3.1). As the kinetic modeling data presented in Table 3.1 clearly indicates the slow
hydrogenation rate for the Intermediate to Di-amine, in a continuous flow reactor the
results presented in Figure 3.6 were expected.

The product concentration profiles at the reactor exit as a function of N, for minimum
and maximum liquid velocity are presented in Figures 3.7-A and 3.7-B respectively. The
concentrations of all species are constant after N=10, indicating plug flow conditions. As
the liquid velocity increased to its maximum value, the concentration of M-amine and Di-
amine decreases while the concentration of M-imine, Di-imine and Intermediate increases.
To understand the effect of back mixing in the liquid phase, the mixing cell model was
extended by including a backflow term. The results obtained are discussed in the following

section.
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3.3.2 Reactor Performance With Backflow (¢ > 0)

The liquid phase back mixing was accounted for by including a backflow stream from
all but the bottom most mixing cell. The changes in gas and liquid velocities influence the
hydrodynamics of slurry bubble column reactor and therefore, alter the back mixing in the
liquid phase. The hydrodynamics of the considered column was simulated using the CFD
model described earlier. The predicted results are shown in Figure 3.8-A and 3.8-B, which
shows that the effective backflow increased with superficial gas velocity. The estimated

backflow values were used to calculate parameter ¢ and the values are listed in Table 3.5.

1.00 -

Vimex —_— — H 7 o . _ p— — _
I [ ] I | I -
| 0.80 I |

‘ |
| I 0.70

0.60

ug=2cm/s  u, =Scm/s Ug Ug Ug=2  ug=5 u,=7 u,=10
(Vimax= (Vimax= =7cm/s =10cm/s cm/s cm/s cm/s cm/s
6.3e-3m/s;  5.8e-3m/s; (Vinax= (Vimax=
Vimin= Vmin= 0.36m/s;  0.49m/s;
-6e-3m/s)  -5e-3m/s) V min=- Vmin=
0.4m/s)  -0.4m/s)
(A) Time averaged axial slurry velocity (B) Instantaneous gas holdup

Figure 3.8. CFD simulations for the estimation of the backflow in bubble column

The liquid phase back mixing was studied by evaluating the reactor performance along
the length of the reactor in the mixing cell model for the same total reactor volume. The
result showing the conversion of PPDA as a function of number of cells (i.e. along the

length of the reactor) for different ¢ values is presented in Figure 3.9. It is evident that
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backflow significantly affects the reactor performance. Also, at maximum ¢ values, studied
in the range of gas velocities, conversion of PPDA did not change along the length of the
reactor and the reactor behaved like a completely back mixed. Similar trends were observed

for the selectivity of Mono- and Di-amine as shown in Figure 3.10.

Table 3.5. Values of ¢ at Different Gas Velocities From CFD Simulation

Ug X 102 Up ¢ ¢
(m/s) (m/s) (Min.) (Max.)
2 5.39x10™ 0.54 2.69
5 9.56x10™ 0.96 478
7 5.71x10 57.07 285.33
10 7.22x1072 72.18 360.90
10 (With 15 Baffles) 1.89x107 18.97 94.86

Figure 3.11 shows the temperature rise along the reactor length for different ¢ values. It
is important to note that with the extent of back-mixing, the pattern of temperature rise
profile changes slowly. In the absence of backflow (¢ = 0), the temperature profile passes
through maxima. As ¢ value increases, the pattern of the temperature profile changes
slowly and become a straight line at maximum ¢ value.

The comparison of selectivity profile of Mono- and Di-amine as a function of liquid
velocity considering with and without backflow are presented in Figure 3.12. It was
observed that the selectivity to M-amine increases and Di-amine decreases with the
backflow. Also, it can be seen from Figure 3.12 that with increase in liquid velocity at fixed
gas velocity, the results (selectivity of both M-amine and Di-amine) with backflow case
approaches to the results without backflow case. This is because of the decrease in
backflow (¢) in the range of 4.78-0.96 with increase in liquid velocity (2-10 x 10™* m/s) at

fixed gas velocity.
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Figure 3.9. Conversion of PPDA as a function of number of cells: Effect of backflow
stream

Reaction conditions: w = 84.6 kg/m®, B;; = 1 kmol/m’, u;, =2 x 10* m/s, Ug=15x 102 m/s, T=393 K, P=4
Mpa, N=16
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Figure 3.10. Selectivity as a function of number of cells: Effect of backflow stream
Reaction conditions: w = 84.6 kg/m3, B; =1 kmol/m®, u;, =2 x 10* my/s, Ug=15x 102 m/s, T=393 K, P =4
Mpa, N=16
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Figure 3.11. Temperature rise as a function of number of cells: Effect of backflow stream
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The comparison of temperature profile as a function of gas velocity with and without
considering backflow is presented in Figure 3.13. At higher gas velocity, the temperature
rise is less for the case with backflow as compared to that without backflow. As the gas
velocity increases, the backflow in the reactor increases steeply (see Table 3.5) and hence,
temperature rise was less compared to that without backflow model.

Influence of degree of backmixing (which increases with gas velocity) on the predicted
selectivity of products is shown in Figure 3.14. It can be seen that degree of backmixing
has significant influence on conversion while its influence on the selectivity was less
significant. It is therefore useful to evaluate possible ways to control and manipulate degree
of backmixing.

As mentioned earlier, the use of radial baffles for reducing backmixing in bubble
columns as proposed by Khare et. al.* was evaluated using the CFD model. The case of
superficial gas velocity of 0.1 m/s, which has a maximum degree of backmixing among the
considered cases, was considered for evaluating influence of radial baffles. The flow
generated in the bubble columns with 15 internal horizontal radial baffles with opening of
0.7dr (dr = Diameter of Reactor) was simulated using the CFD model. The predicted
results are shown in Figures 3.15-A and 3.15-B. Presence of radial baffles significantly
reduced the extent of backflow [by almost 70%, (see Figure 3.15-C)]. The backflow
predicted in presence of radial baffles was then used to simulate the considered reductive
alkylation reaction. The predicted influence of radial baffles on selectivity and conversion
is shown in Figure 3.16. It can be seen that the presence of baffles showed 20% increase in
conversion without affecting selectivity. The radial baftles can therefore be considered to
be useful for controlling and manipulating degree of backmixing in bubble column slurry

reactors.
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3.4 CONCLUSIONS

A mixing cell model for a BCSR was developed for the reductive alkylation of p-
phenylenediamine incorporating the complex intrinsic reaction kinetics, mass transfer and
thermal effects. The degree of backmixing was accounted for by considering a backflow
stream from all but the bottom most mixing cell. The backflow stream was quantified using
a CFD model. The combination of mixing cell model coupled with CFD model for
estimating degree of backmixing for a range of design and operating parameters was found
to be useful for predicting reactor performance over a wide range of operating parameters.
The use of radial baffles can be considered to be useful for controlling and manipulating
the degree of backmixing in BCSRs. The bubble column slurry reactor model proposed
here could be useful to provide guidelines for designing and improving the overall

performance of bubble column reactors.
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APPENDIX-A

The mixing cell model has been extended in this work by including liquid backflow

stream from all but the bottom most mixing cell. Therefore, the net flow rate is same
throughout the reactor, but because of the liquid backflow rate (uj), the flow rate in the
middle cells increases to u;, + uy. Therefore, the mass balance of reactants and products is
different for the first, middle and N top cell (Figure 3.2). Hence, the mass and energy
balance equations were developed for first cell, middle cells and N top cell separately for
the gas and liquid species involved in the overall reaction. In this section, the detailed
derivations of bubble column slurry reactor model equations (section 3.2.3) are presented in
the following sections. The dimensionless parameters used in the model are given in Table
3.2 and are not repeated in this section. The definitions of all parameters are given in

notation section.

A.1l  Mass Balance of Hydrogen in Gas Phase
The mass balance for hydrogen in gas phase can be written as

dd, . A,
—u, L=k, a, —j—Alj Al
dx H,

The above equation can be expressed in dimensionless form using the following variables

a, . :—Agj : " :—Alj . * :_Agi : aq, :—Alj .z :i
gJj > Yy * ey ’

A4, A H, (4,/H,) L

Hence, equation A.1 can be written as

da,
Y (a a )
— &y T
dz ol /

Integrating the above equation,
dg; da . z

= ﬁzaAsz
g, agj _alj 0

a .—da,.
[gf—”} = exp(—a,z) A2

Aejm 4
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Sag,—a;=a,,  exp(-a,z)—a; exp(-a,z)

where, z = dimensionless axial distance, 1/N

Lag =a, exp(%j — {1 - exp(%ﬂ a A3
A.2  Mass Balance of Hydrogen in Liquid Phase

Middle cells:

The mass balance for hydrogen in liquid phase for the middle cells (Figure 3.2) can be

written as

L/N A .
I k,a, [—ng —A,j}dx = (u,u +u,b)A,j +u, 4,
0

A

A4
L
_[(ulu +ulb)Alj—l Tuy Alj+1:|+ksap [WJ(AU - Asj)
The equation A.4 can be expressed in dimensionless form as
VY Lk a
I L"B(agj —a ;lz = (l+2¢)a,j —[(1+¢)alj —1+¢a,j+]]+¢( iy —asj)
0 ulu N
1/N
a,
_[aAﬁA (agj —a,j)a'z = (1+2¢)a,j —[(1+¢)an —1+¢alj+1]+#(alj —asj) A5
0

By substituting equation A.2 in equation A.5

1/N

IaAﬂA (ag;—l —alj)ef‘“zdz = (1+2¢)a,j —[(l+¢)alj —1+¢alj+l ]+a—]<;( i’ —asj)
0

On integrating the above equation w. r. t. z,
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By (agj_l —a,j)(l—e_“"/N):(1+2¢)an —[(1+¢)a,j —1+¢alj+l]+a—]\l;(a,j —asj)

((1 + ¢)al‘/’—l + ¢a1‘,~+1 ) + B, {1 —exp(—a;\;)} a, ;. _,_(0;\1; ]asj

1+2¢+%+,BA {l—exp(—o;\‘;ﬂ

Lay; =

A.6

Similarly for the first and top cell concentration of hydrogen in liquid phase can be written

as

First cell:

0 A

LIN AgA L
I kpag H_j_Alj = (uy, +u, )AIA,' —uy Ay A, tka, (WJ(AIJ _AS‘/) AT

Final dimensionless form

a a,,
(alj—l +¢alj+1 )+ Zy {I_CXP(_]\;ﬂagj—l +( ]\l/ jas}
a, =

] 1+¢+0;\1; +ﬂ{1—exp£—0;\;ﬂ

N™ Top cell:

A8

LIN Ag_ L
[ k.a, A =, 4 vuy A, vu, )4, +ksap(ﬁj(A,j—ASj) A9

Final dimensionless form
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A.3  Concentration of Hydrogen on Catalyst Surface

The concentration of hydrogen on catalyst surface can be calculated as

kap(£j<Alj—As )_£ k5D1j+k8Ej+k9Hlj
N J

s =

N 1+KA\/AT

In dimensionless form

A.4  Mass balance of PPDA in Liquid Phase

Middle cells:

The mass balance of PPDA in liquid phase can be written as

L
[(”m Tu, )sz—l tupB |- ((u”‘ T )B“ By ): (WJRI

(1+¢)Blj71 +¢Blj+l _Blj (1+ 2¢) -

( LN)[kequ/j _kquDlj (D/J +2F}J' + Glf +2HU +2P/j )]

U,

u

A.10

A.ll

A.12

A.13

The above equation has been made dimensionless on the basis of initial substrate

concentration Bj; as

o
(1 + ¢)blj—1 + ¢blj+1 - bz/ (l + 2¢) = ]:,1

b

1j =
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Final dimensionless form

b, =

(04
(+ )b, + 0, )+ e, ld, +2f, +g, +2h, +2p, ]

1+2¢+ 2L
/ N

First cell:

[”luBlj—l +uB, - (ulu Tu, )Blj ]: (%j&

Final dimensionless form

a
(b,j_1 +¢b,j+1)+;[2d,j [dlj +2f, + g, +2h, +2plj]

b, =

J a
1+¢+ 2L
¢ N

Top cell:

L
[(”zu +u, )Blj—l —uyB, |= (ﬁle

Final dimensionless form

a
((1+¢)blj1)+]f,2dl_/ [dl_/ 201 8 20+ 2p1_,]

b,j =
Ap,

¢+7

A.l14

A.15

A.l6

A.17

A.18

Similarly, the mass balance of M-imine, Di-imine, M-amine, Intermediate and Di-amine

can be derived. The final dimensionless forms are given in section 3.2.3.
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A.5 Non-isothermal Model

Middle cells:

The non-isothermal model for the middle cells can be written as

(ugpgcpg +u, p,C +2u,pC, )T/ - (ugpgcpg +u, p,C,y +uy,pCy )TH +u,p,C, T,

J+l =

(CAHL g 1 CAIL py CAHLL (AL

N N [R4]_UWAW(7} _Tw)

N N
A.19
Final dimensionless form
17,05 (dlj +hgs /) +k95hlj)\/asj B,
0=-"< +2\a.b. —a,.d . (d.+2f.+g +2h.+2p,.
Ng, By 1+ka\/z_,- N[ r19; R2 1_/( 1 fz_, 8 T pz_/)]
B
+ﬁ|:aR3dlj Q4 (dlj +2f,+g,;+2h;+ 2]91_/)]
B B
+#|:aR6glj —Qpohy, (dlj +2/,;+8,;+2h, +2plj):|_712(6j _Hw)
+ 5 ‘9/71 + B, 9_/+1
A.20

Similarly for the first and top cell, the non-isothermal model can be derived. The final

dimensionless forms of non-isothermal models for first and N™ top cell are given in section
3.2.3.
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NOMENCLATURE

agp = gas-liquid interfacial area,m*/m’
a = dimensionless concentration of hydrogen in the liquid phase,
(A1.H4/Ago)
a, = external surface area of the pellet, [6w/p,d,], m™
A* = saturation solubility of hydrogen, kmol/m’
A = concentration of hydrogen in the liquid phase, kmol/m’
A = concentration of hydrogen on the catalyst surface, kmol/m’
b, = dimensionless concentration of PPDA in the liquid phase, (By/Byi;)
By = concentration of PPDA in the liquid phase, kmol/m’
By = initial concentration of PPDA in the liquid phase, kmol/m’
Cu = concentration of MEK, kmol/m®
Cwo = concentration of water, kmol/m’
CH20 = dimensionless concentration of water
Co = heat capacity of liquid, kJ/kg/K
Cog = heat capacity of gas, kJ/kg/K
d; = dimensionless concentration of M-imine in liquid phase, (D/ B;;)
Dy = concentration of M-imine in the liquid phase, kmol/m’
D, = effective diffusivity, m?/s
Dy, = molecular diffusivity, m*/s
d, = particle diameter, m
dr = reactor diameter, m
E; = activation energy for hydrogenation step i, kJ/mol
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fi = dimensionless concentration of di-imine in liquid phase, (¥ By;)

F; = concentration of di-imine in liquid phase, kmol/m’

F, = froude number, (ugz/ (gxdp))

g = dimensionless concentration of M-amine in liquid phase, (G/ Bj;)
G = concentration of M-amine in liquid phase, kmol/m’

g = acceleration due to gravity, m/s’

hy = dimensionless concentration of intermediate in liquid phase, (Hy/ By;)
H, = concentration of intermediate in liquid phase, kmol/m’
H, = henry’s constant of solubility for H,, kmol/m’/atm

Hy = solubility coefficient of hydrogen, (44/4)

ks,ksand ks = reaction rate constants, (m’/kg)(m’/kmol)*’s

kss = dimensionless rate constant, (ks/ks)

kos = dimensionless rate constant, (ko/ks)

ka = dimensionless adsorption equilibrium constant, (K, As ")
kiag = gas-liquid mass transfer coefficient, gt

ks = liquid-solid mass transfer coefficient, s

Ky = adsorption equilibrium constant, m*/kmol

L = length of reactor, m

N = number of cells

pi = dimensionless concentration of Di-amine (P/B;)

P = concentration of Di-amine in liquid phase, kmol/m’

P, = prandtl number, (Cy; £45/2)

qs = stoichiometric ratio (B;/Aqo/H 1)
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R; toRs

Ry

R

Stw

Uy
Uip
Up
Vr
w
zZ
Greek letters

oy
s

OR], OR3, ARG

reaction rates for individual reaction steps (Figure 3.1), kmol/m’/s
radius of catalyst particle, m

reynold’s number, (d, ugps/1us)

overall rate of hydrogenation, kmol/m®/s
global rate of hydrogenation, kmol/m®/s
universal gas constant, kJ/kmol/K

surface tension of water, dyne/cm

surface tension of liquid, dyne/cm

inlet temperature, K

outlet temperature, K

wall temperature, K

bed-to-wall heat transfer coefficient, kJ/m*/K/s
gas velocity, m/s

net liquid velocity, m/s

back liquid velocity, m/s

terminal settling velocity of particle, m/s
reactor volume, m’

catalyst loading, kg/m’

dimensionless reactor length

dimensionless gas-liquid mass transfer coefficient
dimensionless liquid-solid mass transfer coefficient

dimensionless forward reaction rate constants
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Ry, 0re, g7 = dimensionless backward reaction rate constants

Qrs, Qrs, dro = dimensionless reaction rate constant
Bi-Br, & = dimensionless thermicity parameters
Bs-Pii
Bs& iz = dimensionless heat transfer parameters
s, Br— = dimensionless parameters defined by eqgs. 3.25 and 3.26
B3, B4
By = dimensionless parameter defined by equation 3.9, (ug H4/u;)
AH,; = heat of reaction for catalytic hydrogenation steps, kJ/kmol
AH,, AH;, = heat of reaction for equilibrium reaction steps R;, R, and Ry
AH, respectively, kJ/kmol
& = gas hold up
o = dimensionless exit temperature, (7,/7)
6, = dimensionless wall temperature, (7',/7;)
.1 = dimensionless inlet temperature, (7}.;/T;)
etr = effective thermal conductivity, kJ/s.m.°C
o = density of the liquid, kg/m’
oy = density of the slurry, kg/m’
Pe = density of gas, kg/m’
Op = density of catalyst particle, kg/m’
7 = viscosity of the liquid, kg/m/s
sy = viscosity of the slurry, kg/m/s
U = viscosity of the gas, kg/m/s
@ = parameter defined by equation 3.8
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CHAPTER-4

Modeling of Fixed Bed and Slurry Reactors for
Reductive Alkylation of p-Phenylenediamine:
A Comparative Study




4.1 INTRODUCTION

Three phase catalytic reactors are used in a large number of chemical processes such as
hydrogenation, oxidation and alkylation." They can be classified in two main types: fixed
bed reactors (FBR) wherein gas and liquid phase reactants flow through a bed of large
catalyst particles, and slurry reactors wherein small particles of catalyst are suspended in
the gas-liquid mixture. For any catalytic reaction, it is often possible to use either a slurry
or a fixed bed reactor. The selection of appropriate multiphase reactor is important since it
greatly impacts the total capital cost and manufacturing costs for any industrial chemical
process.” The important factors to consider in the selection of reactors for any chemical
process are to achieve highest possible conversion of reactant and selectivity to desired
product with minimum byproducts and the feasibility of scale-up to commercial scales. It is
also important to identify the most effective mode of operation for the selected reactor.
Possible approaches for selecting the most suitable reactor configuration® are discussed in
the following.

The different approaches for the selection of a reactor type are being discussed in the
literature such as heuristic-numeric consulting scheme,” stochastic optimization
technique®® etc. " Krishna and Sie® proposed an effective approach for selecting reactors
based on three levels: catalyst design, injection and dispersion strategy, and choice of
hydrodynamic flow regime. Such analysis can guide the development of the catalyst with
desirable properties and the development of right size and shape to fit into the best reactor
type. Moreover, the approach requires the quantitative models for the flow pattern, phase
contacting and transport in various multiphase reactors.” Mathematical modeling of reactors
to simulate their performance is crucial for the selection of best reactor type for a given
chemistry and catalyst. The modeling facilitates examination and comparison of the
distinguishing features of the reactors for successful scale-up. Development of efficient and
reliable models for multiphase reactors is still a difficult task because it involves many
aspects including hydrodynamics, gas-liquid and liquid-solid mass transfer, heat transfer,
pore diffusion and reaction kinetics.'%***2131% Model assessment has mostly been reported
for a single reaction or reactions with simplified kinetic laws under isothermal
conditions.’>***"1® The selection among multiphase reactors for industrially important

case studies based on detailed analysis and modeling has hardly ever been published.®?°
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The relevant literature survey on modeling of three phase catalytic reactors has been
presented in Chapter-1 (Section 1.3).

In this chapter, a detailed theoretical analysis of fixed bed (downflow and upflow) and
slurry reactors (CSTR and BCSR) has been presented with reductive alkylation of p-
phenylenediamine with methyl ethyl ketone using 3%Pt/Al,O; catalyst as an example of
complex multistep reaction. The complete reaction scheme was elucidated and the intrinsic
kinetics of the reaction has been discussed in Chapter 2, Part-A. There is no detailed
analysis and comparison of different types of multiphase reactors for this particular reaction
system. A schematic of the reaction considered in this work is shown in Figure 4.1 in
Section 4.2.1. It should be noted here that the BCSR model is already described in Chapter-
3, which when used for number of cells N = 1 reduces to the CSTR model (see Section
4.3.2). The detailed modeling of fixed bed reactor with downflow and upflow mode is
described in this chapter. First, the fixed bed reactor models were used to evaluate the
performance characteristics of the reactors and a comparison of the salient features of the
reactor configuration for the considered reaction system is discussed. Finally, the
performance of various reactors (FBR, BCSR, and CSTR) was carried out to evaluate
comparative reactor performances based on the selectivity and productivity towards the
desired product Di-amine. The different multiphase reactor models presented here will be
useful for developing insight into the effects of various operating parameters on the overall

reactor performance.

4.2 FIXED BED REACTOR (FBR) MODEL

In this work, the effect of axial dispersion on the FBR performance has been
investigated by establishing both “axial dispersion’ and ‘plug flow’ models. For predicting
the fixed bed reactor performance with downflow i.e. trickle bed reactor (TBR) mode, the
approach of Rajashekharam ez. al.?! has been followed and further extended to account for
the axial dispersion. The axial dispersion is accounted for in the reactor model via the axial
dispersion coefficient Dg; for the reactants as well as for the products. For the upflow
reactor, the TBR model has been modified suitably. Thus, the model explicitly describes
the following issues in the reactor:

i) Axial mixing in dynamic liquid phase
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i) External and intraparticle mass transfer for a gas phase reactant (hydrogen)

iii) Partial wetting of catalyst particles (for trickle bed mode)

iv) Role of stagnant liquid pockets (for trickle bed mode)

V) The reactant and products concentration variation across the reactor in dynamic and
stagnant liquid portions of liquid texture (for trickle bed mode)

vi) Heat generation by catalytic and noncatalytic reaction steps (for plug flow model)

For the purpose of developing FBR model for the reductive alkylation of PPDA, the
intrinsic Kinetics reported in Chapter-2 (Part-A) has been used. The proposed rate equations
for the different reaction steps (Figure 4.1) are explained in the following section. A

detailed description of FBR model equations is given in the subsequent sections.

4.2.1 Intrinsic Kinetics

The intrinsic kinetics for the reductive alkylation of PPDA with MEK to N, N’-di-sec-
butyl-p-Phenylenediamine using 3% Pt/Al,O3 as catalyst has been presented in Chapter-2
for a batch slurry reactor. Based on this work, the reaction network is described as shown in
Figure 4.1.

The following types of rate equations for non-catalytic (R1, R, and Ry) steps have been

found to adequately describe the individual homogeneous reaction steps involved,

R =k B, ~k,;D,Cppp 4.1

R, =k3D, ~k o FiCpy 4.2

R, =k, sG, — ko H,Ch o 43
where, k., =k,1,,C.o koss = KoyanCorr Kegs = KogonCon

Cyo=(D,+2F,+G,+2H, +2P)
where, keg1, kegs, keqs AN keg2, keqs, keq7 are the forward and backward reaction rate constants
respectively for the steps R;, R, and R4 as shown in Figure 4.1 and C,, represents the
concentration of methyl ethyl ketone. For most practical situations, MEK is used in large
excess with respect to PPDA and its change in concentration during the course of a reaction
is negligible. Therefore, all the forward reaction steps were considered to be pseudo first

order reactions.
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Figure 4.1. Detailed reaction scheme of reductive alkylation of PPDA with MEK in
presence of 3% Pt/Al,O3 catalyst

The following types of Langmuir-Hinshelwood rate equations have been found to
adequately describe the individual catalytic reaction steps (Rs, Rs and Rg), (Section
2(A).3.5)

_ Uchle\/A_s 4.4
(LK ) |
R :M 45

(1+KA\/AT,)
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Uchng\/A—s
=< X 3 4.6
(l+ KA\/Z)

In equations 4.4-4.6, A, represents the concentration of hydrogen on the catalyst
surface. Definitions for the remaining variables are given in the Notation Section. The
kinetic parameters are presented in Table 4.1 based on the experimental study discussed in
Chapter 2.

Table 4.1. Kinetic Rate Equation Parameters

Tem p . keql kqu keq3 keq4 k5 keq6 keq7 k8 K9 KA
K x100 x10° x10° x10° x10° x10° x10° x10° xI0°

373 0.1248 0.0351 1.214 0.0692 0.0639 0.2539 0.072 0.2035 0.4110 1.605
393 0.2091 0.2562 2.910 0.3732 0.1091 0.2018 0.2397 0.3980 0.5147 1.111
413 0.2440 0.8807 2.982 0.3981 0.1481 0.6497 1.267 0.3923 0.6609 1.6395

4.2.2 Trickle Bed Reactor (TBR) Model

4.2.2.1 Assumptions of the model

For the purpose of developing a trickle bed reactor (TBR) model applicable to reductive
alkylation of PPDA with MEK, the approach of Tan and Smith?* and Chaudhari and
Ramachandran® was used to evaluate an approximate solution of the catalytic effectiveness
factor under conditions of partial wetting and in the presence of significant stagnant liquid
pockets in between the catalyst particles. The spherical catalyst particle was assumed to be
divided into three zones as shown in Figure 4.2: (1) a dry zone, (2) a wetted zone covered
by the flowing dynamic liquid and (3) a wetted zone covered by the stagnant liquid.?* It
was also assumed that

() gas and liquid are in plug flow

(b) dissolved organics are nonvolatile and the reaction takes place only in liquid phase

(c) liquid phase reactants are in excess when compared to the gaseous reactant

(d) the solubility of hydrogen in the liquid phase follows Henry’s law

(e) the gas-liquid, liquid-solid and intraparticle mass transfer resistances for H, are

considered, whereas the liquid-solid and intraparticle mass transfer resistances for

the liquid-phase components are assumed to be negligible
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(F) since, the gas feed generally consists of pure hydrogen and the liquid phase
components are non-volatile, mass transfer resistance in gas phase was assumed to
be negligible; also since pure hydrogen is generally used, mixing in the gas phase
was considered to be unimportant

(9) the interphase and intraparticle heat transfer resistances are negligible, but bed-to-
wall heat transfer has been considered to incorporate the non-isothermal effects

(h) the catalyst is wetted completely internally due to capillary forces

(i) the overall catalytic effectiveness factor can be expressed as a sum of the weighted
average of the effectiveness factor in the dynamic covered, stagnant liquid covered
and complete gas covered zones, respectively, i.e.,

.=t + (= fa=f)n, 4.7
where, 7. is the overall catalytic effectiveness factor, f; and f; are the fractions of the

catalyst particle covered by the dynamic and stagnant zones and 7.4 7., and 7., are the

catalytic effectiveness factors in the dynamic, stagnant and dry zones, respectively.

Dynamic Zone Dry Zone

A*

Catalyst
Particle

Kex

Als Static Zone

Figure 4.2. Spherical catalyst particle shown as divided in three zones

4.2.2.2 Estimation of Overall Catalytic Effectiveness Factor

The catalytic effectiveness factor equations applicable to reductive alkylation of PPDA
can be developed following the well-known approaches.'®** Under the conditions of
significant intraparticle gradients for the gas-phase reactant (H,) and when the liquid-phase
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reactant is in excess, the following equations can be used. The overall rate of hydrogenation
can be expressed as (combining equations 4.4-4.6)

(kD + ke Fy + kg H, )N A

T )

where, 7. is the overall catalytic effectiveness factor and for spherical catalyst particle

4.8

expressed as
1 1
1. =—| coth3¢p — —] 4.9
¢ ( 3¢

where, ¢ is the Thiele parameter and can be derived by Bischoff approximation®* method as

4, -2
¢= g p,24,) {j 2D, pr(A)dA}

12

¢= dA 4.10

R p, (ksD, +keFy +kH, )[4, ’} 2D,p, (ksD, +koF, +koH, )N A
3

(1+KA\/A7S) 0 (1+KA\/Z)

or in terms of dimensionless form as

-0.5

4= ¢0[(d’ +k851€ ;l:f;;,h’) | \/Z]x[(LL koJa, | —4+k, Ja, J+2inf+k, \/Z)+3}

411

412

The magnitude of the Thiele modulus determines the contribution of intraparticle diffusion

to the overall reaction. Hence, for dynamic, stagnant and dry zones, the Thiele parameter
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(¢) was calculated based on the catalyst surface concentration of hydrogen in respective

Z0nes as

dz kssfl k95hl " sx 2 -05
¢x_¢o[( i 1+J’;\/Zx) \/T}x[(lﬁtl@@) —4(1+ka\/g)+2In(1+ka\/a)+3}

4.13
Hence, the catalytic effectiveness factor in respective zones can be calculated as
n.= i[CO'[h 3¢5x —LJ 4.14
¢x 3¢x

where the subscript x denotes the dynamic (d), stagnant (s) and dry (g) zones in the reactor
respectively.

With this, the overall catalytic effectiveness factor can be calculated from equation 4.7.
The dimensionless parameters used in expressing ¢ are listed in Table 4.2 in the next

section.

4.2.2.3 Axial Dispersion Model

The axial dispersion model (ADM) at steady state for the different species involved in
the reaction (Figure 4.1) is described as follows. The axial dispersion model can be reduced
to the plug flow model by considering negligible axial dispersion. The detailed derivations
are given in Appendix-B. For the purpose of normalizing the governing equations, the
model parameters were grouped into the various dimensionless parameters as defined in
Table 4.2.

The mass balance of hydrogen (A) in dynamic liquid phase is given as

p Ay d4,

EL 1
dx? dx

+ kLaB (A* - Ald) = fdksdap (Ald N Asd )+ L (Ald B Al»f ) 415
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At steady-state conditions, the sum of convection term and the gas-liquid mass transfer
term are in equilibrium with the liquid-solid mass transfer term in the dynamic zone and the
volumetric mass exchanged between the dynamic and stagnant zones. In a previous study
by Hochmann and Effron®, it was shown that the exchange rates between the dynamic and
stagnant zones can be explained by the volumetric mass exchange coefficient, K., and with
the help of a cross flow model. Thus in the dynamic zone, we also have

Jalhaty 4 4)= for L wlD, lFi o) 4, 4.16

U, ul(1+KA\/z)

In the stagnant zone we have

K6, (4, -4, )=fka,(4 -4 )= Sinow(ksD, + ko, + kg H, )[4, .

oK)

The liquid entering the stagnant zone from the dynamic zone, characterized by the
volumetric mass exchange coefficient, K,,, containing the dissolved gaseous species A, at
steady state, is in equilibrium with liquid-solid mass transfer term in the stagnant zone and

the reaction in the catalyst particles in the stagnant zones (including pore diffusion effects).

The mass balance for species A in the dry zone is

1-f,- w(kyD, +kyF, +koH,) |4
(1_ﬁ1_f¢)kgsa,,(z4*—z4sg):( Ja fs)77c (51 gl T Ky 1)\/: i1

o)

Equations 4.15-4.18 can be simplified and expressed in terms of dimensionless parameters.
The unknown catalyst surface concentrations of H, can be suitably expressed in terms of
known parameters. The final mass balance equations in dimensionless form for species A

are given as
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1 d’a, da LK ¢
E dZsz _d_zld"'agl (1-a,)= fion (@, —a, )+ uelx “(a, -ay) 4.19
with
d, + kg f,+kyh ) |a
a, (a, -a, )=ﬂcaR5qB[( el o ’)‘/T”’} 4.20
e L4k, fa,,
d, + kg f, +kyh
as(az—as)—m%sq{( il ke ’)\/Z} 4.21
e Lk, fa,
d, +kgf,+kyh ). |a
%, (1asg)‘maR5qB!( (el l)\/:} 4.22

1+ka\/§

Similarly, the mass balances of liquid phase reactants/products in dimensionless form can

be given as
%%_%_‘%[“M@ oty | =0 4.23
o o - ]2 o 225
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idzgld . dg, _{UcadeIZ _

P 422 d= 7 & I:aRGgl —Qpehycp o ]} =0 4.26

1 d%h, dh 1. (s f, — Aol 2

E?zld_d_j_{gl [aRGgl—amh,cHzO]— k8 IqB RO1 =0 4.27
idzpzd _dpld _ n.9roM X -0 4.28
P d’ dz qs

where,

A O N R e e AN 429
Ltk Ja, L+k,Ja, L1tk fa,

and
Cho=d,+2f,+g +2h+2p, 4.30

Lastly, in deriving non-isothermal trickle bed reactor model, the dependencies of
various parameters like reaction rate constants, equilibrium constants, effective diffusivity
and saturation solubility on temperature are accounted for. The change in rate and

equilibrium constants with respect to temperature can be represented as:

1

k (T):k,.(zg)exp{%(l‘éﬂ

K,(T)=K, (E)eXp{ﬂ@_%ﬂ

RT,

431

where 8 = T'/ T; and T; is the inlet operating temperature. The effective diffusivity was

calculated as
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D,(T)=D - 4.32

where, D,, is the molecular diffusivity and is evaluated from the correlation of Wilke and
Chang®, and ¢ and 7 represent the porosity and the tortuosity factors. The dependence of

saturation solubility on temperature is given as

(4), =[P-(R),][(H.),] 4.33

where, P, is the change in vapor pressure of the solvent (MEK) due to temperature rise,

given as:

6143.6

P, = Exp{72.698—( j—7.5779x In (T)-i—(5.6476><10’06 xT? )} 4.34

H., is the Henry’s law constant (Chapter-2, Section-2(A).3.2), expressed as

(H)r=12x10° xexp (2.7 x10° x T)  for 5% PPDA 4.35
(H)r=18x10° xexp (2.2 x10°x T)  for 10% PPDA 4.36
(H)r=3x10"xexp (6.9 x10°xT)  for 15% PPDA 437

The above equations 4.35-4.37 are applicable when methyl ethyl ketone and a particular
PPDA composition are considered. Owing to the exothermicity of the reaction, an increase
in the bed temperature is expected and as a consequence might lead to enhanced rates. The
heat generated within the reactor is mainly carried away by the flowing liquid and also due
to transfer of heat from the catalyst particle to the reactor wall, which is characterized by
the bed to wall heat transfer coefficient, U,.. Under such conditions, where the interphase
and intraparticle heat transfer resistances are assumed to be negligible, the heat balance of

the reactor can be given as'
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(_AHl)RA + (_AHZ)Rl + (_AHa)Rz
4u,(1,-T,)
dr

T _

oG 2 Cor) =)ty -
4 4

(_AHl)ﬂcW(ksDz +koF, + kg H, )\/A_b

(1+KA\/A_S)

dT | +(-AH,)| kB —k,,D,C

(wpC, +ugpgcpg)g= o) KB =KD Civo | 4.38

+(-AH,) [kequl - keq4ECH20]

4U, (T, -T,
+(-AH,) |:kquGl _keq7H1CH20] _¥
T
The above equation in dimensionless form can be written as
d, +kg [, +kyh
40 ﬂl’]caRS( |+ kes ) + Ko z)Z LB, [ambz _adechz()]
d_: qs 4.39
Z

+/4 [aRSdl - aR4ﬁCH20] + 5, [angz - aR7hICH20] — 5 (017 - gw)

where, f to fx are thermicity parameters. Equation 4.39 can be used to predict the
maximum temperature rise along the length of the reactor. The dimensionless parameters
used in the above equations are presented in Table 4.2. The hydrodynamic and mass
transfer parameters required for the calculations of the dimensionless parameters were

calculated from literature correlations and are presented in Table 4.3.
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Table 4.2. Dimensionless Parameters Used in the Model

Mass transfer parameters

Gas-liquid mass transfer
Liquid-solid mass transfer
Gas-solid mass transfer

Exchange parameter for

a, = LkLaB/ul
Qg = Lksdap / U,

a, =Lk,a,/u

a =Lk a u
stagnant zone w0y [t
Axial mixing parameter P =u,L /D,,
Peclet Number
Heat transfer parameters (_ AH ) B
_ xlx=1-4 ) 7l
. . 'Hx x=1-4
Thermicity parameters IpC, [1+ (ugngpg/u,,o,Cp, )]
Bed-to-wall heat transfer AU I
135 = =
DTulplel |:1+ (ugpgcpg /ulplcpl )]
'B — (_AHX x:174)B”
X lx=6-9 7
O
! ulplcpl ur ¢ Py pchl plcpl ]
5= AU, L
10 — —
Dyu,p,C,, 1+(ugpgcpg]+[Lj [l—Eg—wJ+8gng”g LC’”
quICpI ur P, pchl pICpI ]
Reaction rate and k k "
R k85_k_8; k95:k—9; ka=KA\/A
equilibrium constants 5 5
Lk Lk ) Lk
qp= L Oy e T o ey = i ;
ulu ulu ulu
Lkeq4Bli1 . _ L Wk5 Bll _ Lkqu
A gy 7aR5 - ) aRe_
ulu ulu ulu
Lk,,B, Lwk,/B, Lwk,./B,
O p7= ' Ry — g, =
ulu Z’llu ulu
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Table 4.3. Correlations Used for Downflow Modeling

Parameter Correlation Reference
Gas-liquid mass-transfer i 6xD, xp, xu,
a, =
coefficient o ﬂ1°'4 ><SC,O'5 27
1 10- 1 0.333
Liquid-solid mass transfer Kd,a, _os1sp o2 A
coefficient D, a, eL oD, 28
Gas-solid mass transfer k,D _0.023R, 0.8 SC°'33
coefficient L ‘ 29
Volumetric mass exchange K, =001R, 0.6
coefficient 25
Total liquid hold
1qui up & _ 0.1854 1 °%
€p 30
_tAL 0.09 1/3
Bed-to-wall heat transfer Ud, _ 0 057[ R, ] [Cpl 4 j
coefficient A, €, A, 31
Wetting efficienc s
: Y  _1104R, 2| AP/ 2)] pig]
w ) € Ga 32
Diffusivity coefficient ) ( M )% T
D = 7.4x10° u
m ' /ul UmO.G 26
Axial dispersion coefficient 07
p ud, _ R.. (G )70.32
Dy, €l “ 33

4.2.2.4 Estimation of Hydrodynamic Parameters

As indicated earlier, the model is applicable for conditions of complete wetting of the

catalyst particles (f; = 1, f; = 0), partial wetting of the catalyst particles (f; < 1, f; = 0) and

when there are significant stagnant liquid pockets (f; < 1, f; < fz). In order to evaluate the

wetted fractions in the two zones (dynamic and static) separately, as a first approximation

we have assumed that the ratio of the wetted fractions in the dynamic and static zones is

proportional to their respective liquid hold ups, i.e.
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On the other hand, the sum of the two wetted fractions (f; + f; = £,,) is equal to the total
wetted fraction f,,.. Also, the total liquid hold up & is equal to sum of the stagnant liquid
hold up, &, and the dynamic liquid hold up, &4, i. €. (& = &5+ &a). There is very limited

information available on stagnant liquid hold up, &, however, Zai-Sha et. al,**

reported
experimental data from which g5, was found to be 0.05. The total liquid hold up, &, was
evaluated from the correlation proposed by Sato et. al. (Table 4.3)*. The dynamic liquid
hold up (&4) can be evaluated from the difference between the total liquid hold up () and

the static liquid hold up (&;). Thus the wetted fraction £; and f; are given as

_
Ja= (1+e&,/e,) 441
fo=f.—1 442

Equations 4.41 and 4.42 indicate that with the knowledge of total wetted fraction, and from
the dynamic and static liquid hold ups it would be possible to calculate the wetted fractions
in the two zones separately. The total wetted fraction was calculated from the correlation
proposed by Aldahan (Table 4.3)* under the reaction conditions considered.

For a gas-liquid-solid reaction in a trickle bed reactor under conditions of stagnant
liquid pockets, it has been shown by Sicardi ez. al.*®> and Colombo er. al.*® that the liquid-
solid mass transfer in the stagnant zone (k) can be as much as 20-100 times less than the
liquid-solid mass transfer in the dynamic zone (k,,) and as much as 20-30% of the total area
of the catalyst can be covered by stagnant zones under certain conditions. For the present
study, no significant variation in the performance of reactor was observed when £ varied
in the range of 20-100 times less than the k,; and hence, was assumed to be equal to 100

times less than k.
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4.2.3 Up-flow Reactor Model

The reaction kinetics and transport dynamics are closely interlinked and their effects on
reactant conversion and products selectivity are inseparable. Therefore, the model
equations described earlier for the down-flow reactor can also be used for the up-flow
reactor with the appropriate modifications of mass transfer and hydrodynamic
parameters.>” These parameters include the degree of catalyst wetting, mixing and flow
pattern of the fluids, axial dispersion coefficient, and the liquid hold up. The selection of
hydrodynamic conditions depends not only on the processing requirement, but also on the
contacting pattern. As shown in Figure 4.3, the nature of multiphase contacting in various

flow modes (cocurrent downflow or upflow) is distinct.

PARTIAL WETTING COMPLETE WETTING
o
— CATALYST —
| LQuUD — | o
GAS 00 o ho -
I T°T °
(Trickle Flow Regime) (Bubbly Flow Regime)

Figure 4.3. Contacting pattern in trickle flow and bubble flow regimes

When the bed is operated in trickle flow regime under partial wetting conditions for the
catalyst pellets, gas phase is the continuous phase and liquid phase is the dispersed phase.
However, the packed bubble column (i.e. FBR with upflow mode) operates in bubbly flow
regime with fully wetted catalyst pellets. In this regime, the solid particles are completely
wetted by the continuous liquid phase, whereas the gas phase is dispersed as bubbles
flowing through the packing channels. The key differences in modeling downflow and
upflow modes are the values of the mass transfer parameters and the catalyst wetting
efficiency. Since, the upflow operation is characterized by high liquid hold up, it was
assumed the catalyst wetting is complete. Hence, the wetting efficiency was taken as unity.
The correlations used for the evaluation of mass transfer and hydrodynamic parameters for
the up-flow mode are presented in Table 4.4. These parameters were used for the

simulation of results under wide range of operating conditions.
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Table 4.4. Correlations Used for Upflow Modeling

Parameter Correlation Reference
Gas-liquid mass- k,a, =5.48x10° [uzdgl]o's 39
transfer coefficient
Liquid-solid mass 2 40

o k. =|0.48In &xloz ~0.03] In Ex102 03|25
transfer coefficient, 4, R, R, d,
Pressure drop per unit s l]o.s 2f,u.2p, 41
8 =
length of reactor, &, d,
Liquid hold up ¢ =e, 147 ReLo'n Rec—o.lg (apdp )—0.41 42

Axial dispersion ud, _ 0128x 7 xR, "¥5xR, % (a p )0.53 42

coefficient D,, rer

4.3 SLURRY REACTOR MODEL
4.3.1 Bubble Column Slurry Reactor (BCSR)

The BCSR model developed in Chapter-3, Section 3.2, was used to evaluate the reactor
performance at some specific reaction conditions for the purpose of comparison with the
fixed bed reactor. The model was based on the mixing cell approach and further extended
by including a liquid backflow stream from all but the bottom most mixing cell. CFD
model was used to estimate the extent of backflow among the mixing cells. The model
incorporates the contributions of gas-liquid, liquid-solid mass transfer, heat effects and the
intrinsic kinetics. In Chapter-3, the comparison of BCSR with and without consideration of
backmixing within the reactor was discussed. In this chapter, this model is used to compare
the reactor performance with FBR model for the reaction system considered in this work.

4.3.2 Continuous Stirred Tank Reactor (CSTR)
The BCSR model can also be used to develop CSTR model with the following

modifications:
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e Number of cells (V) = 1, corresponds to the case of complete backmixing, and
hence, the temperature and liquid concentration throughout the reactor are assumed
to be constant and equal to the outlet conditions

e The correlations for the evaluation of hydrodynamic and mass transfer parameters
as shown in Table 4.5

e Non-isothermal model: For CSTR, the total heat capacity of the contents of the
reactor was added in the non-isothermal model of BCSR to account for the heat

effects as follows:

ngpgcpg+L(1_gg _W/'OP) (T_To) (_AHl)RA +(_AH2)R1 +(_AH3)R2

+LwCp, =7 4U, (T, -T,) 4.43
+(-AH,)R, —————=

+T(u,p,Cp,+ugngpg)(T—To) dr

The final dimensionless form of non-isothermal model for CSTR can be written as

0=1+ Bsps {(dz + ks /) +k95h,)\/ai

Ng, 1k, \/a—s :l + 5, [ambz —Qgyd, CH20] 4.44

+ [y I:aR?)dl — g,/ CH20:| + [y [ak6gl — Aoy o } - B0 (0-6,)

The dimensionless parameters used in the model are given in Table 4.2.
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Table 4.5. Correlations Used for CSTR Modeling

Parameter Correlation Reference
Gas-liquid mass-transfer &, a, =0.01099x N,"*® x d,** xu *% x 0% 43
coefficient

1 1d- i 0.25
Liquid-solid mass transfer kd, o edp4p,3 { u Té 44
L =2+0.
coefficient, & F. PE oD
1 -0.38 -0.18
Power Consumption £:0.497{ 0, } [erdlspl} 45
pa Nrd13 ST
Diffusivity coefficient 26
! D, = 7.4x10° (¢Mw)%T
m ) 0.6
ﬂl Um
Gas hold up p 1% 46
5g — 0.011ug0.36ST—O.3GIul—O.056 {V£+V_g:|
L L

4.4 NUMERICAL SIMULATIONS

PPDA is a solid reactant and has low solubility in MEK. Hence, the intrinsic Kinetics
for reductive alkylation of PPDA with MEK using 3% Pt/Al,O3 catalyst was studied after
reaching the equilibrium among PPDA, M-imine and Di-imine (Chapter-2: Part-A) i.e. the
complete homogeneous liquid mixture. Also, it was already observed that the equilibrium
reaction was not affected either by catalyst or by hydrogen. Hence, the numerical
simulations for all the reactors (FBR-upflow and downflow, BCSR, CSTR) considered in
this work were carried out under the assumption of equilibrium mixture (PPDA, M-imine
and Di-imine) entering into the reactor and conversion and selectivities to the products
were evaluated based on the total initial concentration of PPDA. The boundary conditions

used for the fixed bed and slurry reactor models are given in the following sections.

4.4.1 Fixed Bed Reactor (FBR)

The performance of FBR has been investigated using the axial dispersion model
(ADM) and plug flow model.
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4.4.1.1 Axial Dispersion Model

The axial dispersion model (equations 4.19-4.29) was solved as two point boundary
value problem (BVP) using the function ‘BVP4C’ for second order differential equations
and ‘FSOLVE’ for non-linear equations in MATLAB 7, 2004.%” The following boundary

conditions were used to investigate the effect of axial dispersion on reactor performance,

At z=0, %{%%J=%—%
>\ dz

where,x =a,;,b,,,d,y, fias &1 M Pua
4.46

by

At z =1, =0

dz

where,x =a,;,b,,d ;s f14s &M Pua

4.4.1.2 Plug Flow Model

The axial dispersion model can be reduced to the plug flow model by considering
negligible axial dispersion and therefore the calculations can be markedly simplified. The
two point boundary value problem can be eliminated. Therefore, for solving the plug flow
model, equations 4.19-4.28 were first reduced to first order differential equations by
eliminating the second order differential term. The plug flow model (Equations 4.19-4.29
combined with Equation 4.39) was then solved as initial value problem (I\VP) using the
functions ‘ODE45’ and ‘FSOLVE’, differential and non-linear equation solver
respectively, in MATLAB 7, 2004.*” The following initial conditions were used for all the
plug flow model simulations
Atz =0, b, d, f; = Dimensionless equilibrium concentrations; and

a=1g=h=p=0;60=1, 4.45
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4.4.2 Slurry Reactor

The slurry reactor models (BCSR and CSTR) were solved using the function
‘FSOLVE’, non-linear equation solver in MATLAB 7, 2004*" with the following initial
conditions,
Atz =0, b, d, f; = Dimensionless equilibrium concentrations; and

a;=1;g;=h;=p;=0;6?=1;

For any given set of inlet boundary conditions of fixed bed and slurry reactor models,
the concentrations of reactant/product species and temperature were calculated along the
length of the reactor and at the exit of the reactor. At any given length of the reactor, the

fractional conversion of PPDA was calculated as
X, =1-b, 4.47
The global rate of hydrogenation taking into account all the hydrogenation reaction
steps involved in the overall reaction sequence (Figure 4.1) was calculated as
R, :T'(gz_/+h1_/+2p1_/)Bn 4.48
In equation 4.48, 7' is the mean residence time of the liquid in the reactor (z'=u,/L),
u; is the liquid velocity, L is the length of the reactor, g;, 4, and p; are the dimensionless
concentrations of M-amine, Intermediate and Di-amine respectively, at any length of the
reactor.
The productivity of Di-amine can be defined as follows on the basis of constant catalyst

loading (Equation 4.49) and constant reactor volume (Equation 4.50) for the comparison of

different reactors considered in this work

Productivity of the diamine kg Di—amine | _ u, x 4y x conc.of diaminex M, x 3600
(kg catalyst)(hr) weight of the catalyst
4.49
Productivity of the diamine {k‘?’—i} =(u,/L)x conc.of diaminex M , x 3600 4.50
m’hr
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The selectivity to M-imine, Di-imine, M-amine, Intermediate and Di-amine was

evaluated using the following relationships:

= d x100 451

m—imine 1_ l

di-imine — LX]'OO 452
1- 1
m—amine — ixloo 453
1- /
Sintermediate = Lxloo 454
1- I
Sdicamine = 100 4.55
1-

1

The maximum temperature rise was calculated as
AT =T-T 4.56

where T represents the actual temperature calculated from non-isothermal model and 7;

represents the initial temperature.

45 RESULTS AND DISCUSSION

4.5.1 Comparison of FBR Performance for Downflow and Upflow Modes

The model equations developed in earlier section (Section 4.2) allow prediction of the
conversion of PPDA (X3), global rate of hydrogenation (Ry;), selectivity to products and
the maximum temperature rise (A7,.) for a given set of inlet conditions. The performance
of the FBR (Downflow and upflow) is compared in terms of the conversion and selectivity
towards the products at identical volumetric nominal space times (defined as reactor
length/superficial liquid velocity) and identical reactant feed concentration. This is the
proper scale up variable, when the catalyst beds for upflow and downflow operations are
identically packed (i.e. bed voidage is constant).*® Further, in order to understand the effect

of various operating parameters on the performance of FBR, simulations were performed
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for the range of operating conditions presented in Table 4.6 unless stated explicitly. The
plug flow model of FBR was first simulated to understand the effect of different operating
conditions on the reactor performance. The effect of axial dispersion on the reactor

performance is discussed in a separate section.

Table 4.6. Operating Conditions for Fixed Bed Reactor

Catalyst weight, kg 0.024-0.084
Initial PPDA conc., kmol/m? 0.5-1.5
Temperature, K 373-413

Total pressure, MPa 2-6

Liquid velocity, u;, m/s 0.1-10.5 x 10™
Gas Velocity, u,, m/s 2x10°—5x 107
Reactor diameter, m 0.019
Diameter of catalyst particle, m 0.001

Density of catalyst particle, kg/m® 1.26 x 107
Bed voidage 0.5

Porosity of catalyst,e 0.3

Tortuosity of catalyst, t 7.5

45.1.1 Effect of Liquid Velocity

The effect of liquid velocity on conversion of PPDA at different temperatures for FBR
with downflow and upflow modes of operation is shown in Figure 4.4. The conversion was
found to decrease with an increase in liquid velocity and increase with increase in
temperature. Figure 4.5 shows the effect of liquid velocity on global rate of hydrogenation,
selectivity to M-amine and Di-amine and temperature rise at operating temperature of 413K
for the FBR with downflow and upflow modes of operation. The global rate of
hydrogenation was observed to increase with increase in the liquid velocity for both the
modes of operation. For the downflow mode (TBR), with increase in liquid velocity, one
expects increase in wetted fraction of the catalyst as well as an increase in gas-liquid and
liquid-solid mass transfer coefficients. At lower liquid velocity, catalyst particles are

partially wetted, and under these conditions, it is expected that rate increases due to direct
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Conversion of PPDA

Liquid Velocity, u, x 10", m/s

Figure 4.4. Effect of liquid velocity on conversion of PPDA at different temperatures
Reaction conditions: P = 6 MPa, B; = 1 kmol/m®, w = 0.058 kg = 854.3 kg/m®, u, = 5 x107 m/s

mass transfer of gas phase reactant to the catalyst surface (already wetted internally due to
capillary forces). Hence, with an increase in liquid velocity, an increase in wetted fraction
is expected to retard the rate of reaction to some extent, while an increase in external mass
transfer coefficients will enhance the rate resulting in opposite effects. The result is higher
conversion (~100% and 83%) and selectivity to Di-amine (~68% and 34%) in downflow
mode as compared to upflow mode of operation respectively. Whereas, in case of upflow,
the catalyst is completely wetted; the access of gaseous reactant to catalyst site is limited to
that through liquid film only. This provides an additional resistance to the mass transfer of
gaseous reactant to the catalyst surface; this effect is increased at high space times due to
low gas-liquid mass transfer coefficient and results in conversion lower than that obtained
in downflow mode.

The temperature rise was observed to be higher with increase in the liquid velocity, but
not very significant for both the trickle bed and upflow modes of operation under the
reaction conditions studied (Figure 4.5). This might due to the equilibrium steps involved
in the overall reaction scheme and the compensation to the effect of wetting and the

increase in external mass transfer coefficients. For upflow mode slightly lower temperature
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Figure 4.5. Effect of liquid velocity on conversion of PPDA, global rate of
hydrogenation, and selectivity to M-amine and Di-amine
Reaction conditions: 7'= 413K, P = 6 Mpa, B, = 1 kmol/m®, w = 0.058 kg = 854.3 kg/m®, u, = 5x0% m/s
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rise was observed than trickle bed due to the efficient heat removal capacity of upflow
mode. Therefore, it can be concluded that the non-isothermal effects for the reductive
alkylation of PPDA are not significant for both the modes of operation.

For the downflow case, it can be observed from Figure 4.5 that with increase in liquid
velocity, selectivity to the final desired product Di-amine decreases and selectivity to M-
amine increases, but only up to the liquid velocity of 1x10™ m/s. After this velocity, the
selectivity to both M-amine and Di-amine remains almost constant. Whereas in upflow
case, the selectivity to M-amine and Di-amine remains almost constant with increase in the
liquid velocity. This is due to the decreasing space time with increase in liquid velocity and
hence all the consecutive and parallel reaction steps involved in the overall reaction could
not occur simultaneously. This phenomenon is explained in Figures 4.6-A and 4.6-B, which
shows the concentration of various species involved in the overall reaction as a function of
space time in the reactor. Also, the kinetic modeling data presented in Table 4.1 clearly
indicates this phenomenon. As the equilibrium mixture (PPDA, M-imine and Di-imine)
enters the reactor, first the M-imine and Di-imine in the equilibrium reaction mixture
immediately hydrogenate to M-amine and Intermediate respectively because of the higher
hydrogenation rates (Table 4.1). In case of downflow mode, as the equilibrium mixture
flows down the reactor, H, will be the driving force for the equilibrium reaction to proceed.
Hence, as the space time increases (i.e. liquid velocity decreases), PPDA as well as M-
imine concentration decreases and hence M-amine concentration increases initially and
decreases further. M-amine then transforms to Intermediate by equilibrium reaction (Figure
4.1). As the kinetic modeling data (Table 4.1) clearly indicates the slow hydrogenation rate
for the Intermediate to Di-amine, in the continuous reactor, the results presented in Figures
4.4, 4.5 and 4.6 for downflow mode were expected.

On the contrary, in upflow mode, the concentrations of M-amine and Di-amine increase
with increase in the space time (Figure 4.6-B). In upflow mode, the catalyst particles are
completely wetted, and the entire catalyst surface can be utilized completely. Also, the
mass and heat transfer efficiencies in upflow mode are higher than those for downflow
mode. But with increase in liquid velocity, the space time decreases and liquid hold up

increases. Hence, as the overall reaction scheme involves the combination of homogeneous
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Figure 4.6. Effect of liquid velocity on the concentrations of various species involved in

the reaction

Reaction conditions: 7'= 413K, P = 6 Mpa, B; = 1 kmol/m®, w = 0.058 kg = 854.3 kg/m®, u, = 5 x10™ m/s
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non-catalytic as well as heterogeneous catalytic steps, homogeneous reactions occur more
significantly in the liquid. Also, it was observed that the intraparticle diffusional resistance
is significant in upflow mode as compared to downflow mode. This reduces the upflow
mode efficiency. With increase in the space time, the concentrations of M-amine and Di-
amine increases slowly as compared to the downflow mode, while concentration of M-
imine decreases, but the concentration of Intermediate is almost constant and the reaction
could not proceed effectively. Therefore, it clearly indicates that the higher space time is
necessary for the upflow mode as compared to downflow mode to improve the reactor
performance.

The phenomena will be clearer from Figures 4.7-4.9, which shows the results along the
length of the reactor. Figure 4.7 shows the global rate of hydrogenation along the length of
the reactor at fixed space time. It clearly indicates that the global rate of hydrogenation was
almost 40% greater in downflow mode of operation than upflow mode. Therefore, it can be
concluded that the heterogeneous catalytic steps involved in the overall reaction could

proceed better in downflow mode as compared to the upflow mode of operation.
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Figure 4.7. Global rate of hydrogenation along the length of reactor
Reaction conditions: u; = 0.1 x10™ m/s, u, = 5 x10™ m/s, w = 0.058 kg, T=413K, P=6 Mpa, B,=1 kmol/m*
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Figure 4.8. Species concentration profile along the length of reactor at minimum liquid

velocity

Reaction conditions: 7' = 413K, P = 6 MPa, B;; = 1 kmol/m®, w = 0.058 kg, u, = 0.1 x10™* m/s, u, = 5 x10?
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velocity

Reaction conditions: 7 = 413K, P = 6 MPa, B;; = 1 kmol/m®, w = 0.058 kg, u; = 10 x10* m/s, u, = 5 x10”
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Figure 4.8 and Figure 4.9 shows the concentration of various species involved in the overall
reaction along the length of the reactor at minimum and maximum liquid velocity
considered in this work for FBR with downflow and upflow mode respectively. It was
observed from Figure 4.8 that at lower liquid velocity (Figure 4.8-A and 4.8-B) for
downflow mode, the reaction continues even after the complete conversion of PPDA for
the conversion of M-amine to Di-amine, with high selectivity to Di-amine. On the contrary,
in upflow mode, the reaction could not proceed up to the complete conversion of PPDA
itself. At higher liquid velocity (i.e. lower space time), the downflow performance
approaches upflow due to the catalyst wetting efficiency approaching that of upflow
(Figure 4.9-A and 4.9-B).

Based on these studies, it can be concluded that the FBR with downflow mode
outperforms upflow mode for the reaction system considered in this work, under the
reaction conditions studied. Further the lower liquid velocity (0.1x10* m/s) and higher
temperature (413K) was considered to understand the effect of various operating

parameters on the overall reaction.3

45.1.2 Effect of Inlet PPDA Concentration

The effect of inlet concentration of PPDA on the selectivity to products in downflow
and upflow modes of operation is shown in Figure 4.10. The selectivity to M-imine, Di-
imine and Intermediate was observed to be very small and the trends are shown in Figure
4.10 to understand the effect more clearly within the reactor. With increase in inlet PPDA
concentration, the selectivity to M-amine and Di-amine changes marginally in downflow
mode as compared to the upflow mode. The high selectivity to Di-amine was observed in
downflow mode (70%) as compared to upflow mode (42%). This difference is mainly due
to the partial wetting of catalyst particles in the downflow mode, which is known to

enhance the overall rate as discussed earlier.
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Figure 4.10. Selectivity to products as a function of inlet PPDA concentration
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4.5.1.3 Effect of Catalyst Loading

Figure 4.11 shows the selectivity to products as a function of catalyst loading for
downflow and upflow mode of operation. For the downflow mode with increase in the
catalyst loading, the selectivity to M-imine, Di-imine, M-amine and Intermediate decreases,
and the selectivity to final desired product Di-amine increases, whereas for upflow mode
the selectivity to products remains almost constant. Also, the complete conversion of PPDA
and maximum of 80% selectivity to Di-amine was found in downflow mode whereas about
90% conversion and 40% selectivity to Di-amine was found in upflow mode of operation.
It should be noted here that for the upflow mode, the selectivity toward the hydrogenation
products is not much dependent on the catalyst loading, whereas for downflow mode it
increases continuously with increase in the catalyst loading. This is because the
intraparticle diffusional resistance was found to be significant in upflow mode (0.72) as
compared to the downflow mode (0.98). Also, with increase in catalyst loading, the catalyst
bed length increases, which in turn increases the space time and hence all the consecutive
and parallel reactions involved in the overall reaction can precede well simultaneously in

downflow mode as compared to the upflow mode of operation.

4.5.1.4 Effect of Hydrogen Pressure

Figure 4.12 shows the selectivity to products as a function of hydrogen pressure for
both downflow and upflow mode of operation. No significant change was observed in
selectivity to products with increase in hydrogen pressure for both downflow and upflow
modes of operation. The selectivity to Di-amine was observed to be 69% for downflow
operation whereas it is 38% in upflow mode of operation under the reaction conditions
studied. Therefore, it can be concluded that the effect of hydrogen pressure on selectivity to
products is not significant for the reaction system considered in this work and downflow

operation outperforms the upflow mode of operation under the reaction conditions studied.
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201



45.1.5 Effect of Gas Velocity

The effect of gas velocity on the selectivity to hydrogenation products M-amine and Di-
amine is shown in Figure 4.13 for the downflow and upflow mode of operation. It was
observed that with increase in gas velocity, the selectivity to M-amine increases and Di-
amine decreases for both downflow and upflow mode reactor. This may be because with
increase in gas velocity at a fixed liquid velocity, the liquid hold up in the reactor decreases
and hence the selectivity to M-amine increases and Di-amine decreases. Also, the
downflow outperforms the upflow mode of operation because of the partial wetting effect
in trickle bed mode. It must be noted here that at the lower gas velocity (u, = 0.2 x 10
m/s), about 97 % selectivity to Di-amine can be achieved in downflow mode, whereas it is
83 % in upflow mode. Therefore, the gas velocity is an important parameter to optimize the

reactor performance.
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Figure 4.13. Selectivity to M-amine and Di-amine as a function of gas velocity
Reaction conditions: «; = 0.1 x10™* m/s, w = 0.084 kg, T = 413K, P = 6 MPa, B, = 1 kmol/m®
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45.1.6 Effect of Axial Dispersion

The liquid phase backmixing is accounted for by including an axial dispersion
coefficient, Dg;, for the reactants and products in liquid phase. Axial dispersion can be
severe in trickle flow or bubbly flow reactors with increasing conversion such as when
conversion reaches around 90% for a laboratory scale TBR of 0.3m in length.*® The axial
dispersion coefficient is defined as dimensionless Peclet number (P.) as shown in Table
4.2, in which the reactor length features as characteristic dimension. Therefore, when P, —
oo, the model reduces to the case of plug flow of the liquid phase and P. — 0O represents the
situation where liquid phase is completely back mixed.

In order to check the accuracy of the axial dispersion model, the conversion of PPDA as
a function of space time was predicted for various peclet number values for both downflow
and upflow modes of operation (Figure 4.14). It can be seen that with increasing peclet
number, the axial dispersion model reduces to the case of plug flow model. The plug flow
prevails in the reactor for P, > 10. Also, it was observed that the deviation of axial
dispersion model (ADM) from plug flow is not more than 15% for both the downflow and

upflow modes of operation at high space times under the reaction conditions studied.

4.5.1.6.1 Criterion For Negligible Axial Dispersion

Several criteria have been proposed in the literature for appraising the significance of
the axial dispersion effect. An early one was developed by Mears* for liquid limiting
reactions based on the minimum bed length required to neglect the axial dispersion effect.
Cassanello et. al. **°**? demonstrated that the Mears criteria apply only for liquid limiting
reactions. Hence, he has formulated another criterion for liquid or gaseous limited
reactions, based on general approximation to the solution of the axial dispersion model, to
establish the conditions under which the liquid axial dispersion affects the behavior of three
phase FBRs for both downflow and upflow operations. This criterion implies that the
deviation of ADM with respect to the plug flow model should not be larger than 5%.

Hence, it must be verified that

Py > =(21-20Re, )+| (21-20Ry, )’ ~21+20R,, T'S 4,57
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where, Rcy, Is the ratio of reactant concentrations at the reactor outlet calculated according
the completely backmixed (P, — 0) and plug flow models (P, — ). This criterion is valid
for any type of kinetics and very useful, when geometrical characteristics and operating
conditions of the reactor are defined. Therefore, the criterion presented by Cassanello ez.
al® (i.e. equation 4.57) was applied to the conditions used for the reaction system
considered in this work. For this purpose the dimensionless Peclet number was predicted
using the literature correlations shown in Tables 4.2 and 4.3 for downflow and upflow
modes respectively and the reactant outlet concentrations were evaluated. Figure 4.15
shows the comparison between the Peclet number predicted by literature correlation and
equation 4.57 as a function of space time. It clearly indicates that for space time > 0.7 hr.
and the space time > 3 hr., the axial dispersion may be significant for downflow and upflow
modes of operation respectively under the reaction conditions studied.

Figure 4.16 shows the conversion of PPDA as a function of space time using the Peclet
number predicted by the correlations (Table 4.2 and 4.3) for both downflow and upflow
modes. It was observed that the deviation of ADM from plug flow model for the predicted
conversion of PPDA is less than 5% for both downflow and upflow modes. This gives rise
to the implication that the axial dispersion does not play an important role under the
reaction condition studied. Therefore, the criterion may be used for the reactor design
purposes by determining the operating conditions and geometric features in order to ensure
the negligible axial dispersion effect, based on the assumption that the deviation of ADM

with respect to plug flow should not be larger than 5%.
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4.5.2 Comparison of Fixed Bed Reactor Vs Slurry Reactor Performance
The comparison of fixed bed (downflow and upflow) and slurry reactors (BCSR and
CSTR) has been made on the basis of constant catalyst loading and the constant total

volume of the reactor.

4.5.2.1 Comparison Based on Constant Catalyst Loading

The fixed bed and slurry reactors were simulated for the identical feed concentration
and reaction conditions with same weight of the catalyst, but the reactor volumes are
different. The BCSR was simulated for both with and without consideration of back
mixing. The extent of back mixing in BCSR was evaluated using the CFD model as
discussed in Chapter-3, Section 3.2.5, and the estimated value was taken from Table 3.5 for
the reaction conditions considered for the comparison. A comparison of performances
among FBR and slurry reactors is shown in Figure 4.17 in terms of productivity of Di-
amine per unit weight of the catalyst per hour. It clearly indicates that the BCSR without
backmixing is the best choice among other reactor configurations considered, but BCSR
with consideration of backmixing reduces the performance of BCSR significantly and the
performance of BCSR is almost equal to CSTR. Therefore, slurry reactor (BCSR or CSTR)
can be considered as the best choice among other reactor configurations studied when
constant catalyst loading is taken as basis for the comparison, under the reaction conditions
studied. Also, it is useful to evaluate possible ways to control and manipulate the degree of
back mixing in the BCSR. Hence, the use of radial baffles for reducing backmixing in the
BCSR as proposed by Khare et. al.>*> may be the useful approach to optimize the BCSR

performance.

4.5.2.2 Comparison Based on Constant Volume Reactor

The fixed bed and slurry reactors were simulated under the conditions of constant
volume reactor by keeping the length to diameter ratio same. For this purpose, the
operating conditions were kept same for all the reactors, except the catalyst loading. The
catalyst loading is high in FBR as compared to slurry reactors. The superficial liquid and
gas velocity considered was very small as 1 x 10° m/s and 2 x 10 m/s respectively.

Therefore, for BCSR, it was assumed that the superficial gas velocity will not influence the
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Figure 4.17. Comparison of fixed bed and slurry reactor performances in terms of
productivity based on constant catalyst loading
Reaction conditions: u; = 2 x107* m/s, u, = 2 x107 m/s, w = 0.084 kg, T = 413K, P = 6 MPa, B, = 1
kmol/m?
Reactor dimensions: Slurry Reactors (BCSR and CSTR):- d7=0.25m, L = 4m
FBR ( Downflow and Upflow):- dr=0.01985m, L = 0.3176m

internal liquid circulation within the column and hence, the case of BCSR-with backmixing
was not considered for the comparison. Figure 4.18 shows the comparison of the reactor
performance in terms of productivity of Di-amine per unit weight of catalyst per hour
(Figure 4.18-A), productivity of Di-amine per unit volume of reactor per hour (Figure 4.18-
B) and selectivity towards M-amine and Di-amine (Figure 4.18-C). Figure 4.18 clearly
indicates the BCSR is the best choice when constant catalyst loading is taken as basis for
comparison and TBR is the best choice when constant volume of the reactor is considered
as basis for comparison. This is because the catalyst loading is higher in FBR and hence the
rate of hydrogenation is higher and the maximum selectivity towards the desired product
Di-amine can be achieved in FBR (96%) as compared to slurry reactor (80%).
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Figure 4.18. Comparison of fixed bed and slurry reactor performances based on constant
volume reactor

Reaction conditions: u; = 0.1 x10™ m/s, u, = 0.2 x10* m/s, T'= 413K, P = 6 MPa, B;; = 1 kmol/m®,

and N =16 for BCSR

Catalyst loading: FBR: w = 0.084 kg = 854.3 kg/m®, BCSR: w = 0.00039 kg = 4 kg/m?

Reactor dimensions: dy = 0.01985 m, L = 0.3176, hence L/D = 16 for both Slurry and FBR
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4.6 CONCLUSIONS

A fixed bed reactor model with downflow and upflow modes of operation has been
developed incorporating the contributions of partial wetting and stagnant liquid holdup
effects in addition to the external and intraparticle mass transfer resistances and heat effects
for reductive alkylation of PPDA. The comparison between the two modes of FBR was
evaluated theoretically. It was found that the FBR with downflow outperforms the upflow
mode for all the reaction conditions studied. Further, the comparison between slurry (BCSR
and CSTR) Vs FBR (Downflow and Upflow) is made in terms of productivity and
selectivity. It was found that BCSR is the best choice when constant catalyst loading was
taken as basis for comparison and the FBR with downflow operation is the best choice
when constant volume of the reactor was considered as basis for comparison. The reactor
models developed could be useful to optimize the overall performance of multiphase
reactors considered and will enhance our understanding to recommend a suitable reactor

based on true intrinsic kinetics for the reaction system considered.
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APPENDIX-B
The detailed derivations of axial dispersion model are given below. The axial
dispersion model can be reduced to the plug flow model by considering the negligible axial
dispersion. The dimensionless parameters used in the following equations are defined in
Table 4.2 and are not repeated in this section.

B.1 Mass balance of hydrogen in liquid phase

The mass balance of hydrogen in dimensionless form can be written as

d’A dA .
Dy, #_”l )lcd +kag (A — 4, ) = fika, (Ald -4, )+ L (Ald —4, )
In dimensionless form
1 d*a, da LK, ¢,
Edeld_d_Zld+ ay (1_ a, ) = [ (ald —day ) +u—,l(ald _als) B.1

To solve the above second order differential equation, equation B.1 can be converted into

the two first order differential equations as follows:

_ da, _da d’a,

Let, a S =
dz dz dz

Hence equation A.1 can be written as

LK &
FE‘“"'agz(l_azd) = fdazsd(ald_asd) + u—e;h(

Ay — als) B.2
The derivations for concentration of hydrogen on the catalyst surface in dynamic, stagnant

and dry zones can be found in section 4.2.2.3 and are not repeated here.

B.2 Mass balance of PPDA
The mass balance of PPDA can be written as

2
d°B, —u, dB,, 5 [k
dx

D

EL
dx?

In dimensionless form

B, —k,,,D, (D, +2F,+G,+2H,+2F)|=0 B.3

eql
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1d*, db
F#—d—zld—é'[[(llnbl—(Zde[CHZO:IIO B4

To solve the equation A.4, it can be converted to two first order differential equations as

follows:
podbu . db_dby
dz dz  dz
1a_,_ g [amb —pod, (d, +2f,+ g, +2h, +2p,)] B.5
P dz

Similarly, the mass balance of other liquid species can be solved by converting the second
order differential equations into two first order differential equations respectively. The
initial and final forms of equations for the other reactants/products species can be written as

follows:

B.3 Mass balance of M-imine

2
Dy, dd)l;,d _u, dcl;d +&,[ kB, ~k,,D, (D, +2F,+G,+2H,+2F) |
B.6
[kean —k, F(D +2F, +G, +2H, +2P)] anD\/_

+K\/_

In dimensionless form,

1 d%d, dd
EdT;d—d—Zld & Cpby —apod, (d, + 2/, + g, +2h +2p)) |
—& | @pd, —ay f, (d, + 2, + g, + 20 +2p,) | B.7

nensd,| Sifaw | ffa, A= fim e, |
45 | L+kJa, 1+k\/7 1+k,Ja,

B.4 Mass balance of Di-imine

2 FJ 4,
DEdeFZ;" u,djd+5,[k D, ~k, F (D, +2F, +G, + 2H, + 2B )] - 1% -0 BS
X

eq3 eqd + K \/—

In dimensionless form
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1dfy _dfy

=R +& | apad, — o f;(d, + 2, + g, + 2 +2p,) |
A A N e AN
9y | 1+kJa, 1+k\/— 1+k,Ja,

B.5 Mass balance of M-amine

D deld dsz 1.wksD, \/_
EL dxz l X 1+K \/7
&, koG, ~ Ky H, (D, +2F,+G,+2H,+2F)|=0

In dimensionless form,

1d%, dgy  nad| Sfau S, Q- fimf) ey

P dz*

dz

45 | 1+kJa, 1+k\/7 1+k, Ja,

—&,| Qe — Uiy (d, + 2+ g+ 2k +2p,) | =0

B.6 Mass balance of Intermediate

d’H,

dH

DEL d2

eq6 eql

nka\/—S nwkH\/_

1+K \/_ 1+ K \/7

In dimensionless form,

P dz?

e

1d*h, dh,

dz

4t &, | koysG, —koyy H, (D, +2F, + G, + 2H, +2P)) |
X

té [amsgl — iy (dz +2f,+g,+2h + 21’1)}

7. (aRsfl_aRghz) fd\/7 f\/7

LO-i- SN, |

qs

1+k \/Z 1+k \/7
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B.7 Mass balance of Di-amine

o By dR, kA B.14

g M e 1+ K [ A

In dimensionless form,

R AR T A N et R AN
P dZ  dz gy |l+k,Ja, 1+k\/7 1+, Ja, B.15
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NOMENCLATURE

ag

aj
A

as

gas-liquid interfacial area,m*¥m®

external surface area of the pellet, [6w/p,d,], m™

saturation solubility of hydrogen, kmol/m®

dimensionless concentration of hydrogen in the liquid phase
concentration of hydrogen in the liquid phase, kmol/m?
dimensionless concentration of hydrogen on catalyst surface
concentration of hydrogen on the catalyst surface, kmol/m?
area of reactor, m’

dimensionless concentration of PPDA in the liquid phase, (B/B;;)
concentration of PPDA in the liquid phase, kmol/m®

initial concentration of PPDA in the liquid phase, kmol/m?
concentration of MEK, kmol/m®

concentration of water, kmol/m®

dimensionless concentration of water

heat capacity of liquid, kJ/kg/K

heat capacity of gas, kJ/kg/K

heat capacity of solid catalyst, kJ/kg/K

dimensionless concentration of M-imine in liquid phase, (D/ B;)
concentration of M-imine in the liquid phase, kmol/m®
effective diffusivity, m%/s

molecular diffusivity, m?/s

particle diameter, m
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dr
dr
Dg;

E;

GaL

h

k5,k8 and kg

k85

reactor diameter, m

diameter of the impeller, m

liquid phase axial dispersion coefficient, m?%/s

activation energy for hydrogenation step i, kJ/mol

energy supplied by the agitator to the liquid per unit mass, m?/s*
dimensionless concentration of di-imine in liquid phase, (F/ B:)
concentration of di-imine in liquid phase, kmol/m?

fraction of catalyst wetted by dynamic liquid

fraction of catalyst wetted by stagnant liquid

wetted fraction

froude number, (u,°/ (g x d,))

shape factor of the catalyst

friction factor for gas-liquid flow in packed beds

dimensionless concentration of M-amine in liquid phase, (G/ By)
concentration of M-amine in liquid phase, kmol/m®

acceleration due to gravity, m/s

galileo number, (d,° g pluf)

dimensionless concentration of Intermediate in liquid phase, (H/ B;)
concentration of intermediate in liquid phase, kmol/m?

henry’s constant of solubility for H,, kmol/m*/atm

solubility coefficient of hydrogen, (L/H./R,IT)

reaction rate constants, (m*/kg)(m®kmol)®>s*

dimensionless rate constant, (ks/ks)
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kos

= X

=

AP/Z
Og
O

qdsB

dimensionless rate constant, (ko/ks)

dimensionless adsorption equilibrium constant, (KAx/E)
adsorption equilibrium constant, m*kmol

gas-liquid mass transfer coefficient, s*

liquid-solid mass transfer coefficient, s™

coefficient of direct mass transfer from gas-to-solid surface, cm/s
exchange coefficient between dynamic and stagnant liquid, s*
length of reactor, m

molecular weight

number of cells

speed of agitation, s

dimensionless concentration of di-imine in liquid phase, (P/ B})
concentration of D-amine in liquid phase, kmol/m?

prandtl number, (C,; tuy/2)

vapor pressure of solvent, MPa

dimensionless Peclet number, (u; L / Dgz)

power consumption for agitation for an aerated liquid, W
power consumption for agitation of a gas free liquid, W
power supplied to the liquid by gas phase

pressure drop per unit bed length, N/m®

volumetric flow rate of gas, m*/s

volumetric flow rate of liquid, m%/s

stoichiometric ratio (B;/4g./H.)
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R; toRs = reaction rates for individual reaction steps, (kmol/m?/s)

R = radius of catalyst pellet, m
Rer = reynolds number for liquid, (d, w,0/14)
R = reynolds number for gas, (d, ugpe/1L)
R4 = overall rate of hydrogenation, kmol/m®/s
Ru = global rate of hydrogenation, kmol/m®/s
R, = universal gas constant, kJ/kmol/K
Sho = sherwood number
Stw = surface tension of water, dyne/cm
St = surface tension of liquid, dyne/cm
Se = schimdt number, ( /01 D,,)
S-imine = selectivity to M-imine
Sdi-imine = selectivity to Di-imine
Son-amine = selectivity to M-amine
Sintermediare = Selectivity to Intermediate
Sdi-amine = selectivity to Di-amine
T; = inlet temperature, K
T = outlet temperature, K
T, = wall temperature, K
AT = maximum temperature rise, K
U, = bed-to-wall heat transfer coefficient, kJ/m?/K/s
Ug = gas velocity, m/s
u = liquid velocity, m/s
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Vr

Vi

Greek letters

Tc

Oy

s
OR1, OR3, OR6
OR2, AR4, OR7

ORs5, ORS, ARY

Bi-Br, &
PBs-Po
Bs & Bio

&, &d, Els

g

reactor volume, m*
volume of the liquid in the reactor, m®
catalyst loading, kg/m®

dimensionless reactor length

overall catalytic effectiveness factor

dimensionless gas-liquid mass transfer coefficient
dimensionless liquid-solid mass transfer coefficient
dimensionless forward reaction rate constants
dimensionless backward reaction rate constants
dimensionless reaction rate constant

dimensionless thermicity parameters

dimensionless heat transfer parameters
heat of reaction for catalytic hydrogenation steps, kJ/kmol

heat of reaction for equilibrium reaction steps Ri, R, and R4 respectively,
kJ/kmol

gas hold up

liquid hold up, total, dynamic and stagnant respectively
Porosity

bed porosity

tortuosity

pressure drop per unit bed height in a fixed bed reactor, dyne/cm?
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6
Aeff:
P
Pg
Prp
Hi
Hg
Um
A
¢
%o

V4

Subscripts

d

dimensionless exit temperature, (7/7;)
dimensionless wall temperature, (7,./T;)
dimensionless bed temperature, (7,/T;)
effective thermal conductivity, kJ/s.m.°C
density of the liquid, kg/m®

density of gas, kg/m®

density of catalyst particle, kg/m?

viscosity of the liquid, kg/m/s

viscosity of the gas, kg/m/s

molar volume of the solute

thermal conductivity of liquid phase, J/m/s/K
thiele parameter

dimensionless parameter defined by equation 4.12

parameter defined by equation 4.29

dynamic zone
dry zone
stagnant zone

liquid phase
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CHAPTER S

CFD Modeling of Pulverized Biomass Combustion
In an Entrained Flow Reactor



5.1 INTRODUCTION

Biomass being an important renewable energy source is attracting more attention in
order to improve understanding of their process characteristics during mass to energy
conversion. Their use in co-combustion plants is limited at present but represents a short
time option for reducing CO, emissions. The increase of biomass/coal ratio can be
achieved by optimizing the operating conditions. To this purpose, data are required for
conditions similar to large plants, which operate at high heating rate and short residence
time. The basic mechanism (in combustion as well as gasification reactors) is a fast
pyrolysis with release of volatile species. The behavior of biomass is much different as
compared to fossil fuels and the effect of the operating conditions on pyrolysis parameters
are known to be important.> Any rational attempt to design this type of application requires
detailed knowledge of the rate laws describing the evolution of biomass particles
(devolatilization and subsequent oxidation) under realistic conditions.’

The devolatilization and combustion rates of different types of biomass can be obtained
from the well-defined experiments in the laboratory. The methods like fluid bed

11,12,13

7:8:9-10 entrained flow reactor (EFR), wire

reactors,>® thermogravimetric analysis,
mesh reactor,'* and radiant heating techniques'>*'® are commonly employed to characterize
the different types of fuels. Some of these studies reproduced the reaction conditions closer
to those encountered in practical combustors and some of the experiments were not
specifically designed to derive any reaction rate information. Furthermore only few studies
were devoted to provide the kinetic parameters for high temperature processes. Most of the
previous experimental research in this field concerns thermogravimetric tests performed at
low heating rates and/or relatively low temperatures.” Some studies show the comparisons
of the observed pyrolysis rates for big isolated particles with model predictions, but
ultimately based, again, on the kinetics of the involved reactions determined by
thermogravimetric analysis.® * ' Therefore, thermogravimetric analysis can give only a
fingerprint of the fuel, because the thermal conditions are far from those of practical
applications. The pyrolysis kinetics changes substantially with varying the heating rate.'’
The EFR has short residence time (< 5 s), high heating rates (10*-10° K/s) and varying O,
concentration. EFR offers conditions similar to those in practical systems like pulverized

fuel (pf) combustors and therefore is a better choice. However, only few experimental
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works have been found in the open literature addressing the evolution of biomass particles

18,19,20,21 . .
3:18.19.20.21 The biomass burnout data obtained

under conditions representative of pf systems.
from the EFR experiments is useful to obtain global/apparent kinetic rate parameters
representing the devolatilization and char oxidation.

The devolatilization and subsequent oxidation rates are usually represented by
Arrhenius-type rate expression. The associated kinetic parameters (pre-exponential factor
and activation energy) can be obtained by the methods like Arrhenius plot method or
development of plug flow model, which is fitted to experimental biomass burnout data
along the length of EFR. *'®?2% The Arrhenius plot method has several intrinsic
drawbacks like the oxidation rate constant is based on single representative particle size
and the values of kinetic parameters obtained are specific to the set of experimental
measurements obtained.”* Whereas, plug flow models can account for particle size
distribution and complete devolatilization and combustion history of biomass particles
along the length of EFR. These estimated kinetic parameters can be used as input
parameters for combustion sub model in simulating large scale combustors that may be
based on lumped model approach® or more recent computational fluid dynamic (CFD)
models.*%-*"-*

Substantial progress has been made in the development and application of
comprehensive multidimensional computational combustion models for fossil fuels. These
models are now accessible as features in commercially available CFD computer codes.”’
Eaton ef. al.*® in an extensive review paper discussed the types of the data required to
validate the predictions of combustion model and the current status of the combustion
models and submodels. During the past years, few authors have used CFD tools to explore
potential applications of biomass combustion in industrial pf combustors.>'** Invariably
the kinetic data used in these models for both devolatilization and char oxidation are based
on thermogravimetric analysis of the raw fuel or char prepared in the reactor, performed at
low heating rates. As happens in case of coal combustion, the extrapolation of those results
to the conditions found in the burners of pulverized biomass may entail severe
uncertainties.”> Brown et. al.>* used CFD to model the gas and particles flow in a laminar
EFR. The CFD model did not account for reactions on the particles, which were assumed to

be nonreactive. In the procedure it was assumed that the impact of solid particles and

225



product gases on the flow and temperature of the bulk flow is negligible. This makes sense,
when the flow of the solid fuel is significantly lower than that of the bulk flow. Marklund
et. al.®® investigated numerically through CFD an entrained flow gasifier with the fuel
injections generating a swirl flow. The authors highlighted the complexity of the model and
the need of validation with the experimental results. Meesri and Moghtaderi'® evaluated the
capability of a CFD code to predict sawdust combustion conversions. They developed a
model introducing global kinetic parameters obtained through experiments. The agreement
between predicted and experimental results was very good but the data were obtained only
for very high conversions. Also there are few attempts to validate the devolatilization or
char oxidation characteristics of pf biomass in EFR by using CFD models."> ***" Such
studies have been reported for single operating conditions or at lower operating
temperatures and concerns with CFD prediction validation focused on near complete
devolatilization or char oxidation.

Recently, Jimenez etf. al.’ have done systematic experimental studies to characterize
devolatilization and oxidation of pulverized biomass (Cynara cardunculus). The apparent
kinetic rate parameters were derived by developing one dimensional (1D) plug flow model,
which may be useful for the development of the detailed multidimensional CFD model for
biomass combustion systems. The plug flow models are generally simple, can account for
particle size distribution (PSD) and the complete combustion history of the biomass
particles along the length of EFR. However plug flow model doesn’t account for the radial
variations in velocity, temperature, O, concentration, particle trajectory and effects of inlet
configuration. These may have influence on the predictions of the burnout behavior, as the
particles at the same axial distance can experience different oxygen and temperature history
at various radial locations. In order to account these effects, it is required to develop
multidimensional CFD model for EFR, which can handle multiple complex and
simultaneous processes like fluid flow, heat transfer, particle trajectories and chemical
reactions.

The present work attempts to develop a methodology for coupling CFD model and
experimental measurements for providing valuable global kinetic parameters to large scale
applications of biomass fuels (fast pyrolysis, co-combustion and gasification). For this

purpose, the experimental results recently reported by Jimenez et. al.’ were used. The 1D
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plug flow model and two dimensional (2D) axisymmetric CFD model were developed
based on the experimental results available in Jimenez et. al.’> The comparison between the
predictions of 1D plug flow model and 2D axisymmetric CFD model is discussed. The
sensitivity study on various model parameters was performed and their role in prediction of
the devolatilization and char oxidation characteristics of biomass has been discussed. The
proximate and ultimate analyses of biomass are listed in Table 5.1. The details of CFD

model equations are discussed in the following section.

Table 5.1. Biomass Composition’

Proximate analysis Wt. %  Ultimate analysis Wt. %
Moisture 12.26 C 38.57
Ash 6.57 H 5.33
Volatiles 70.6 N 0.55
Fixed carbon 10.57 S 0.1

O (By difference) 36.62

5.2 CFD MODEL
5.2.1 Entrained Flow Reactor

The entrained flow reactor considered in this work® has internal tube diameter 78 mm
and total tube length of 1600 mm. There are two inlets; first is for the injection of
transportation air with the biomass particles at the center of the EFR and the second is for
the coaxial entry for auxiliary air. When the biomass particles are injected into the reactor
furnace, they quickly gets heated at a rate 10* K/s. The particle then undergoes four
distinctive processes namely drying, volatile release, volatile combustion and char
combustion. The schematic and detailed description of EFR can be found elsewhere’ and is
not repeated here. In the present work, CFD model has been developed to simulate

experiments recently reported by Jimenez et. al.?

5.2.2 Model Assumptions

The following assumptions were made for the development of CFD model and that are

. 3
same as Jimenez et. al.
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e The oxygen first reacts with carbon to form CO, which diffuses into gas phase and
subsequently gets oxidized to CO,

e During the combustion of biomass particles, the diameter of particle remains
constant and the density of the particle changes

e The shape of the particle was assumed to be spherical

5.2.3 Mathematical Equations

As the dispersed phase was present in low volume fraction (< 1%), the
Eulerian/Lagrangian approach was chosen to describe the gas phase and solid particles
motion. The gas phase was solved in the Eulerian reference frame, by solving equations for
mass conservation, chemical species transport, momentum transport and energy balance.
The biomass particles were solved in the Lagrangian reference frame, by solving mass,
force and energy balances on the particles. A fully coupled method is needed to take into
account the interactions (through chemical species, momentum and heat) between the gas
and solid phases. The gas phase in EFR was laminar (MR, < 500). Radiation was taken into
account through discrete ordinate (DO) model in the energy equation. The detailed
description of mathematical equations involved in CFD model is given in the following

section.

5.2.3.1 Multiphase Flow Governing Equations
5.2.3.1.1 Mass Balance
The entrained flow reactor was modeled with 2D axisymmetric computational domain

as the combustion process is almost completed in the central core region of the EFR and the
flow does not show any significant variation in the azimuthal direction.*® The schematic of
2D axisymmetric model is shown in Figure 5.1-A. For steady state, 2D axisymmetric,
continuity equations for continuous phase can be written as

;%(prU)Jr%(pW) =S, 5.1
where, p is density of fluid, U and W are the fluid velocity in radial » and axial direction z

respectively and the S, is the source term for the total mass added from the discrete phase.
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The species conservation equation can be written as

%%(prUmk) +%(/9ka) = %%[pka raairk) +£[,;ka %} +R, +S,52
where, my is mass fraction of species &, Dy, is the diffusion coefficient for species k in the
mixture, R is the net rate of production of species £ by gas phase chemical reactions, Sk is
the source of species k from dispersed phase. The net source of chemical species & due to
reaction is computed as the sum of the Arrhenius reaction sources over the N, reactions that
the species participate in,

Nr
Rk :Mw,szk,r 53

r=1

n,r

R, =(vi,—ve,)KT1[C. ] 5.4

i

ll h

where, C;, is the molar concentration of each reactant /" species in reaction r, 7,, exponent

ll‘h

for each /" reactant in reaction r, v, and v, are stoichiometric coefficient for k" species

as product and reactant respectively, K, is the kinetic rate constant.

The source term Sy from the dispersed phase is written as

5 ~Alw) s
14
S,=>.5, 5.6
k

where, m , is the particle mass flow rate of component & corresponding to the number of

particles that crosses the cell, A is the change in the property across that cell and V' is the

cell volume.
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Figure 5.1. Computational domain of entrained flow reactor
5.2.3.1.2 Momentum Balance
The momentum equation for continuous phase in radial » and axial z direction can be

written as

Radial momentum, »

10 0 10
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Axial momentum, z

li(prUVI/)+i(,oWW) _ 19 ma—W + 2 ya—W +F.+S, 5.8
ror 0z r oz

L1000, of ow) 2uu
or ror H or oz ﬂ@r P’

Source term for z momentum SW:—ap+li(,u 8_Uj+ 0 (,ua—WJ

Source term for » momentum S, =—

E ror raz E oz

The momentum source term F, for a particular cell is calculated from every particle

trajectory j crossing that cell

= Al ) 5o
Vv
where u,, ; is the velocity components of the particle in i direction ( or z)
5.2.3.1.3 Energy Balance
The overall energy balance can be written as
0 0 10 oT of(,0T
——NprUh)+ —\pWh) = —|kr— | +—|k— |+ S 5.10
rar(p ) 8z(p ) rar( 8}’} 62( 82] !

where, k is the thermal conductivity of gas, /4 is an enthalpy. The volumetric source term, S,
is sum of heat of gas phase chemical reactions (Sj ), heat added from discrete phase (Sp)

and radiation (Sg).

Sy = Sy + Syt S 5.11

hrxn

T

h=Ymh, - h = [C,dT 5.12
k Tref

The heat released due to chemical reactions is

T
w+ [ AC, dT]Rk

_ [ Tref
Sh,rxn - _Z
k

5.13
M

k
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where, R the volumetric rate of creation of species k, 4, is the formation enthalpy of

species k at the reference temperature 7.r
The heat added from the discrete phase is due to char oxidation
1— f,..)A(r, )H ],
5, gt ] .

J

The fieq 1s the fraction of heat absorbed by the particle, H. is heat released during char

oxidation.

5.2.3.2 Particle Motion Equations

The discrete phase was modeled by using Lagrangian approach. The discrete phase
momentum balance on single particle of size j, can be written as
du_..

pid E. 5.15
dt 2K

where, Fj; is the sum of the forces acting on the particle in i" direction. If only gravity and

drag force acting on particle of size j is considered, then F; can be written as

- C. Re
ZE,j=(p” pg)g+ 182” =L (u,,;,—V,) 516
Py dp,j Py 24

where, p,, d,and u,;; are the density, diameter and velocity components of the particle of
size j in i direction (r or z), u is the viscosity of gas phase, g is gravitational constant and

Cp is drag coefficient, v,is the velocity component of gas phase (U or W). Morsi and

Alexander >° correlation was used to calculate Chp.

The trajectory of particles of size j in radial and axial direction can be calculated as

dx;
7 = U 5.17

Species conservation equations for single particle can be written as

d(Mpomk) S

A 5.18

The M, is the initial mass of biomass particle; my is the mass fraction of species £.
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Sy« can be formulated by considering various particle level phenomena of interest such as

devolatilization and surface reaction-char combustion. Hence the S,; can be written as

dm, | d’"c} 5.19

S :M”O{ dt  dt

where, the m, and m, is mass fraction of volatile and char respectively.

5.2.3.3 Reaction Kinetics
The devolatilization was modeled using simple single step Arrhenius type kinetic rate

model. The biomass devolatilization rate can be written as *°

dm, — e(—Ev/RTP)(m —m ) 5.20
7 v vo v

where, m,¢ indicates the total initial volatile mass fraction in the biomass and m, is the
fraction of volatile released from the biomass, A, is the pre exponential factor for
devolatilization, E, is the activation energy for devolatilization, 7, is the temperature of the
particle and R is the universal gas constant.

Char combustion rate was calculated by using kinetic/diffusion model of Baum and
Street,*' which is available in Fluent*. It was assumed that the char gets oxidized to CO by
following reaction.

Co 0.5 02 g =  COy (@)
This model is simple in implementation and needs apparent kinetic rate constant, which

accounts for both chemical and internal pore diffusion resistance.

The rate of char oxidation for any particle can be written as, *'***
dm, __ 4 KKi PR, 521
po - p 02 .
dt K +K, MW,

where, the kinetic rate constant for char oxidation reaction is
K, = A, e ek 5.22

where, 4. is pre exponential factor and, E. is the activation energy for char combustion.

The bulk gas phase diffusion coefficient for oxidant * can be given as,

233



d 2

P

(T AT 0.75
Kk, =210 (g Pj 523

U is unburnt fraction of biomass and can be written as

ZNp,jo (m,+m,)
— J

MvO +MCO

U 5.24
where, w; is the initial mass of particle of size j, M, and M. are the initial mass of volatile
and char respectively and N, ;is number of particle of size j and can be written as

w.
j 5.25

py (dg,/ )3
6

i

The sources of inter-phase transport are

) d
A(rit ) =2N,, Wj% 5.26

j
and

A, )= A, ) 5.27

k
The volatile material was represented by single species as VOL (CH,230¢.95), which

was estimated from proximate and ultimate analysis of biomass. Following two gas phase

reactions were assumed:

CO g + 0.50:2y = COy (ii)

VOL (o + 1.08 O3 (o) = COs (o) + 1.14 Hx0 (o) (iii)

The rate of gas phase reactions of CH; 230093 and CO resulting from the char combustion

was determined by Arrhenius type rate expression***’

K, =4 ™' 5.28

5.2.3.4 Heat Transfer
The radiative heat transfer in EFR was modeled by using discrete ordinate (DO) model.
DO is considered to be more suitable for systems having optical thickness (equal to

characteristic dimension of EFR absorption coefficient) is less than 1.** ** As the optical
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thickness was found to be less than 0.06 [0.078 (m) * 0.77 (m™)] for the EFR considered
here, DO model was used to model the radiative heat transfer. DO model solves the

transport equation of radiation intensity, / in the direction § and can be written as

~ o T4 o 4r o L
V-(Is)+(a+ap+ap)](r,s)=an20-—+Ep+4—p J. I(F,s )¢(s S ) 5.29
T Q=

where, / is radiant intensity, 7 is position vector, ¢(§ ,S ) is scattering phase function, o is

Stefan Boltzmann constant, a is absorption coefficient of gas phase. Here, isotropic

scattering (i.e., scattering that is equally likely in all directions) was assumed and for

isotropic scattering ¢(§ ,S ) =1.

a, 1s the equivalent absorption coefficient due to the presence of particulates, and is

N 4
— 1 pn
defined as a, = Il/lilg;&‘pn ” 5.30

The equivalent emission E), 1s defined as,

O'T ¢
= 1;3325!,” — 5.31

The equivalent particle scattering factoro,, is given as

v 4
o, =lim> (-1, Ni-2,) = 5.32

n=1

and it is computed during particle tracking. The f,, is the particle scattering factor

associated with the n” particle.

The energy balance for the single particle can be calculated as

M CpP dT [ﬁleat dZC cj+ rad + cony 533
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Here, M, is mass of particle at any time, C,p, Oraqs and Q.o are the particle specific heat,

radiative and convective heat transfer respectively.

The particle radiative heat transfer can be written as

Qrad :gPo-Ap(TR4 _TP4) 534
And the convective heat transfer can be written as
anvzhAP(Tg -T,) 5.35

where,e, is the emissivity of particle, o  Stefan-Boltzmann constant

1/4
1
(=5.67x10°* W /m*K*), Ty is the radiation temperature =(4—j and £ is heat transfer
o

coefficient.

53 BOUNDARY CONDITIONS
5.3.1 1D Plug Flow Model

The following boundary conditions for 1D plug flow model were used based on the
experiments reported by Jimenez et. al.?

a) Single inlet was defined for Fuel Air (FA), Heated Gas (PA) and was specified as
mass flow rate (Figure 1-B) and the outlet was specified as outlet vent.

b) Biomass particle inlet temperature was assumed as 298K

c) For devolatilization, the gas was assumed to be partially heated at the entrance of
the reactor.*® The gas and particle inlet operating conditions are specified in Table
5.2.

d) The wall material was specified as silicon carbide and free slip condition was
assigned to wall.

e) The wall was operated under isothermal conditions by specifying the respective
operating temperature with emissivity = 0.96.*’

f) The gas velocity was calculated based on the operating conditions and the same was
patched in the computational domain.

g) For discrete phase, the biomass particles were injected from gas inlet by specifying

it as group injection. The reflect condition was specified for the particles at the wall
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5.3.2

and escape condition was specified at the outlet. All other model parameters are

listed in Table 5.5.

2D Axisymmetric Model

The following boundary conditions for 2D axisymmetric CFD model were used based

on the experiments reported by Jimenez et. al.?

a)

b)

Two separate inlets were specified for FA and PA. The FA and biomass particles
were injected from FA inlet and the coaxial entry of hot gas was introduced from
PA inlet (Figure 1-A)

For devolatilization, the gas was assumed to be partially heated at the entrance of
the reactor. The gas and particle inlet operating conditions are specified in Table
5.3.%

For combustion, the gas inlet temperature was assumed to be same as operating
temperature of EFR. The gas and particle inlet operating conditions are specified in
Table 5.4.%

The gas flow inlet was defined as mass flow rate; the outlet was specified as outlet
vent.

The wall was operated under isothermal conditions by specifying the respective
operating temperature with emissivity = 0.96.** No slip condition was specified to
the wall.

For discrete phase, the biomass particles were injected from the FA inlet by
specifying it as group injection. The reflect condition was specified for the particles
at the wall and escape condition was specified at the outlet. All other model

parameters are listed in Table 5.5.
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Table 5.2. Operating Conditions for Biomass Devolatilization for 1D Plug Flow Model

Fuel air + Heated Gas

1073 K 1203 K 1313 K 1448 K
Mass flow rate(kg/s) 747x107  7.47x10"  7.47x10%  7.47x10"
Inlet gas stream temperature (K) 500 500 500 500
Wall temperature (K) 1073 1203 1313 1448
Biomass particle temperature (K) 298 298 298 298
Biomass flow rate (kg/s) 1.111x107

Table 5.3. Operating Conditions for Biomass Devolatilization for 2D Axisymmetric

CFD Model

Fuel Air Heated Gas

N, 1073K 1203K 1313K 1448K
Mass flow rate (kg/s) 7.95x10° 6.68x10" 6.68x10" 6.68x10" 6.68x10™
Inlet stream temperature

298 523.85 523.85 523.85 523.85

(K)

Wall temperature (K) Operating temperature
Biomass particle inlet

500
temperature (K)
Biomass flow rate (kg/s) 1.111x107
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Table 5.4. Operating Conditions for Biomass Combustion for 2D Axisymmetric Model

Inlets Fuel Air Auxiliary Air Auxiliary Air

Gas Air Heated gas Heated gas
(For T=1313K, 1448K, (For T=1448K and
1573K and O, at outlet =4 O, at outlet = 8 mol

mol %) %)

Mass flow rate(kg/s)  8.21x107 3.9x10™ 3.95x10™
Temperature (K) 298 Operating temperature of EFR
Mass fraction
0, 0.233 0.028 0.086
CO, - 0.133 0.125
H,O - 0.109 0.102
Biomass particle input
temperature (K) 500
Biomass flow rate
(kg/s) 1.111 x 107

Table 5.5. Model Parameters

Parameter Value | Reference

Particle emissivity 0.9 32

Particle scattering factor (f,) 0.6 32

Swelling factor (Sy) 1

Heat fraction (fjeu;) 1 49

Particle density (p,), kg/m’ 450 ;

Particle heat capacity (Cp,), J/kg K 2300

Emissivity of wall (silicon carbide wall) | 0.96 47
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5.4 NUMERICAL SIMULATION
Commercial CFD solver, FLUENT 6.3 (of Ansys Inc., USA)* was used to solve the

mass, energy and momentum governing equations. The kinetic parameters were taken from
Jimenez et. al.’ and are specified in Table 5.6 unless stated explicitly. The Particle size
distribution (PSD) data was obtained from Jimenez et. al' *°, which is shown in Figure 5.2.
The Rosin-Rammler equation was fitted to the PSD of the biomass particles and the model
parameters were obtained as mean particle diameter = 640 um and spread parameter =

2.877.

Table 5.6. Kinetic Parameters®

Devolatilization Char oxidation
A, E, A, E.
s™) (J/kmol) (kg/m’sPa) (J/kmol)
47.17 11x10° 0.00046 63x10°

The influence of number of computational cells on prediction of biomass burnout was
studied by performing simulations on uniform grid of size 5340 (20 x 267) to 83148 (78 x
1066). It was observed that the use of 20787 (39 x 533) cells were adequate to capture the
burnout profile. Hence 20787 cells were used in all the subsequent simulations.

Preliminary numerical experiments were carried out to evaluate different discretization
schemes and based on this second order accurate discretization scheme was used for all the
subsequent simulations. Velocity and pressure coupling was handled by SIMPLE
algorithm. For 1D plug flow model, the simulations were performed without solving flow
whereas for the 2D axisymmetric model, the flow was solved. The residuals of velocity
components, species, energy, radiation were monitored. Various criteria like insignificant
change (<1%) in velocity, species, temperature and combustion profiles at various location

of the EFR were used to decide appropriate level of convergence.
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Figure 5.2. Rosin-Rammler fit to particle size distribution (PSD) data’

5.5 RESULTS AND DISCUSSION

Numerical investigation of the devolatilization and combustion characteristic of
pulverized biomass in an EFR has been performed. Two types of models (1D plug flow
model and 2D axisymmetric CFD model) were developed and used to simulate the
experimental measurements reported recently by Jimenez et. al.” along the length of the
EFR. It should be noted here that all the experimental data points of unburnt fraction of
biomass presented in this work were taken from the paper of Jimenez et. al.’> Simulation

results obtained are discussed in the following section.
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5.5.1 Biomass Devolatilization
5.5.1.1 1D Plug Flow Model

Numerical simulation of 1D Plug flow model of EFR was simulated to predict the
biomass burnout. The optimized kinetic parameters reported by Jimenez et. al.’ were used
in this simulation (Table 5.6). In devolatilization series experiments, *° the N, was injected
through the same lines to the pre-burner chamber, and then passes across the honeycomb.
Since both were hot, and there was a good contact, especially at the honeycomb, it was
expected that the gases to be partially heated at the entrance of the EFR. Hence, the
sensitivity of inlet gas stream temperature (7,) was studied for all the operating
temperatures in the range of 298K to respective operating temperature. Based on this study,
the inlet gas stream temperature of 500K was found to be suitable to quantitatively capture
the burnout behavior of biomass. Figure 5.3 clearly indicates that the 1D plug flow model
developed in FLUENT shows a good agreement with the devolatilization experimental
measurements with the kinetic parameters reported by Jimenez ef. al’ This gives
confidence in the CFD model developed in FLUENT. Hence, further 2D axisymmetric

CFD model simulations were carried out with the 7, of 500K.

5.5.1.2 2D Axisymmetric CFD Model

The 2D axisymmetric model of EFR was simulated by specifying two separate inlets
for FA and PA (Figure 1-A). The inlet FA temperature was taken as 298K and PA
temperature was adjusted in such a way that overall 7, will be 500K. The kinetic
parameters and particle inlet temperature (7,) were similar to those used in 1D plug flow
model studies. Figure 5.4 represents the comparison between experimental measurements
and 2D axisymmetric CFD model predictions for all operating temperatures. Result shows
that 2D axisymmetric model under predicts the devolatilization profile significantly.
Therefore, it is necessary to check the sensitivity of predicted results with respect to various
model parameters. First, the sensitivity studies were performed by varying the pre-
exponential factor (4,) in the range of 47.17 to 200 s™', keeping the activation energy at
fixed value, for the operating temperatures of 1073K and 1448K. It was observed that the
model could not capture the experimental measurements at lower temperature (1073K) in

the initial period of devolatilization.
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The model shows good agreement with the experimental measurements for higher
temperature condition (1448K) for the high 4, value (4, = 200 s™). Hence, the sensitivity
studies were performed by varying 7, in the range of 298K to 500K and 4, in the range of
47.17 to 150 s'. The good agreement was observed between the experimental
measurements and CFD model predictions with 4, = 150 stand E, = 1.1 x107 J/kmol.
Simulation results in Figure 5.5 were shown for two temperatures 1073K and 1448K and
similar observation was found for all other operating temperatures (see Figure 5.6).

It should be noted here that in 1D plug flow model studies, 7, and 7, were taken as
298K and 500K respectively. Whereas in 2D axisymmetric CFD model, 7, needs to be fine
tuned to capture the burnout behavior of biomass. This is because in devolatilization series
experiments*, the fuel injection gun was located as low as possible to allow the co-flow
gases to heat up along the upper half of the reactor. Hence, as FA and biomass particles
were injected from FA inlet, it was expected that the gas and particles are partially heated
at the entrance of the EFR. This phenomenon could not be captured in 1D plug flow model.
To ensure this, 1D plug flow model was also simulated with the 7, of 500K, and observed
that the model over predicts the experimental measurements. Hence, these input boundary
conditions of 2D axisymmetric CFD model were used for the further simulations (Table
5.3).

Subsequently, the simulations were performed by varying the activation energy in the
range of 0.1x10" to 1.1x10"7 J/kmol, keeping the pre-exponential factor (4, = 47.17 s)
constant. Again the good agreement was observed between CFD model predictions and the
experimental measurements with £, = 0.6x10" J/kmol (Figure 5.6). This clearly shows that
the devolatilization kinetic parameters play significant role in the prediction of burnout
behavior.

The above sensitivity studies had given the range in which the 4, and E, can be varied
to capture the experimental burnout data. Simulations were performed with 4, = 98.58 5™

and then the value of E, was tuned to fit the experimental burnout data. It was observed that
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Figure 5.6. 2D axisymmetric model predictions with three sets of fine tuned kinetic
parameters for biomass devolatilization case
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with E£,= 0.9 x10" J/kmol shows good fit to the experimental burnout data (Figure 5.6).
Comparison of the model predictions for these three sets of kinetic parameters at 1073K-
1448K 1s shown in Figure 5.6, which shows no significant difference in burnout
predictions. Hence one set of devolatilization kinetic parameters (4, = 150s™, E, = 1.1x10"’
J/kmol) were used to simulate the 2D axisymmetric CFD model for further biomass

combustion study.

5.5.2 Biomass Combustion
5.5.2.1 2D Axisymmetric CFD Model

In biomass combustion experiments, roughly half of the total burnout time is devoted to
the release of volatiles because of the high volatile content of biomass (~70%).” Therefore,
devolatilization plays an important role in the overall process. For combustion study, first
the CFD model was simulated with the kinetic parameters reported by Jimenez ef. al.’
[Table 5.6], which are based on their 1D plug flow model studies. The gas and particle
boundary conditions are shown in Table 5.4. Figure 5.7-A shows the comparison between
experimental measurements and CFD model predictions at 1313K and 1573K. Result
shows that the model under predicts the experimental data significantly. This was the
similar observation as observed in 2D axisymmetric devolatilization case. Hence,
subsequently, the simulations were performed with the kinetic parameters derived from 2D
axisymmetric devolatilization case (4, = 150s”, E, = 1.1x10"" J/kmol). Figure 5.7-B shows
the comparison between experimental measurements and CFD model predictions. It was
observed that the CFD model could capture the experimental profile qualitatively in the
initial period of devolatilization (up to 0.6m distance from the entry of EFR), but it under
predicts the char combustion profile. Hence it is necessary to fine tune the char combustion
kinetic parameters to capture the complete combustion profile of biomass. Simulation
results in Figure 5.7 were shown for two temperatures and similar observation was found

for other operating conditions.
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For the purpose of fine tuning the char combustion kinetic parameters, the sensitivity
study was performed by varying the pre-exponential factor (4.) in the range of 0.46 x 107
kg/m?’sPa to 3.5 x 10~ kg/m’sPa, keeping the activation energy same (E. = 6.3 x 10’
J/kmol). Figure 5.8 shows the comparison between experimental measurements and CFD
model predictions for char combustion part only (0.6m to 1.6m distance from the entry of
the EFR) at 1313K and 1448K. It was observed that the CFD model could capture the char
combustion profile qualitatively with 4. = 3.5 x 10” kg/m’sPa. Simulations were also
performed at different oxygen concentration to understand the applicability of these
evaluated parameters at various operating conditions. The operating conditions were
adjusted such that the oxygen concentration at the exit of the EFR is 8 mol %. Figure 5.9
shows that the CFD model was able to capture the qualitative trend of combustion profile
for all the operating conditions. It is important to note here that the gas velocities for
devolatilization and combustions tests are different. Since the calculation of combustion
curves relies greatly on the kinetic parameters for the devolatilization of the particles, the
correct reproduction of combustion series observed in Figure 5.7-B by 2D axisymmetric

CFD model can be regarded as a proof of robustness for the method followed.
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Figure 5.8. Comparison between experimental measurements and 2D axisymmetric
CFD model predictions: Sensitivity of char combustion kinetic parameters (4. and E.).
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5.6 IMPORTANCE OF 2D AXISYMMETRIC CFD MODEL FOR EFR

In order to simulate 1D plug flow behavior, the velocity was patched in the
computational domain and the flow equation was not solved. The biomass particles were
injected from all over the cross sectional areas of inlet face of EFR, but in experiments, the
particles were introduced from the central inlet with Fuel/pneumatic air. From the contour
plot of rate of biomass burnout of 2D axisymmetric CFD model of devolatilization case
(Figure 5.10-A), it is evident that most of the particles travel along the axis after injection
into the EFR. Figure 6-A shows that the gas velocity along the axis is around 2 m/s to 2.8
m/s and around 0.1 m/s near to the wall region, where as for 1D plug flow model, the
average velocity profile was ~ 0.73 m/s (Figure 5.10-B).

The residence time distribution (RTD) of particles depends upon the particle trajectory
that it follows after injection. The residence time distributions (RTD) of particles obtained
from 2D axisymmetric CFD and 1D plug flow model simulations are shown in Figure 5.11.
The mean residence time for 1D plug flow model was 1.6821 s with standard deviation =
0.3659 s. For 2D axisymmetric CFD model the mean residence time was observed to be
0.6239 s with standard deviation = 0.0628 s. The ratio of mean residence time of 1D plug
flow model to 2D axisymmetric CFD model was ~ 2.69, which is greater than the ratio of
maximum velocity in laminar flow and superficial velocity (2). This may be because of
high velocity jets considered in the 2D axisymmetric CFD model. In 1D plug flow model,
the biomass particles were injected from all over the cross sectional areas of inlet face of
EFR. With 2D axisymmetric CFD model, actual inlet configuration was considered and the
biomass particles were injected from the central FA inlet jet of EFR. The high FA inlet jet
velocity of biomass particles (1.381 m/s at FA inlet and 0.123 m/s at PA inlet at 298K)
leads to significant reduction in average residence time compared to the 1D plug flow
model. Because of the lower effective residence time, when the kinetic parameters based on
the 1D plug flow model were implemented in the 2D axisymmetric CFD model, the results
under predicted the biomass burnout profile.

Therefore the kinetic parameters cannot be obtained with the plug flow assumption.
The flow profile inside the EFR needs to be computed and the kinetic parameters should be
evaluated based on this realistic information. The influence of inlet configuration on the

flow profile is significant in EFR and hence any modeling effort should account the non-
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Gas velocity vector Rate of biomass burnout (kg/s)
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1.8 l.44¢-19
1.2 . 9.60e-110

| 0.6 4.808-11
0.1 0.00e+07

(A) 2D axisymmetric model (1448K)

Gas velocity vector Rate of biomass burnout (kg/s)
- 0.73 . 1.348-03
0.73 1.07a-08
0.73 .06e-110
0.73 5.36a-110
0.73 2.588-110
0.73 ‘ 0.00=+00

(B) 1D plug flow model (1448K)

Figure 5.10. Contour plot of biomass burnout superimposed with velocity magnitude
vector for devolatilization case
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Figure 5.11. Residence time distribution of poly dispersed particles (operating
temperature 1448K)
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uniformity at the inlet region and its effect on the flow profile. The kinetic parameters

based on 2D axisymmetric CFD model studies are given in Table 5.7.

5.7

Table 5.7. Kinetic Parameters based on 2D axisymmetric CFD model

Devolatilization Char oxidation
Ay E, A, E.
s (J/kmol) (kg/m’sPa) (J/kmol)
150 11x10° 0.0035 63x10°

CONCLUSIONS

ID plug flow model and 2D axisymmetric CFD model of a laminar flow EFR were

developed. The models were used to assess the influence of the kinetic parameters and

operating conditions on the burning characteristic of biomass (cynara cardunculus). The

comparison between the 1D plug flow model and 2D axisymmetric CFD model predictions

with the experimental data reported by Jimenez et. al? is discussed. It was observed that

the estimation of kinetic parameters were sensitive to various assumption made while

simplifying the model. The major observations and conclusions are listed below:

1D Plug flow model of devolatilization case with the kinetic parameters reported by
Jimenez et. al’ captures the quantitative burnout profile at inlet gas stream
temperature of 500K

2D axisymmetric CFD model with the kinetic parameters derived from 1D plug
flow model under predicts the biomass burnout profile significantly for both
devolatilization and combustion cases

The 2D axisymmetric CFD model studies shows that the rates of devolatilization
and char combustion are 3-4 times and 7-8 times greater than the rates found in 1D
plug flow model studies respectively

2D axisymmetric CFD simulations show that the nature of gas flow was developing
laminar flow rather than ideal plug flow. As particles were injected from central
injection, most of the particles travel along the axis of the EFR with maximum

velocity, which leads to shorter residence time of the particle as compared to plug
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flow model. This leads to under prediction of the burnout profile with kinetic
parameters proposed by Jimenez et. al.’> Hence, it is important to simulate the gas
flow, particle flow and inlet configuration of EFR. Therefore, the biomass
devolatilization and combustion kinetic parameters can be more realistic if they are
estimated from the detailed multidimensional CFD model. It is then possible to
more confidently extrapolate the information to large scale biomass combustors and

gasifiers.
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NOMENCLATURE

absorption coefficient of gas
equivalent absorption coefficient due to the presence of
particulates

projected area of particle

pre exponential factor for char oxidation

pre exponential factor for devolatilization

drag coefficient

molar concentration of each reactant I” species in
reaction r

heat capacity

diffusion coefficient for species k in the mixture
particle diameter

equivalent emission

activation energy for char oxidation

activation energy for devolatilization

momentum source term

fraction of char oxidation heat absorbed by the particle
particle scattering factor associated with the n™ particle
gravitational constant

gas enthalpy

enthalpy of formation of species k at the reference
temperature, T,..r

heat transfer coefficient

heat released during char oxidation

radiant intensity

thermal conductivity of gas

char oxidation kinetic rate constant

devolatilization kinetic rate constant
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Wm K™

WmK!
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K

my

mV: mc
pk
MW

Qconv
Qrad

Ry
Rk,r

Sh,rxn

><§§w

<

gas phase diffusion coefficient for oxygen
mass fraction of species &

mass of particle

mass fraction of volatile and char respectively

particle mass flow rate of component &

molecular weight

heat flow towards the particle by Convection

heat flow towards the particle by Radiation

radial direction

gas constant

net rate of production of species k& by chemical reaction
volumetric rate of creation of species k in 7" reaction
source term for heat of gas phase chemical reactions
source term for heat added from discrete phase
source of species k from dispersed phase

source term for the total mass added from the discrete
phase

time after injection

particle temperature

1/4
- 1
radiation temperature =| —
4o

fluid velocity in radial direction r
unburnt fraction of biomass
particle velocity in i direction (7 or z)

gas velocity in i direction (U or )

volume of computational cell
fluid velocity in axial direction z
initial mass of particle

distance in axial or radial direction

mass fraction
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Greek letters
.,
#s.5)

o

€,

Oy

!

Vi, and v,

u
0

Subscripts
db

g

exponent for each I" reactant in reaction r
scattering phase function

stefan Boltzmann constant =5.67x10™"
emissivity of particle
equivalent particle scattering factor

stoichiometric coefficient for k" species as product and
reactant respectively
viscosity of gas phase

density

dry basis
gas
direction
particle size
particle

oxygen
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