STUDIES IN
MULTIPHASE REACTORS

A THESIS
SUBMITTED TO THE
UNIVERSITY OF POONA
FOR THE DEGREE OF

DOCTOR OF PHILOSOPHY

IN CHEMISTRY

Th-ce 7

BY

CHANDRASHEKHAR VASANT RODE

CHEMICAL ENGINEERING DIVISION
NATIONAL CHEMICAL LABORATORY
PUNE 411008 (INDIA)

JUNE 1990



FORM - A

CERTIFIED that the work incorporated in thesis
Studies in Multiphase Reactors',6 submitted by Shri. C.V.
Rode was carried out by the candidate wunder my
supervision. ‘Such material as has been obtained from the

other sources has been duly acknowledged in the thesis.

R.V. CHAUDHARI]
Supervisor



ACEKNOWLEDGEMENTS

I take this opportunity to express my debt of gratitute
toc Dr. R.V. cChaudhari, Asst. Director, Chemical
Engineering Division, National Chemical Laboratory, Pune,
for initiation of the problem and his inspiring guidance

throughout the course of this work.

I am grateful to Dr. R.A. Mashelkar, Director, NCL
for permitting me to carry out this research work in NCL

and to submit this thesis to the University of Pune.

It is my great pleasure to acknowledge my colleagues
for their ever willing support, helpful hand and
sympathetic ear. I also wish to thank Mr. K.

Radhakrishnan for elegant typing of this thesis, within a

Pune C.V. Rode
June 1990

very short time.



CONTENTS

SUMMARY AND CONCLUSI ONS

PART | MODELLI NG OF A BUBBLE COLUWN REACTOR
OXI DATI ON OF ETHYLENE TO ACETALDEHYDE
USI NG PdC1,- CuCl, CATALYST

CHAPTER 1 | NTRODUCTI ON AND LI TERATURE SURVEY

1.1 General background
1.2 Literature survey
1.2.1 Bubbl e col um reactor
1.2.2 Wacker process
1.2.2.1 Kinetics and mechani sm
1.3 Scope and objective

REFERENCES

CHAPTER 2 EXPERI MENTAL

2.1 Mat eri al s
2.2 React or
2.3 Experi mental procedure

2.4 Anal ysi s

15
17
17
26
32
37
38

42
42
43
44



CHAPTER 3

CHAPTER 4

3.1
3.2
3.3

3.4

3.5

4.1

4.2

4.3

RESULTS AND DI SCUSSI ON

Theoretical npdel
Par anet er estinmation

Compari son of experinental data
with theroy

Critical concentration of oxygen
3.4.1 I nt roducti on

3.4.2 Experi nent al

3.4.3 Resul ts and discussion
Concl usi ons

NOVENCLATURE

REFERENCES

GAS HOLDUP AND FLOW REGI MES IN A

BUBBLE COLUWN REACTOR

General background and Literature
survey

Experi ment al

4.2.1 Mat eri al s

4.2.2 Appar at us

4.2.3 Experi mental procedure
Resul ts and di scussion

4.3.1 Gas hold-up in
air-water system

4.3.2 Ef fect of electrolytes
on gas hol d-up

47
52

59

69
69
72
73
83
85
87

89

97
97
97
98
99

99

101



PART 11

CHAPTER

1

HYDROGENATI ON OF META- NI TROCHLORO BENZENE

TO

1.1

1.2

4.3.3 Ef fect of surfactants
on gas hol d-up

4.3.4 Correlation of data

4.3.5 Fl ow regi nes

Concl usi ons

NOVENCLATURE

REFERENCES

META- CHLORO ANI LI NE

| NTRODUCTI ON

General background

1.1.1 Reacti on

1.1.2 Literature survey

1.1.3 Ki netics and nmechani sm

Anal ysis of slurry reactors

1.

1.

2.

2.

1

2

Cenera
Literature survey
Theory

Anal ysis of differenti al
reactors

Overall rate of mmss
transfer

Rate of chem cal reaction

L-H Type kinetics

109

113
128
135
137
138

144
147
148
154
155
155
159
161
164

165

166

168



CHAPTER 2

CHAPTER 3

1.3

2.1
2.2
2.3

2.4

3.2

Obj ective of the present work

EXPERI MENTAL

Mat eri al s

Appar at us

Experimental procedure

Anal ysi s

RESULTS AND DI SCUSSI ON

Anal ysis of initial rate data

3.1.1

3
3

1.

1.

5

5.

2

3

Ef fect of catalyst
| oadi ng

Ef fect of agitation speed
Ef fect of H, pressure

Ef fect of substrate and
product concentration

Anal ysis of mass transfer
effects

Gas-liguid mass transfer
Li guid-solid mass transfer

Intra-particle diffusion

Ki neti ¢ nodel

3.2.1

Model di scrimnation and

paraneter estimation

170

171
171
172

172

180

185

185
186

186

186

193
194
197
198
206



3.3
3.4
3.5

3.2.2 Interpretation of rate
data at 353 and 363K

Batch reactor nodel

Non-i sot hermal nodelling
Concl usi ons

NOVENCLATURE

REFERENCES

212

214
225
233
235
237



SUMMARY AND CONCLUSIONS

Multiphase reactors involving gas and liquid
reactants, are extensively used in several industrial
scale chemical processes. Some of the well known examples
are found in oxidation and hydrogenation of organic
compounds, hydroprocessing of coal derived and petroleum
oils, Fischer-Tropsch synthesis and polymerization
reactions. Recently, these reactors have also found
applications in the fields of food, biotechnology and
pharmaceutical (FBP) engineering, namely in the
production of antibiotics and wastewater treatment. The
performance of these reactors is dependent on various
factors = such as gas-liquid, liquid-solid and
intraparticle heat and mass transfer, reaction kinetics
and mixing of the fluid phases. In the proper design of
such a reactor, the contribution of the above steps needs
to be incorporated. The reaction engineering of
Multiphase Cétalytic Reactors has considerably
progressed and this subject has been reviewed in books by

Ramachandran and Chaudhari (1983) and Shah (1979).

The commonly used multiphase reactors in industry
are : bubble column reactors, agitated reactors, trickle
bed reactors, packed bed and three phase fluidized bed
reactors. For gas-liquid catalytic processes involving

homogeneous catalysts, the bubble column reactors are



commonly used. While extensive work on this subject has
been done, there is lack of data on real systems
involving gas-liquid catalytic (homogeneous) reactions
and industrially important hydrogenation reactions in a
slurry phase. The aim of the present work was to study

the following problems :

* Oxidation of ethylene to acetaldehyde using Pdclz-

Cucl2 catalyst system, in a bubble column reactor.

* Hydrogenation of m-nitrochlorobenzene (MNCB) to
m-chlorcaniline (MCA), using Pt/C, catalyst in a

stirred slurry reactor.

Both these reactions are industrially important
and provide good case studies for investigations on the
modelling of multiphase reactors. Though, much work has
been published so far on the chenmistry of Wacker process
‘(Henry, 1964; Jira, 1969), there is little information
available, on the reaction engineering aspects of this
process under conditions of practical relevance. This
system is also interesting as it involves reaction of two
gases, namely, ethylene and oxygen, in a liquid and there
are only a few experimental studies on such cases
(Moiseev,1970; and Henry, 1980). The second problem on
hydrogenation of MNCB is also important industrially and
there are no published reports on the kinetics and

reaction engineering aspects of this reaction. A brief
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summary of the work carried out is presented here :

PART I

MODELLING OF A BUBBLE COLUMN REACTOR : OXIDATION OF

ETHYLENE TO ACETALDEHYDE USING PdClz-CuCl2 CATALYST

The liquid phase oxidation of olefins using
transition metal complex catalysts to carbonyl compounds
is of great industrial significance. These processes
involve gas-liquid reactions in the presence of a
homogeneous or a heterogeneous catalyst, with continuous
flow of reactants and the products. An important example
of this class is the liquid phase oxidation of ethylene
to acetaldehyde, using a homogeneous, redox type of
catalyst system (Smidt et al. 1962). The present work was
undertaken with the aim of understanding the reaction
engineering aspects of this important reaction. The

reaction scheme involved in the Wacker Process 1is as

follows :
o .
C,H, * PACL, + H,0 =——— > CH,CHO + PA” + 2HCL (i)
pa® + 2CuCl, ====- > PdCl, + 2cucl (ii)
2CuCl + 2HCL + 1/2 0, -==-- > 2CuCl, + H,0 (iii)

C2H4 + 1/2 0y =—=—== > CH,CHO (iv)
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The following specific problems were studied :

* Performance of a bubble column reactor for oxidation
of ethylene to acetaldehyde (Wacker Process) : An

experimental and theoretical study.

* Critical oxygen concentration for the oxidation of
ethylene to acetaldehyde : Comparison of
experimental data with the predictions of the

model.

* Gas hold-up and flow regimes in a bubble column

reactor : Role of electrolytes and surfactants.

Chapter 1 presents a general background and
literature survey on the oxidation of ethylene to
acetaldehyde. A critical review of the various routes for
acetaldehyde manufacture and its applications, the
catalysts used, kinetic studies, and reaction mechanism
has been presented. Generally, liquid-phase oxidation of
ethylene to acetaldehyde is carried out using redox type
of catalyst consisting of PdClz-CuClz. More recently, the
use of heteropolyacids has been suggested, in place of
CuCl,, for regeneration of PdCl2 catalyst. The scope of

the work on this subject has been outlined.

Chapter 2 presents details of the experimental
reactor assembly, the procedure for obtaining reactor

performance data and the analysis of reactants and
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products. All the experiments were carried out in a
single stage bubble column reactor, of 0.05 m diameter
and 1.5 m height. This was operated in a semi-batch

manner, with respect to the catalyst solution.

Chapter 3 presents the results and discussion on
the reactor performance and studies on critical oxygen
concentration for ethylene oxidation. Experimental data
were obtained in a temperature range of 333-363 K. The
effect of superficial gas velocity, PdCl2 concentration,
CuCl2 concentration, ratio of gas phase concentration and
temperature on the conversion of ethylene was
investigated. The performance equations for the bubble
column reactor were developed assuming that i) the gas
phase moves in a plug flow manner and the 1liquid is
thoroughly backmixed, ii) the reactions of dissolved C_H

24
and 0, occur in the bulk liquid, and the reactions in the
film are negligible; iii) isothermal conditions prevail
in the reactor; iv) the gas-side mass transfer resistance
is negligible; and v) the change in the superficial
velocity of the gas phase is considered negligible. The

form of rate equation, (based on the earlier kinetics

studies (Henry, 1964), considered was

gy o emswcsseleacliuceumas (1)
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kl = rate constant, (kmol/m3)2/s

A = species A (ethylene) or concentration of
ethylene, kmol / m3

CI = initial concentration of Pdclz, kmol/m3

B = concentration of cupric chloride, kmol/m3

El - concentration of cuprous chloride, kmol/m3

E = concentration of HC1, kmol/m3

It was observed that the conversion of ethylene (XA)
decreased with increase in the linear gas velocity and
was found to wvary linearly with the catalyst
concentration. Kinetic parameters were evaluated using
one set of our own experimental data and using these
parameters, the performance at other conditions was
predicted and compared with the experimental results. The
agreement was found to be good showing validity of the
model at all temperatures and also the applicability of

the kinetics under wider range of conditicns.

A study on the critical concentration of oxygen,
for ethylene oxidation process was also carried out.
Under a given set of operating conditions, the achievable
steady state conversion of ethylene will be attained,
only if the oxygen concentration at the reactor inlet is
higher than a certain level. Below this critical
concentration level, the catalytic cycle will not operate
leading to a lower efficiency of the reactor. 2

theoretical analysis has been presented to predict the
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critical inlet 0, concentration, by way of a steady state
analysis of the above reactor and also the effect of
other process and operating parameters on this important
variable has been studied. It was found that the
conversion of ethylene decreases with time when the ratio
of inlet concentration of oxygen to ethylene ((13) was
below 2. In the extreme cases, i.e. when C£3 £ Q:%; XA
was very low and Pd black was found to be deposited along
the walls of the reactor. For the purpose of obtaining
such data, a particular run was carried out for a
duration of 4-6 hours and depletion in the catalyst
activity was observed over a period of time. Experiments
were carried out under different conditions.

Experimental results were found to be in good agreement

with the theoretical predictions.

Chapter 4 presents a study on the gas hold-up
and flow regimes in a bubble column reactor, particularly
to investigate the effect of electrolytes and
surfactants. A knowledge of these parameters is useful in
the scale up and design of reactors. The effect of
various system parameters like gas velocity,
concentration of electrolytes and surfactants,and
temperature, on the gas hold-up and flow regime has been
studied. The experimental data were compared with the
predictions of various literature correlaticns. It was
found that none of the correlations could predict the

increased gas hold-up observed in presence of



electrolytes and surfactants. On careful examination of
the models on coalescence of bubbles (Marrucci, 1969;
Andrew, 1960; and Sagert and Quinn 1978), it was noticed
that one of the important dimensionless group (Nco),

describing the process of bubble coalescence is defined

as :
Crk2
Nco - -“““} ----- (2)
where,
2
2c d
C = ————— | == (3)
RT dc
and
1/3
121y
k = |[===—e—e-— (4)
Ar

Based on this theory, the correlation for gas hold-up as

proposed by Hikita et al. (1980), was modified as follows

0.578 4 -0.131 0.062
u_ M M: g 1%
€, = 1.145 -9k —--I—‘--3 -=8- ) x
~ 0L 0L
0.107 , \0-0917
s crk (5)
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Since Hikita's correlation represented the data for air-
water system at room temperature in the present work
satisfactorily, it was wused as the  Dbasis for
modification. The agreement between the predictions by
the egquation (5) with the experimental data was
excellent, indicating the correlation proposed here
suitably accounts for the coalescence effect. Similarly,
for the gas hold-up data for surfactants , the following

correlation was obtained

0.578 -0.131 0.062
u. M M 49 P
€, = 0.672 —9:{-—9 o --S- X
Py ¥ 159
0.107
M (082 crk/ o
Mo 1 + 0.154 Crkz/J

Here also the agreement between the theory and the
experimental results was excellent. While both these
correlations were tested for the data at room temperature
they can be extended to incorporate the effect of

temperature and the vapour pressure of the solvent.

The effect of temperature on flow regime
characteristics of a bubble column was studied for air-
water,air-aquecus electrolyte and air-aqueous surfactant

systems. At lower temperature (303K), the bubble flow
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regime was operating over a wide range of gas
velocities,while increase in temperature resulted in
substantial decrease in the gas velocity ugT' at which
transition from bubble flow to churn turbulent flow
occurs. For the solutions of electrolytes and

surfactants, u was found to be higher than in the air-

gT

water system. Nevertheless,ugT was found to decrease with

temperature even for electrolytes and surfactants.

PART II

HYDROGENATION OF m-NITROCHLOROBENZENE TO

m- CHLOROANILINE IN A SLURRY REACTOR

Slurry reactors have extensive applications in
chemical industries and particularly in the liquid phase
catalytic hydrogenation processes. For any specific
system of practical importance, a knowledge of the
intrinsic kinetics of the reaction 1is essential, for
predicting the reactor performance. In the present work,
some of the reaction engineering aspects of an
industrially important reaction such as hydrogenation of
m-nitrochlorobenzene to m-chloroaniline, in a liquid-

phase, using 1% Pt-S/C, was studied.

cl
+3H, —» @ + 2H,0 (v)
NO» NH»

ol
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In Chapter 1, general .background of the
problem and literature survey on slurry reactors and
also the reaction under study, is presented. m-
Chloroaniline is used as an intermediate in dyes, drugs
and pesticides manufacture. Liquid phase catalytic
hydrogenation of halo nitrocompounds is, therefore, a
reaction of industrial significance and a three phase
slurry reactor is commonly used for this process. It was
noted from the literature, that there is hardly any
published information on the kinetics of the catalytic
hydrogenation of halonitrocompounds and most of the
information is in the form of patents. Therefore, it was
thought important to study the kinetics of hydrogenation

of m-nitrochlorobenzene.

Chapter 2, presents details of the apparatus,
experimental procedure and the analysis of reactants and
products. The experiments were carried out in a
mechanically stirred autoclave, having provisions for gas
inlet, sampling, gas vent and automatic temperature
contrecl. Hydrogenation experiments were carried out in a
temperature range of 313-363 K, and over a H, pressure

2
range of 0.656 x 10° kPa to 6.8 x 10° kPa.

Chapter 3 presents the results and
discussion on the kinetics of the hydrogenation of m-
nitrochlorobenzene to m-chlorcaniline. The effect of

catalyst loading, H2 pressure, concentration of reactants
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and products on the rate of hydrogenation as well as the
concentration profile in a batch reactor were
investigated. The rate was found to be linearly dependent
on H2 pressure, while it was zero order with respect to
both substrate as well as the product concentrations. The
initial rate data were analyzed for the significance of
mass transfer effects. It was found that in the
temperature range of 313-333 K, mass transfer effects
were unimportant, while at 353 and 363 K, the gas-liquid
mass transfer resistance was significant. The initial
rate data were fitted to several forms of rate equations,
some purely empirical and some Langmuir Hinshelwood type
of models. After a rigorous discrimination procedure, the
following rate equation was found to represent the rate

data satisfactorily

*
r, = __I_éfi_ég_?lg _____ (7)
B "lo
where,
A" = concentration of hydrogen, kmol/m3
B10 = concentration of MNCB, kmol/m3
kl - rate constant, (m3/kg).(m3/kmol.s)
KB - adsorption equilibrium constant, m3/kmol
W = catalyst loading, kg/m3

The kinetic parameters were evaluated and the activation

energy was found to be 30.63 kJ/mol.
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In order to verify the applicability of the
kinetic model over a wide range of conditions, integral
batch reactor data were also obtained at a constant H2
pressure. Using the rate model proposed earlier, based
on the initial rate data, the concentration time
behaviour was predicted from the batch reactor model. The
experimental and predicted concentration profiles of m-
nitrochlorobenzene and m-chloroaniline vs. time, agreed
very well, which suggests that the proposed rate model
can be reliably used for design and scale-up purposes.
Even the results at higher temperatures agreed with model
predictions after the gas-liquid mass transfer

contribution was incorporated.

Also, a few experiments were carried out under
non-isothermal conditions, at different initial

temperatures in which H_, consumption and temperature vs.

2
time profiles were observed. It was found that these data
could be well represented by the proposed non-isothermal

theoretical model.
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PART I

MODELLING OF A BUBBLE COLUMN
REACTOR : OXIDATION OF ETHYLENE
TO ACETALDEHYDE USING
PdCl, - CuCl, CATALYST



CHAPTER 1

INTRODUCTION AND LITERATURE SURVEY
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1.1 GENERAL BACKGROUND

Bubble column reactors are extensively used in
industries, both in chemical as well as bio-chemical
processes. Some of the important examples are found in
homogeneous catalytic gas-liquid reactions, such as,
oxidation, carbonylation, hydrofomylation and
hydrogenation reactions. In these reactors, the gas phase
is dispersed through a deep pool of liquid containing
either a homogeneous or suspended solid catalyst. The
performance of such reactors is strongly dependent on the
mixing of gas and liquid phases, mass transfer processes
and reaction kinetics. It is important to develop
mathematical models which will allow prediction of
performance of such reactors incorporating the various
complexities associated with multiphase contacting and
chemical reactions. Such a study provides a scientific
basis for the design of these reactors. While extensive
work on the modelling of bubble column reactors has been
reported in the literature, there is lack of information
on modelling of real systems and particularly, the
experimental studies with the aim of verification of the
reactor models. The aim of the present work was to
undertake an experimental programme on the performance
of a bubble column reactor for oxidation of ethylene to
acetaldehyde (Wacker Process). Since the Wacker Process

is one of the important examples of applications of
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bubble column reactors, such a study would be useful
from practical considerations. The Wacker Process is a
typical example of this, which inveolves the liquid phase
oxidation of ethylene to acetaldehyde using a
homogeneous, redox type catalyst system. Acetaldehyde is
an important raw material in industrial synthesis of
acetic acid, acetic anhydride, cellulose acetate, vinyl
acetate resins, acetate esters, pyridine derivatives,

crotonaldehyde, terphthalic acid and peracetic acid.

The oxidation of ethylene has been studied by
several investigators, in the past (Stern, 1967; Aguilo,
1967; Henry, 1968; Moiseev, 1970), with emphasis on
reaction mechanism, product distribution and kinetics.
However, the reaction engineering features of this
important process have not been investigated earlier. As
this process involves simultaneous absorption of two
gases (ethylene and oxygen) with a complex catalytic
reaction, the role of mass transfer on the efficiency of
the process needs to be understood. Also, the catalytic
solution is an electrolyte and hence, will have
significant influence on both hydrodynamic and mass
transfer characteristics of the reactor. There is a need
to develop a mathematical model for predicting the bubble
column reactor performance incorporating the above

effects.
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The aim of the present work was to attempt the
investigations on reaction engineering aspects of this
important process that would be useful in understanding
the design aspects of the reactor. It was also the aim of
this work to compare the experimental results with
theoretical models and bring out the important
implications of such a study to the design of the

reactors.

The relevant literature on modelling of bubble
column reactors as well as the Wacker Process is

summarized in the following sections.

n LITERATURE SURVEY
1.2.1 Bubble Column Reactors

Bubble column reactors are contactors, for gas
liquid reactions, in which a continuous gas phase moves
in the form of bubbles relative to a continuous liquid
phase. In industrial processes, the various modes of
operation are practised. These could be single stage or
multistage bubble columns operated in a batch or
continuous mode with regard to the 1liguid phase.
Continuous bubble column reactors can be operated
cocurrently or countercurrently. Some of the major
advantages of these reactors over other multiphase
contactors are :

TH-6¢67

)

an e loh®)
66 -C3%3f1k942;¥)
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Less maintenance, no sealing problem due to the
absence of moving parts.

- efficient mass transfer characteristics.

- solids can be handled without significant erosion
or plugging problems.

- simple design and hence less expensive.

The performance of bubble column reactor depends
on mass transfer, hydrodynamic characteristics and the
chemical reaction kinetics. The various aspects
concerning design and modelling of these reactors have
been reviewed by Mashelkar (1970), Shah et al. (1982),

Ramachandran and Chaudhari (1983), and Deckwer (1985).

Mathematical models for the performance of
bubble column reactors can be developed from different
view points. Various authors (Chaudhari and Ramachandran,
1980; Ramachandran and Chaudhari, 1983; Lohse, et al.,
1983), have proposed models for bubble column reactors
based on the assumption of a backmixed ligquid phase. The

following situations can be considered in general,

o Both gas and liquid phases completely backmixed
(CSTR) .

o Gas moves 1in a plug flow manner and liquid is
backmixed.

o Both gas and liquid phases are partially mixed as

described by the axial dispersion model.
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These situations can be analyzed for both
isothermal and non-isothermal conditions. Generally, the
bubble column reactors are operated at conditions wherein
the liquid phase is nearly backmixed and the gas moves in
a plug flow manner. The bubble column reactors are well
suited for carrying out reactions in the slow regime of
absorption. Due to the high liquid holdup, bubble column
reactors provide a large liquid volume, where the
reaction can take place. Therefore, in this chapter the
models applicable for gas-liquid reactions operating in
slow reaction regime will be presented for semibatch mode

of operation.

1. Gas and liquid phases completely backmixed

If we consider a gas liquid reaction, of the

type,

A(g) + B(l) ————— > Products, (1)

and assume that the reaction occurs in bulk liquid (slow
reaction regime) and isothermal conditions, then the
material balance equations for species A and B will be

given as ,

©

e
1

>
I

kpa Vi (Ago/Hy = A)) (1)

kpa (Ago/Hy = A)) = KA By (2)

The conversion of A, can be expressed as,
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A
X, = 1 - ==32- (3)

Ao

gi
Equations (1) and (2) can be solved for evaluating an
unknown Ago and substituting this in equation (3) the

performance equation expression becomes,

XA = ————é ——————————————————
k. av
e St 78 (‘]f’“) v o (4)
HA + 1
k.B
kLa

Another form of performance equation, obtained was

Wy
= 91
I‘A - Agi XA (6)
Ugi -1
where, --33- = T, residence time, s (7)
L

This expression relates in a simple way, the four terms

XA' r residence time ( T ) and Agi: thus, knowing any

Af
three allows the fourth to be found directly. In design
then the size of reactor needed for a given extent of

conversion is found directly.
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2. Gas-phase in plug flow, 1liquid completely
packmixed. In a plug flow reactor the composition of gas
varies along the length. For the same stoichiometry, as
given in equation (i), the mass balance of gas A.as a

function of height measured from the point of gas inlet

is :
dA A
u = k.,a A (8)
g [ L 1
dz HA
For the reactor as a whole the expression (8), upon

integration yields,

A H. A _qa
__g___.._&_l_ e( Az) (9)
Agl - HAAI
kLa
Where, CLA =  —————- (10)
ug HA

The rate of absorption of gas per unit volume of reactor

is

H.Q } A .
ry=--2—- | 1-e el B R (11)
u_H
7 g Ha

The rate of reaction is also given as,
r, = k; AB; (12)

Solving these two equations for Al, the rate expression
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can be given as ,

r = K:Bih o |===Tm S=Tens— + H (13)

Similarly, a model considering dispersion of both gas and
liguid phases, can be followed (Chaudhari and

Ramachandran 1980).

For various practical systems, bubble column
reactor models have also been developed, a summary of

which is given in Table 1.I.

Goto and Smith (1978) compared the performance
of slurry, trickle bed and packed bed reactors for the
oxidation of sulfur dioxide. They developed equations to
predict the fractional conversion of the gas phase

reactant.

Satterfield and Huff (1980), investigated the
effect of mass transfer in a bubble column slurry
reactor, for F-T synthesis. They derived a reactor model,
assuming gas phase in plug flow and liquid and solid
phases completely backmixed. This model was different
from that of Calderbank et al. (1963), where they assumed
that both the liquid and gas phases are in plug-flow. The
same reaction (F-T synthesis) was dealt with by Deckwer,
et al. (198la, 1981b), using a reactor model which

assumed both gas and liquid phases in plug flow.
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Recently, Bukur (1983), studied the effect of
model parameters on the prediction of reactor performance
for F-T synthesis in a bubble column slurry reactor,
considering plug flow of gas and no mixing (PF model) or

complete mixing (PM model) in the liquid phase.

Lohse, et al. (1983), proposed a model for the
batch catalytic chlorination of toluene in a bubble
column reactor, assuming complete backmixing of the

liquid phase.

More recently, Jaganathan, et al. (1987)
developed a mixing cell model for a ceontinucus bubble
column slurry reactor. The system under study was the
hydrogenation of butynediol, which showed substrate

inhibited kinetics.

In a similar manner, several other
models, considering complex kinetics, continuous
operation of the liquid phase, mixing cell model and non-
isothermal reactions, can be developed. Some aspects of
the modelling of bubble column reactor are covered by

Deckwer (1985,1986).

In order to predict the performance of bubble
column reactors, using these theoretical models, a
knowledge of physico-chemical properties, kinetic

parameters, hydrodynamics and mass transfer effects is
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most essential. While, the kinetics and physico-chemical
parameters can be determined experimentally for the
system under consideration, the mass transfer and
hydrodynamic parameters can be predicted using literature
correlations. A summary of such correlation for bubble
column reactors 1is presented by Shah, et al. (1982).
While, extensive studies on mass transfer and
hydrodynamic behaviour is reported in the literature, the
contribution of the system properties ( for electrolytic
and organic solutions) has not been incorporated
satisfactorily. This 1s primarily due to lack of
understanding of coalescence behaviour of gas bubbles in
such systems. Primarily, one requires parameters such as
kLa, which depends on bubble size, gas hold-up, flow
regime, and diffusivity. Therefore, understanding of the
effect of system properties on these parameters is
important. Since, the reaction system considered in the
present work involves electrolytic solution, as a first
step it was thought important to study the flow regimes,

and gas holdup, in a bubble column reactor. The details

of literature on this subject are covered in chapter 4.
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1.2.2 Wacker process

Various commercial routes for the manufacture of

acetaldehyde are :

1) Oxidation of Ethyl Alcohol

In this process, vapour phase oxidation of ethyl
alcohol, using air is carried out in a temperature range
of 450-500°C and at 3atmospheres, over a silver catalyst.

(Neelay, 1966).

EHOH ¥ 278 By =—-—r > CH,CHO + H,0 (ii)

2) Oxidation of Saturated Hydrocarbon

A catalyst free oxidation of propane or a
mixture of propane and butane, at 425-460°C and 7-20 atm.
pressure, produces acetaldehyde (Weissermel and Arpe

1978) .

C.H, =====-- > CH, CHO + By products (iii)

3) Dehydrogenation of Ethyl Alcohol

In this process, a catalytic dehydrogenation of
ethyl alcohol, using supported copper or chromium
catalyst, 1in a temperature range of 270—3000C, gives

acetaldehyde, (Faith et al., 1957).



C_H_OH =—=====x > CH,CHO + H (iv)

4) Hydration of Acetylene

Liquid phase catalytic hydration of acetylene to
give acetaldehyde, was a very well known manufacturing

process for acetaldehyde in the past (Szoni, 1968).
CH = CH + H,0 ==—=—=== > CH_CHO (v)

: +
In thls process, a homogeneous catalyst (Hg2 )
is used in a temperature range of 70-90°C and under a

pressure of 2 atmospheres.

A process 1involving a direct oxidation of
ethylene to acetaldehyde was first developed by Wacker-
Chemie and is commonly known as the Wacker process

(Smidt, et al., 1959).

Prior to the discovery of this process of
oxidation of ethylene, acetaldehyde was manufactured by
one or the other routes, described above. A comparison of
the various manufacturing routes is presented in Table 1-
II. It is clearly seen from this table, that all these
processes, except the vapour phase oxidation of
hydrocarbons, give very high yields of acetaldehyde. In
spite of this, the Wacker process has been preferred in

most countries due to a significantly lower net raw
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material cost, low energy consumption and low capital

investment factor. (Hagemeyer, 1978).

The direct oxidation of ethylene to acetaldehyde
(Smidt, et al. 1959) was a technological breakthrough for
Wacker-Chemie, and the process was later known as the
Wacker Process. The first commercial plant for
acetaldehyde, based on Wacker process was built in
Europe, in 1960 (Jira, 1969). The reaction scheme

involved is :

(o] .
CZH4 + PdC12+ H20 ----- > CHBCHO 4+ Pd + 2HC1l (vl)
pa° + ZEBCL, weees > PdCl, + 2CucCl (vii)
2CuCl + 2HC1 + 1/2 02 ———— 2CuC12 + H20 (viii)
C,H, + 1/2 0, -—--> CH,CHO H,gg = —58 kCal (ix)

The overall reaction 1is a combination of three
stoichiometric reactions, known individually since long
(Smidt et al. 1959). In the process, Pdcl2 is required
in catalytic quantities, which 1is reduced to Pdo, and
then reoxidized insitu to PdII by CuCl2 which in turn
gets regenerated with oxygen and the catalytic cycle is
completed. This series of oxidation-reduction reactions,
keeps the catalyst always in the active form thus the

life of the catalyst would be practically indefinite.
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In the one stage process, ethylene together with
oxygen is fed to the reactor, thus allowing all the
reactions, to take place simultaneously, keeping the
catalyst composition constant. Depending on the reaction
conditions, such as temperature, ethylene and oxygen
partial pressures and initial catalyst composition, a
steady state is achieved, which is characterized by the
fact that reaction and regeneration (oxidation) proceed
at appropriate rates to give high productivity of
acetaldehyde. For a single stage operation, low oxygen
concentration is used in order to avoid the explosion
hazards of the ethylene-oxygen mixture. Therefore, in
this operation, higher Cl/Cu ratio is required so that
even at low oxygen concentration, Pd metal does not
precipitate. The pH of the solution is carefully
maintained in a range of 1.5 - 2.0 so that, copper
oxychloride precipitation is avoided. Ethylene conversion
in a single stage process is about 75% (Morse, 1967)
therefore, a gas recycle is necessary, for which the gas-
liquid separator is provided and the catalyst solution is
fed back to the reactor by gravity flow. The vapours from
the gas-liquid separator are condensed and then scrubbed
with water, which has acetaldehyde concentration of about
9 wt% . This is then subjected to distillation, where
methyl and ethyl chlorides and crotonaldehyde are removed

and pure acetaldehyde is recovered.
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In the two stage process, ethylene and oxygen
(air) are fed to two separate reactors. Almost complete
conversion of ethylene is achievable in one pass, and
since no recycle is required, air can be used for the
oxidation of cuprous chloride. Acetaldehyde formed in the
first reactor is removed by flashing and the catalyst
solution is recycled to the second reactor for

regeneration.

Advantages of two stage over the one stage
process are: 1) Since ethylene and air.- are reacted
separately in two different reactors, the operation is
more safe 2) Due to complete conversion of ethylene, no
gas recycle is required and ethylene feed can tolerate
some inerts 3) Less liquid effluent 4) Use of air as

oxidant is possible.

Advantages of the one stage over the two stage
process are : 1) Catalyst solution stays in one reactor
thereby avoiding expensive liquid circulation egquipment
and minimizing catalyst losses, 2) Less byproduct
formation 3) Lower operating pressure 4) Lower volume
of vent gases 5) Ligquid effluent may be biologically
treated due to higher dilution of <chlorinated

acetaldehydes and 6) Lower investment costs.

Since, both variations offer advantages and

disadvantages, both the one and two-stage reactors are in
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operation for the manufacture of acetaldehyde.

The main drawback of the Wacker Process, is that
the catalyst solution 1is highly corrosive, therefore,
titanium or brick-lined equipment has to be used, which
poses difficulties in fabrication. An alternative
involves the use of heteropolyacids as oxidizing agents,
in place of copper chloride (Kozheinikov and Matveev,
1983). Matveev (1977), has discussed the kinetics and
mechanism of oxidation of ethylene in the presence of

halide-free catalysts based on heteropolyacids.

1.2.2.1 Kinetics and mechanism

Both theoretical and experimental studies on
Wacker process have been reported in the literature. The
kinetics of oxidation of olefins using Pd complex
catalysts, has been extensively studied and the relevant
literature has been reviewed by Maitlis (1971) and Henry
(1980) . Oxidation of ethylene, (Wacker Process) using Pd
catalysts, has also been studied by several investigators
and a summary of kinetic studies and rate equations

proposed is presented in Table 1.III.

One of the early reports on the kinetics of
oxidation of ethylene was by Vargaftic (1962) and
Teramoto (1963). They observed that oxidation of ethylene

using homogeneous Pd-Fe catalyst, 1is first order with
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ethylene and Pd ion concentration and inhibited by Cl~

+ .
and H 1ions.

Henry (1964), investigated the kinetics of this
reaction in detail, at 25°C, and 1 atmosphere pressure.

The following reaction mechanism was proposed :

2- = - -
PACLS ™, + CH, <mwmmm > C2H4§dC13 + Cl (x)
I + H,0 <=mm=sm=s=ms> CH PACl, (H,0) + Cl1 (xi)
3T
II + H,0 <========> [PdCl_(OH)C.H,]  + H.0' (xii)
2 2 24 3
III
slow \
III —==———————— > — PACH,CH_OH (xiii)
2202
IV
fast
IV  ——mmeceea- > Products (xiv)

Based on the rate data, Henry (1964, 1972)
proposed the following rate equation; which is consistent

with the mechanism in steps (x - xiv) :

- d [C.H,] k'K (pac1,*7) (C,H,)
—————————— e (14)

As expected, the rate increased linearly with increase in
ethylene and Pd ion concentrations. With H  and c1” ions,

however, a substrate inhibition was observed.
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Subsequently, Moiseev, et al. (1966, 1974),
proposed a reaction mechanism in which a bimolecular
complex of palladium, Pdclez_, is formed. They proposed

the following rate equation :

2_
k,(PAC1,“7] [C,H,]

——————————————— ——=Z-2-—- (15)

From the literature reports [see Table 1.III] it
can be noted that most of the Xkinetic and mechanistic
studies, have been carried out at room temperature and
atmospheric pressure. There is practically no information
available on the kinetics in the range of temperatures of
practical interest. A modified rate equation, for the
oxidation of ethylene, covering the higher temperature

range (upto QOOCJ has also been proposed (Grover 1984)

m n *

k [PdCl,]" [CuCl,]” [A"]

r, = =————————feo—_ E e T (16)
1+ [k (PACl,)" (Cucl)” (kya) ]

Equation (16) was found to represent the rate data at all
conditions satisfactorily. It was pointed out that under
certain conditions, mass transfer limitations become

significant, however, no attempts to develop a
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mathematical model for the reactor for Wacker Process,

has been made so far.

1.3 SCOPE AND OBJECTIVE

The literature review on oxidation of ethylene,
indicates that further work on reaction engineering
aspects of the bubble column reactor, have not been done.
Therefore, the aim of the present work was to study the

following problems relevant to the Wacker Process.

1. Development of a mathematical model for the
conversion of ethylene to acetaldehyde in a

bubble column reactor.

2. Critical oxygen concentration at the inlet of the
reactor, to ensure that the catalytic system does

not deactivate.

3. Experimental studies on conversion in a bubble
column reactor, to understand the effect of

different parameters involved.

4. Gas hold-up and flow regimes in a bubble column
reactor. Effect of surfactants and electrolytes on

the gas hold-up.

Such a study woculd be extremely useful, in
understanding the reaction engineering of the Wacker

Process.
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CHAPTER 2

EXPERIMENTAL



2.1. MATERIALS

Palladium chloride (PdCl,) was obtained from M/s
Arora Matthey Ltd., India, with palladium content equal
to 60% Cupric chloride dihydrate (CuCl,.2H,0) was
supplied by M/s. Sarabhai Merck, India. Ethylene (C,H,)
gas was prepared and conpressed in our own laboratory
(NCL, Pune, India), with a purity of > 99.8% . Ooxygen
was used from cylinders supplied by Indian Oxygen

Limited, Bombay.

Since, palladium chloride was not readily
soluble in distilled water, first the desired amount of
copper chloride was dissolved in distilled water, the
resulting solution had a pH = 1.8 - 1.9. Then the weighed
amount of PdCl, was added to this solution and the
mixture was kept under magnetic stirring at about 45°C,

to make sure that all PdCl2 was dissolved.

2.2 REACTOR

All the experiments were carried out in a single
stage bubble column reactor, operated in a semi-batch
manner. A schematic diagram of a typical experimental
reactor assembly 1s shown 1n figure 2.1. The reactor
consisted of a 0.05 m. diameter and 1.50 m. high glass
column with an outer jacket, for circulation of water at

the desired temperature. The reactor was provided with a
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sintered disc at the bottom, as a gas sparging device,
having an average hole diameter, in the range of 100-120
m. The gas flow rates were monitored using precalibrated
gas rotameters. A provision was also made for sampling

the gas and liquid from the reactor for analysis.

2.3 EXPERIMENTAL PROCEDURE

In a typical oxidation experiment, the catalyst
solution containing known quantities of PdCl, and CuCl,,
was charged into the reactor and the reaction mixture was
heated to the desired temperature by circulating hot
water through the outer jacket, using a thermostat. The
premixed gases, (within safety limits of operations)
ethylene and oxygen with desired composition were

introduced into the reactor, in a continuous manner.

The vapours of water and acetaldehyde along with
unreacted gases were passed through a coil condenser,
maintained at 1°C, temperature, using a cryostat. The
condensate was collected after every hour. The unreacted
gases were scrubbed with water to remove any leftover
acetaldehyde. The scrubber solution was changed after
every hour and samples were taken for analysis, alongwith
the sample of condensate. It was made sure that no trace
of acetaldehyde is present in the outlet gas stream after

passing through the absorbers. The flow of outlet gas
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stream was also measured by a calibrated rotameter and
was also analyzed for ethylene content using on orsat

apparatus by absorbing it in bromine water solution.

In every experiment, the productivity of
acetaldehyde was observed over a period of four hours,
after attaining a steady state. All the experiments were
carried out, with a large excess of oxygen than that
required by stoichiometry. It was observed that after the
first hour of the run, the amount of acetaldehyde formed
remains constant over a period of time, which indicated
that steady state has been achieved. A typical plot of

productivity vs. time is presented in Figure 2.2.

2.4 ANALYSIS

It was observed that the quantitative estimation
of acetaldehyde, using gas chromatographic method was not
reproducible. This might be due to the fact that
acetaldehyde is a very volatile compound (b.p. = 20.8%)
and also very reactive. Therefore, quantitative analysis
of acetaldehyde was carried out using sodium sulfite
method (Wilson and Wilson 1960). Acetaldehyde samples
from condensate and from the scrubbers were taken in
stoppered flasks, and the analysis was carried out at
temperature < 10°C, thereby ensuring that there is

practically no loss of acetaldehyde by evaporation.
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CHAPTER 3

RESULTS AND DISCUSSION
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s, THEORETICAL MODEL
The liquid phase oxidation of ethylene in the

presence of PdClz—CuCl2 catalyst system is described by

following reactions ( Smidt et al., 1962 ) :

o
C2H4 + PdC12 + H20 --------- > CHBCHO + Pd- + 2HC1l
....... (1)

P4° + 2CuCl, ====----- > Pacl, + 2cucl (ii)
1/2 O, + 2CuUCl + 2HCl  ===c==—-- > 2CuCl, + H,0 (iii)
net reaction

PdCl,
C’2H4 + 1/2 02 ————————— > CH3CHO (iv)

CuCl2

In practice, this process is carried out such
that the concentration of CuCl, is several times in
excess of PdCl,, and therefore, for the purpose of the

present study, the reaction scheme was simplified as

follows:
PdC12
C2H4 + 2CuCl2 + H20 --------- > CH3CHO + 2CuCl + 2HC1
A B c P E, E,
...... (v)
1/2 O? + 2CuCl + 2HCl -—-=—=—=———- > 2CuC12 + H2O (vi)
A El Ez B G
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The kinetics of both ethylene oxidation to
acetaldehyde and the oxidation of cuprous chloride to
cupric chloride has been studied previously. The

following rate equations have been proposed:

Oxidation of ethylene ( Henry, 1964)

g = e mee——————— (1)
E, (E; + 2B + E, )

Here, E; and E;, can be represented in terms of
the initial concentrations of H' ion ( E;r ) and CuCl, (

BlIJ as follows

Ey, = Byr - B (2)

E; = Ep;r +Bjr - B (3)

Oxidation of cuprous chloride (Jhaveri and Sharma, 1967)
r = k, A' E,2 (4)
Al 2 1

Following assumptions have been made in the
theoretical analysis: (i) the gas phase moves in plug
flow and the liquid phase is completely backmixed:; (ii)
the reactions of dissolved C,H, and O, occur in the bulk
liquid and the reactions in the film are negligible;
(iii) the gas side mass transfer resistance is

negligible; (iv) isothermal conditions prevail in the
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reactor; and (v) the change in the superficial velocity

of the gas phase is considered negligible.

In general, the assumption (v) may appear
questionable at the first sight. However, this is
expected to be wvalid in view of the large excess of
oxygen in the feed compared to ethylene. Also, this has
been verified by solving numerically the full set of mass
balance equations along with the equation accounting for
the velocity change. The comﬁutation clearly showed that
the velocity change under the conditions of the present
study would be negligible. This would afford a great
simplification in the model and as would be demonstrated
by comparison with the experimental data, the assumption

has been fully justified.

For a semibatch, bubble column reactor
operating under steady state conditions, the material
balances for the reactant species are given by the
following equations:

gas phase

dAg

- Uu - —

dx

kpa ( Ag/Hy = Ay ) (5)

~Ug === = Kga ( A'g/Hp. - A"y ) (6)
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The column inlet <conditions provide the
necessary initial conditions for the differential
egquations (5) and (6),as follows :

= = A L] = 1 é
x =0, Ay =Ry, A'g=~A'g (7)
liquid phase
1

- kaa (Ag/Hp = A} )dx =

and

kp ( Byp - By )% A"y (%)
Under steady state conditions, the material

balances of other liquid phase components lead to the

following relationships:

4 ky(Byp - By)? A", (10)
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The above set of equations can be analytically
solved to give the following equation for the steady
state concentration of the cupric chloride in terms of

dimensionless quantities defined in the nomenclature:

1l 4 =—=—memmmemm———eee (11)

The dimensionless ethylene and oxygen concentrations in

the liquid phase are given by

a'l B T e T T T 0 o o, S o O o (13)

The conversion of ethylene and oxygen are given by

Xa = (1-e%4) (1-a) (14)
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Xar = (1L -e @4y (1-ar) (15)

It is to be noted, however, that since in the
Wacker process, the stoichiometry of the overall reaction
( reaction iv) is maintained under steady state, X, and

X'A are related as
Xa = 2 Q5 Xp, (16)

Where, 3 1s the ratio of the concentration of oxygen to

that of ethylene in the inlet gas phase.

Thus, for a given set of operating conditions,
parameters, Q,, d,, d',, ad,, K, and ey get fixed.
Equation (11) is then solved for Db;. Equations
(12),(13),(14) and (15) are then used to determine X, and
Xpn- In all the cases under study, the computed
conversions of ethylene and oxygen bear the relationship
given by equation (16) indicating the soundness of the

calculation procedure.
3.2 PARAMETER ESTIMATION

The use of model egquations developed here for
the purpose of interpreting the experimental data
requires a knowledge of various parameters such as, the
physicochemical properties, the intrinsic Xkinetic

constants and the hydrodynamic and mass transfer
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parameters. The simulation of the reactor behaviour is
therefore strongly dependent on the reliability of these
parameters. The details of the parameter estimation is

discussed below.

For the present system, the solubility data for
ethylene and oxygen in water were obtained from the
literature (Wilhelm et al., 1977; and Siedel, 1940).
However, the solubility of a gas in a pure solvent is
different from that in the presence of an electrolyte
in this case,CuCl,, (Long and McDevit, 1952; and Konnik,
1977) . A semitheoretical approach suggested by wvan
Krevelen and Hoftizer (1948) was adopted to correct the
solubility data for the presence of electrolytes using

the following relationship

log ===== = h. I (1.7)

where, He and He ' represent the Henry's law coefficient
in electrolyte solution and pure solvent respectively and

I is the ionic strength of the solution, given as

2

I = 1/2 Yci zi (18)

where, ci is the concentration of the ions with a valency
of zi. The salting coefficient h in the equation is the
sum of contributions referring to the species of the gas

h;, and to the species of the positive and negative ions
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present,
h = hg + hy + h_ (19)

The values of these are given by Onda, et al., (1970).
Using this correlation, the solubility of ethylene and
oxygen in water was corrected for the presence of CuCl,
at different concentrations and the results are given in

Table 3.1I.

The intrinsic kinetics of oxidation of ethylene
to acetaldehyde has been the subject of many
investigations (Vargaftik et.al. 1963; Henry 1964; Jira
1969 and Moiseev et al. 1974) in the past. However, most
of these studies were carried out at 25°C and precise
values of the rate constants under the conditions of the
present work (60—90°C) were not available. These were
estimated by simulation of the experimental data as

described later.

The reaction rate parameters for the oxidation
of cuprous chloride to cupric chloride were reported by
Jhaveri and Sharma (1967) and the same were used in this
work.

It was also necessary to have a correct value of
the gas-liquid mass transfer coefficient (kpa), since
this is an important parameter in the reactor meodelling.
An attempt was made to fit the experimental data by using

the values of rate constants reported earlier and the
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values of Kkja obtained by various correlations reported
in the literature (Akita and Yoshida 1973; Deckwer et.al.
1974; and Kastaneck 1977). It was found that the match
between the predicted values of ethylene conversions and
those experimentally observed was not satisfactory (see
Figure 3.1). Therefore a part of our own experimental
data was used to estimate the values of k; and kja by the

following procedure.

For a given temperature and the gas velocity
Ugi the reactor model given earlier was used to predict
the ethylene conversion in the reactor and the values of
k, and kpa were estimated so that the predicted and the
experimentally observed conversion values matched

closely. For the same u the reaction rate constant

gi-
(k1) at two other temperatures were estimated by
simulating the experimental data at those temperatures.
For this purpose, the values of k;a estimated at the

earlier temperature was used, after correcting for the

temperature changes, as follows :

(20)

The parameter k;a is also a function of Ug and

the dependence of Ug in most cases 1s observed as

(Deckwer et al., 1974).
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kra = bug" (21)

Since, kia at a given u, was estimated, for other u

g g9
values, kpra was calculated using the above relationship

as :

kja = 1.445 ugo.7s (22)

At this stage, a brief discussion on the
estimation of the gas-liquid mass transfer coefficient
(kra) is necessary, since these values were found to be
several times higher (Table 3.IV) than those predicted by
the literature correlations (Akita and Yoshida 1973;
Deckwer et al., 1974; Kastaneck 1977). The higher values
of kya can be justified for the present case because
a) the gas sparger used was a sintered disc, having an
average hole diameter in the range of 100-120 ma,; b) the
liquid medium in the present case was an agquecus solution
of a strong electrolyte having a concentration of 0.25M
or more, which is highly a non-ccalescing medium. For
such conditions the bubble diameter is usually in range
of 4 x 10°% to 10 x 1074 m. (Marrucci and Nicodemo, 1967),
and in such a case higher interfacial area and k;a values

are only expected.
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3.3 COMPARISON OF EXPERIMENTAL DATA WITH THEORY

The experiments carried out for the studies on
the reactor performance were under the conditions such
that the inlet oxygen concentration was well above the
critical level values. (see section 3.4). In these
experiments the conversion of ethylene X, was observed
for various reactor inlet conditions like gas velocity,
catalyst concentration etc. The range of various process
parameters investigated are given in Table 3.II. For the
purpose of theoretical prediction of the ethylene
conversion the model equations given in the section 3.1
(equations 12 to 15) were solved numerically. Further,
using the estimated values of of k; and kja as described
in section 3.2, the reactor model was used to predict the
Xp at different reactor inlet conditions. The values of
the model predictions and the experimental data for all
these cases are presented in Table 3.III. The agreement
between the model predictions and the experimental data
over the wider conditions was excellent indicating the
applicability of the estimated values of kinetic and mass
transfer parameters. The values of the rate constant kl
at three different temperatures were correlated by an
Arrhenius type equation (see Figure 3.2). The activation
energy calculated from this plot was found to be equal to

61.14 kJ/mol. The values of the reaction rate constants
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(k; and k,) and the gas-liquid mass transfer coefficient

kra) are presented in Table 3.1IV.
L p

The results showing a comparison of the
theoretical predictions with the experimental data, are
presented in Figures 3.3 to 3.5, for different gas
velocities, PdCl, and CuCl, concentrations. For a given
set of conditions, the conversion of ethylene (X,) falls
with increase in total gas wvelocity (ugi}, obviously due
to decrease in residence time with increase in (ugi). The
conversion of ethylene (X,) increases with an increase in
PdCl, concentration (C;), while it decreases with an
increase in CucCl, concentration (By1)- The decrease 1in
conversion with increase in Byg, is a result of chloride
ion inhibition on the rate of the reaction, which is also
consistent with the rate expression (1). The excellent
agreement between the model predictions and the
experimental results (Figures 3.3 - 3.5) at all
temperatures covering wide range of operating conditions
indicates the internal consistency of the experimental
data and also the possible use of the reactor model

proposed here for the design purposes.
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3.4 CRITICAL CONCENTRATION OF OXYGEN

3.4.1 Introduction

There are several industrially operated
catalytic oxidation processes, in which redox type
homogeneous catalysts are being used. In these reactions,
the reactant is oxidized by a transition metal complex
catalyst, with the result that the metal itself gets
reduced to a lower valence state. This reduced species is
again re-oxidized insitu to the active form, by using a
cocatalyst and molecular oxygen, thus continuing the
cycle. One of such important reactions is the oxidation
of ethylene to acetaldehyde, which has already been
discussed in the previous section 3.1. Another example is
the removal of H,S from natural gas by catalytic
oxidation using iron chelate catalyst, (Locat process,

Hardison, 1985).

Usually such oxidation processes are carried out
under conditions of excess oxygen than required by the
stoichiometry. An important practical problem encountered
in the design and operation of such a process is to
estimate the excess oxygen requirement at the inlet of
the reactor. This is expected to be a nontrivial exercise
and not very obvious in view of the involvement of mass
transfer and the possibility of a very undesirable

performance with an arbitrary choice of the excess oxygen
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concentration. Also, the large excess of oxygen
concentration may decrease the effective concentration of
the reacting species, such as ethylene, in case of single
stage Wacker process, consequently leading to poor
productivity. Therefore, it 1is an important practical
problem to estimate the excess oxygen requirement at the
inlet of the reactor. For such a reaction, a critical
concentration of oxygen would exist below which the

catalytic cycle will operate with very poor efficiency.

Let us consider the specific case of Wacker
process. According to the reaction stoichiometry,
(described in section 3.1) ethylene oxidation actually
involves catalytic species whose concentration determines
the ethylene conversion. Since, this catalytic species
itself gets reduced, the rate of its re-oxidation, that
is the regeneration of the catalyst should be much faster
than the ethylene oxidation step, for a smooth steady
state operation of the catalytic cycle. In order to have
such a high rate of reoxidation, concentration of
dissolved oxygen at all points in the reactor should be
high enocugh. Thus, under a given set of operating
conditions, the achievable steady state conversion of
ethylene will be attained, only if the oxygen
concentration at the reactor inlet is higher than a
certain 1level, which, can be called as a critical

concentration of oxygen.



CHAPTER 2

EXPERIMENTAL
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Below this critical level of oxygen
concentration, the rate of re-oxidation step is slowed
down, giving rise to the increase in accumulation of the
reduced species. As a consequence, rate of ethylene
oxidation would slow down producing less and less
acetaldehyde. Under these circumstances, steady states
would be more difficult to achieve and the catalytic
cycle would operate at a poor efficiency. In extreme
cases, if degree of the reoxidation is too 1low,
precipitation of palladium and cuprous chloride may occur

leading to operational problems.

In order to operate the process with maximum
efficiency, the estimation of this «critical O,
concentration at the reactor inlet is highly essential
based on which the excess O, requirement should be

calculated.

No attempts to analyze such a problem seem to
have been made'in the past. The objective of the present
work is to make a theoretical prediction of the critical
inlet O, concentration by way of a steady state analysis
of the above reactor configuration and to study the
effect of other operating parameters on this important
variable. Also, the predicted ethylene conversions under
various set of conditions, have been compared with the
experimental results. The present analysis is expected to

be very useful for practical design and optimum operation
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of the Wacker process and this approach can also be
extended to evaluate the critical oxygen concentration
for other reactions based on redox catalysts. The
theoretical model developed here allows estimation of the
excess oxygen requirement for achieving optimum
conversion of ethylene. This has been demonstrated

experimentally.

3.4.2 EXPERIMENTAL

Materials and the reactor set up used were the
same as have been described in section 2.1 and 2.2
respectively . For determining the critical concentration

of oxygen, the following procedure was followed.

First, under a given set of constant reaction
parameters, a run was carried out where oxygen was in
excess (O3 = 2) than required by the stoichiometry. Then
for the same set of reaction conditions only the
concentration of oxygen was lowered, step by step and the
effect was observed on the productivity of acetaldehyde.
The total gas flow rate was maintained constant by
compensating with nitrogen gas. At a certain oxygen
concentration, a drop in productivity of acetaldehyde was
observed, immediately after the second hour of the run,
and palladium black was also observed along the walls of

the reactor. This observation <clearly indicates
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that the oxygen concentration went down below the minimum
level of oxygen, required for the smooth oxidation of
ethylene, which is defined as the critical concentration

of oxygen.

The critical oxygen concentration was observed
for different ratios of inlet concentrations (©3), inlet

gas velocity (u catalyst concentration (Cyp), the

gi) [

concentration of cupric chloride (B;;) and temperature.

3.4.3 Results and discussion

Several experiments were carried out in which
the ratio of the concentration of oxygen to that of
ethylene ( Q ;) in the reactor inlet was varied, keeping
other conditions constant and the conversion of ethylene
(XA) was observed. The effect of various process
parameters like gas velocity, PdCl, concentration, CucCl,
concentration for different d.3 values, on the conversion
(Xa) was also studied. For a particular value of a5,
under a given set of reactor inlet conditions, the
productivity of acetaldehyde was observed over a period
of 4 hours and these results are presented in Figures 3.6
and 3.7. It can be seen from these figures, that at Ay =
2, a steady state is attained by the first hour of the
reaction, indicated by the constant productivity obtained

thereafter. For QO 5 = 1, the steady state is attained,
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though, with less productivity of acetaldehyde, than that
obtained for the previous case ( GG = 2). For Ci3 < 1045,
the steady state itself is very difficult to achieve and
the process operates with less and less efficiency as

indicated by the deterioration of the productivity

values.

The results of effect of process parameters at
various Q. 5 values, on the reactor performance, are
" presented as X vs.113 plots in Figures 3.8 - 3.11.

Following the numerical procedure given in the previous
section (3.1, 3.2) conversions of ethylene and oxygen
were predicted for different ratios of inlet
concentrations ( O3), inlet gas velocity (ugi), catalyst
concentration (C1)y and the concentration of cupric
chloride (B;y). These results are also presented in
Figures 3.8-3.11 by thick lines. These plots indicate
that for a set of specific values of Ugis Cy, By and E,p,
all of which can be independently set, at the steady
state, a certain O, concentration is regquired to be
maintained at the reactor inlet in order to obtain a
specified ethylene conversion in the reactor. These
figures clearly show an excellent agreement between the
model prediction and the experimental results. The
practical implications of such results are discussed

below.

The stoichiometry of the overall reaction
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(reaction 1iv) merely stipulates that the molar
conversions of ethylene and oxygen are related to
each other by the stoichiometric factor, which |is
expressed by equation (16). For 100% conversion of oxygen
(i.e. Xp» = 1), the O 5 required for a given ethylene
conversion (Xp) 1is Xp/2. This is represented in Figures
3.8 - 3.10 by full line A. But under practical operating
conditions, where the reoxidation steps are much faster
than ethylene oxidation step (i) and where the redox
catalytic process is in smooth operation, oxygen
conversion can hardly reach 100% , as the process is
limited by the rate of ethylene oxidation. This gives
rise to a definite valve of 0L, for obtaining a specified
ethylene conversion (X,) given the other operating
parameter values. And, in general, this value of 0.5 may
be far in excess of that given by curve A. It is
interesting to note that, in each of the three figures,
the region enclosed between line A and any particular Xp-
3 plot for a ﬁarticular parameter set (ugi, Cr and B;7y)
is unfeasible as far as that particular parameter set is
concerned. For instance, in Figure 3.8, for Ugi = 0.86 x
1072 n/s, the maximum conversion achievable is 0.47 no
matter what value of Q5 is used. On the other hand, even
this maximum permissible conversion level cannot be
achieved, if & 5 falls from 1.5 to 1.0. Thus, the
computed steady-state values of X, - @, as plotted,

become a critical curve, to the 1left and above which
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would lie an unfeasible region. This fact has actually
been demonstrated experimentally and the data are

presented in Figures 3.8-3.11.

The second observation made from this analysis
that deserves discussion is that, as (13 was lowered for
any given set of reactor inlet conditions, X, started
decreasing (see figures 3.8-3.10). This implies slower
reoxidation steps, so much so that below certain QOl4
levels steady states were increasingly difficult to
achieve, (see Figures 3.6 and 3.7 also) and if achieved,
this would result in very high CuCl concentrations. The
latter was evidenced by the Pd metal precipitation
(black) along the walls of the reactor and this would be
highly undesirable from practical operational
considerations. Under such conditions, the redox
catalytic nature of the system is said to be operating
with lower efficiency. The dotted portions in all these
figures thus indicated a region where steady state was
difficult to reach and CuCl accumulation was 1likely to
take place and was an undesirable region to operate the
reactor. Thus, it was substantially to the right of
dotted curve B that the practical operating zone should
lie. This curve thus indicates a locus of the critical
daand, hence, the critical O, concentration at the
reactor inlet, below which it is impractical to operate

the reactor. Hence, the <choice of excess oxygen
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requirement in such redox type catalytic processes should
be based on the critical concentration of oxygen rather
than on the stoichiometric requirement. Also, the
theoretical model presented here can be used for an
a priori estimation of the excess oxygen requirement

under a given set of operating conditions.

345 CONCLUSIONS

The performance of a bubble column reactor for
the Wacker process was studied experimentally at various
reactor inlet conditions. A theoretical model was also
developed to predict the conversion of ethylene, assuming
gas in a plug flow manner and a backmixed liquid phase.
The reaction rate constants and the gas-liquid mass
transfer coefficient k;a, were estimated by simulation of
a few experimental data. Using these parameters, reactor
performance was predicted theoretically and results were
compared with experimental data. The agreement between
the theory and experiments was found to be excellent for
a wide range of conditions. This indicates that the model

developed here can be reliably used for design purposes.

For an industrially important redox catalytic
process such as the Wacker process, being carried out in
a semi-batch bubble reactor, it was found that a critical

concentration of oxygen at the reactor inlet exists below
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which the redox catalytic system operates with low
efficiency and may lead to the operational problems. It
is suggested that the choice of excess oxygen requirement
should be based on the critical concentration of oxygen
rather than on the stoichiometry. Furthermore, the above
approach also produces the design charts which can be
used to read the minimum required 3 under the given
operating conditions in order to obtain a specified
ethylene conversion. This has been demonstrated

experimentally also.
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NOMENCLATURE

A

4

Af

species A (ethylene) or concentration of ethylene, kmol/m’

gas-liquid interfacial area, m™

AH,/Ay

species A” (oxygen) or concentration of oxygen, kmol/m?

ATHL/IA

species B (cupric chloride) or concentration of cupric chloride, kmol/m®
B/By

species C (palladium chloride) or concentration of palladium chloride,

kmol/m’

species E, (cuprous chloride) or concentration of cuprous chloride,

kmol/m®

species E, (hydrochloric acid) or concentration of hydrochloric acid,

kmol/m’

Ey /B,

Henry’s constant for ethylene and oxygen, respectively, m*(1)/m*(g)
(kyx C)/By) /(2 x By + Ep)?, s

(ky x B,?) / (k.a)

rate constant, (m’ / kmol)¥/s

rate constant, (m’ / kmol)¥/s

liquid-side mass transfer coefficient, m/s

liquid height, m
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Q :  volumetric flow rate, m’/s

r . rate of reaction, kmol/m?/s

u, superficial gas velocity, m/s

u onfuy

X :  conversion

X . axial distance, m

z . dimensionless axial distance, x/L

Greek symbols

o, K,/ (ko)
ALl (A
o, v (k) x L/ ug x (Hy)
oy ¢ (kea) x L/ ug x (Hy)
Subscripts
i . inlei of reactor
I ¢ initial
o : outlet of reactor
g 1 gas phase

1 ¢ liquid phase
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CHAPTER 4

GAS HOLD - UP AND FLOW REGIMES IN A
BUBBLE COLUMN REACTOR
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4.1 GENERAL BACKGROUND AND LITERATURE SURVEY

Bubble columns have wide ranging applications in
different fields of chemical industry. They are commonly
used as gas-liquid reactors, bio-reactors, and gas
absorbers and some of the important examples are found in
hydrogenation, oxidation, polymerization, carbonylation
and fermentation processes ( see also Table 4.I). Because
of the simple construction and less operational costs
they are considered to be commercially viable reactors.
Bubble columns can be operated in a semi-batch mode
(static liquid phase) or in a continuous manner in which
gas and liquid phases are introduced in a co-current or a
counter-current manner. For a particular application,
bubble columns have been modified suitably. Sectionalized
bubble column reactor is used where low backmixing is
desired, in most of the biotechnological processes. Loop
reactors are used in the ICI pressure cycle fermenter
(Hines, 1978). For some reactions, where high gas
component conversion is not necessary and low pressure
drop 1is required, a horizontally sparged bubble column
reactor can be used (Joshi and Sharma, 1976). When high
gas residence time is desired, for complete conversion of
gas phase, downflow bubble columns can be used. A special
design for continuous operation with facilities for
separation of catalyst has been proposed by Ohorodnik et

al. (1975).
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In order to understand the design aspects of
bubble column reactors a knowledge of hydrodynamics,
mass transfer and kinetic parameters is essential.
It is well known that the bubble columns operate in
different flow regimes depending on the gas velocity and
dimensions of the equipment. The flow regimes are also
dependent on the properties of liquid and gas phases as
well as the type of distributor used. Similarly, the
interfacial area for mass transfer is strongly dependent
on the gas hold-up which again depends on the reactor
configuration and system properties. Extensive studies
have been reported in the literature on flow regimes and
gas hold-up in bubble column reactors and these have been
reviewed by Mashelkar (1970), Shah et al. (1982),

Ramachandran and Chaudhari (1983) and Deckwer (1985).

The flow regimes in a bubble column reactor can

be classified as

1. Homogeneéus bubbly flow : This is characterized by
almost uniformly sized bubble distribution, and
occurs, at superficial gas velocities 1less than
0.05 m/s (Fair, 1967).

2. Heterogenecus bubble flow : At higher gas
velocities ( > 0.07 m/s) sufficient number of
bubbles coalesce, forming large bubbles. Large
bubbles move in the presence of small bubbles

(Hills and Darton, 1976).
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3. Cchurn turbulent slug flow : This regime occurs at
large gas velocities in small-diameter reactors.
Large bubbles are stabilized by the column wall and
move as slugs. Various flow regimes are

schematically shown in Figure 4.1.

It has been shown (Kawagoe et al., 1976; Kelkar
et al., 1983a, and 1983b) that the presence of
electrolytes, traces of alcohols and impurities
substantially influence the conditions at which the
transition in flow regime occurs. The type of sparger
used, physico-chemical properties of liquid, and the
liquid velocity can affect the transition between flow
regimes (Shah and Deckwer, 1981). Bach and Pilhofer
(1978) have suggested the churn turbulent regime is most
commonly encountered in industrially operated bubble
column reactors. Knowledge of the transition from the
bubble flow to the churn turbulent and slug flow regimes
is important because the conversion depends strongly on
the flow regime (Deckwer and Schumpe, 1979 and Schumpe,

et al. 1979).

Similarly, the role of -electrolytes and
surfactants on the gas hold-up in bubble columns has been
investigated (Akita and Yoshida, 1973; Deckwer et al.,
1974; Hikita et al., 1980; and Kelkar et al., 1983a,
1983b). It has been observed that the changes in physical

properties of the systems alone do not explain the
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observed variations in the gas hold-up and the flow
regimes in the presence of electrolytes and trace
impurities (Shah et al., 1982). It is believed that the
major influence is due to change in the coalescence
behaviour of the gas bubbles, caused by changes in the
hydrodynamics of the gas-liquid interface. More recently,
there have been a few reports on the role of surfactants
and electrolytes on the gas hold-up and flow regimes.
(Posarac and Tekic, 1987; Zheng et al., 1988; Renjun et
al., 1988; oOzturk et al., 1987; and Kulkarni et al.,
1987). The observed trends in changes in gas hold-up and
flow regimes have been reasonably understood
qualitatively but no gquantitative approach has yet
emerged which could represent data of several
investigators. Obviously, to achieve this, extensive data
on gas hold-up and flow regimes ié necessary. The aim of
the present work was to study these parameters in a semi-
batch bubble column reactor for different types and
concentrations of electrolytes and surfactants. Most of
the previous studies have been reported at ambient
conditions though the industrial bubble column reactors
are often operated at elevated temperatures. Therefore,
it was also the aim of this work to obtain data on gas
hold-up and flow regimes as a function of temperature.
The observed data has been compared with the literature
correlations and an attempt has been made to discuss the

results based on the theory of coalescence. Finally,
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correlations have been proposed and their applicability

to the data obtained has been examined.

4.2 EXPERIMENTAL

4.2.1 Materials

In all the experiments, air was used as the
gas phase, and the aqueous solutions were prepared
using deionized water. The electrolytes used were : NacCl,
CucCl

A12(80 FeCl3. All salts used in this work were

2t 4)3!
of laboratory reagent grade, supplied by m/s. S.D. fine
chemicals, Bombay. Other liquid phases used were

Aqueous solutions of methanol, n-butanol, formic acid,

acetic acid and propionic acid.

4.2.2 Apparatus

A glass bubble column with an i.d. of 0.1 m and
a height of 1.5m was used in a semibatch mode for
investigation of the flow regimes and the gas hold-up.
The bubble column reactor was provided with an outer
jacket, through which hot water could be circulated at
a desired temperature.The gas distributor used was a
sintered glass disc of 0.1m diameter and a mean pore size

of 100-200 M m.
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4.2.3 Experimental procedure

A number of methods are known for the
estimation of gas hold-up in a bubble column, e.g.
pressure difference method, conductivity measurements
using probes, X-ray absorption and rising method
(Deckwer, 1985). In the present work, the rising method
was used mainly because (1) It does not need any further
apparatus, etc. atleast in case of transparent and
pressureless reactors; (2) It 1is easy to operate for
determination of the gas hold-up, the height of an

expanded bed in the presence of a gas (H and that

g
without a gas (HO) were observed. It was ensured that a
desired uniform temperature was achieved throughout the
column. The gas was presaturated with the liquid wunder
study at the temperature of the experiment before

introducing it into the column. The gas hold-up was

calculated as ;

B e S (1)

The gas flow rates were monitored by a

calibrated rotameter and were varied over a range of

3 2 =i

5.31x10 ~ to 5.83x10 “, ms ~, while the temperature range

studied was 303-358 K.
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The flow regimes were observed visually in each
experiment. Particularly, the gas velocity at which the
transition from the bubble flow to the churn turbulent
flow regime occurs was noted for different conditions.
The flow regime transition was also characterized using

the drift flux theory (Wallis, 1969).

4.3 RESULTS AND DISCUSSIONS

The objective of this work was to obtain
experimental data on gas hold-up and flow regimes in a
bubble column with the aim of wunderstanding the role
of electrolytes, surfactants and temperature effect.
Following the procedure described above the effect of
gas velocity, temperature, types and concentration of
electrolytes and surfactants was investigated. The range

of parameters covered is given in Table 4.1I.

4.3.1 Gas Hold-up in air-water system

A plot of gas hold-up vs. superficial gas
velocity for air-water system 1is shown in Figure
4.2, which indicates that similar trends were
ocbserved for both tap water as well as distilled
water, with the only difference that the gas hold-up
values for distilled water system were marginally lower

(_ 5%) than those for the tap water system. The effect of
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temperature on the gas hold-up for air water system is
also shown in Figure 4.2, which indicates that the gas
hold-up decreases with increase in temperature. In
contrast to this, the gas hold-up was found to increase
with increase in temperature, for air water system, in a
recent work by Renjun et al.(1988). However, the reverse
trends observed could be due to the different type of gas
distributor used. The lowest gas hold-up obtained in
the present work was at 343K while , the gas hold-up
observed at 358K was higher than that observed at
323K. A comparison of experimental results with those
predicted by different correlations, for air-water
system, at 303K ,is shown in Figure 4.3. The gas hold-up
values predicted by all the correlations considered here,
were lower than those observed in the present work.
However, the prediction of gas hold-up using the
correlation of Hikita et al. (1980) was found to be in
reasonable agreement with the experimental data for the

air-water system.

4.3.2 Effect of electrolytes on the gas hold-up

The effect of different types of electrolytes
on the gas hold up was studied and the results for 303 K

and 0.1M concentration are shown in Figure 4.4. The
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gas hold-up for air-ag.-electrolyte system was found to
be substantially higher than that for air-water system,
being highest for air- agq. FeCl3 solution and lowest for

air- ag. NaCl systemn.

The effect of temperature on the gas hold-up for
different types of electrolytes is shown in Figures 4.5 -
4.7. It was observed that,in general,the gas hold-up
increased with increase in temperature for all the
electrolytes. The effect of temperature was however, more
pronounced for CuCl2 solution. For air-agqg. A12(504)3
system, it was observed (see Figure 4.7)that at higher
temperatures the gas hold-up vs. gas velocity plot passed
through a maxima. This observation could be due to a
change in the flow regime. The transition of flow regime
for this case occurred at lower gas velocities as the

temperature was increased.

The effect of concentration of the electrolytes
on the gas h&ld—up was also studied. The results are
presented in Figure 4.8 for air-agqueous NaCl system at
303 K. The gas hold-up was found to be a mild function of
concentration of electrolyte and the similar observation
was obtained for other electrolytes also. This was
probably due to the fact that the concentrations of
electrolytes under study were already beyond the critical
concentration above which there is practically no

enhancement of the gas hold-up (Kelkar, et al., 1983a).
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The experimental results on gas hold-up in the
presence of different electrolytes obtained in the
present work were compared with the predictions of
various correlations. A typical plot showing a compariscn
of the gas hold-up predicted by various literature
correlations with the experimental one, for aqueous NacCl
(0.1m) system is presented in Figure 4.9. It can be seen
from this figure that the predictions by none of the
correlations match with the experimental data, indicating
that accounting for physical properties alone does not
explain the high gas hold-up observed for electrolytic
solutions. Further details on the approach for
correlating these data has been discussed in section

4.3.4,

4.3.3 Effect of surfactants

The effect of surfactants such as alcohols and
carboxylic acids on the gas hold-up was also studied. For
dilute aqueous solutions of both alcohols®and carboxylic
acids, the gas hold-up was very much higher than that of
air-water system. Several experiments were carried out at
various concentrations of surfactants and it was found
that in case of n-butanol, only a trace quantity of n-
BuOH (0.001 %) is encugh to obtain the gas hold-up as

high as 45%. (See Figure 4.11). The comparison of the
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experimental results for these system with different

correlations is shown in Figures 4.10 - 4.12.

The gas hold-up was found to increase
substantially with increase in temperature, for the
surfactants also. This has been demonstrated in Figures
4.13 and 4.14, for agqueous n-butanol and aqueous acetic
acid, system. Similar trends were observed for other
surfactants in the present study. However, in case of
methancl the increase in gas hold-up was not uniform,
which could be due to the its volatility at higher gas

velocities and temperatures.

4.3.4 Correlation of data

The differences observed with electrolytic
solutions are mainly due to the non-coalescence behaviour
of these system. Due to this phenomenon smaller bubble
size and higher gas hold-up is generally observed. The
theory of coalescence has been described by Marrucci
(1969) [ liquid-phase diffusion model] and Sagert and
Quinn (1978) [Dynamic surface tension model of Andrew,
1960]. On careful examination of these models it was
noticed that one of the important dimensionless groups
N _ , describing the process of bubble coalescence is

co

defined as :



Te

60

48

36

GAS HOLDUP, €4x 107

24

12

T

KUMAR , et al. (1976)
HUGHMARK (1967)
HIKITA, et al. (1980) -
KELKAR, et al. (1983 b)

> e o x

SUPERFICIAL GAS VELOCITY, ugx 10% (ms")

FIGURE 4-11: COMPARISON OF EXPERIMENTAL DATA (---) WITH

VARIOUS LITERATURE CORRELATIONS (—) FOR
AIR-AQUEOUS n-BUTANOL SYSTEM
(n-BUTANOL =0-001%)



115

72 I T I I T T

® FORMIC ACID (0-5%)
© ACETIC ACID (0:25%)

60 A PROPIONIC ACID (O:1%)

a8t

36

24|

GAS HOLDUP, €4x102

12

0 L L 1 I L L
0 1 2 3 o S 6

& o
SUPERFICIAL GAS VELOCITY,ug x 10 (ms')

FIGURE 4-12 :COMPARISON OF EXPERIMENTAL DATA (---) WITH
THE CORRELATION OF KELKAR et al (1983 b) (—)
FOR CARBOXYLIC ACIDS



116

?2 T T T | T
TEMPERATURE, K
o 323
60} A 343 .
o 358
A
‘o as} :
»
o
w
&H
2 36 ° o
o)
I Q
<
o 24'_ -
12+ B
e} 1 1 1 1 |
(0] 1 2 3 4 5 6

2, -
SUPERFICIAL GAS VELOCITY, ug x10 (m sl)

FIGURE 4-13: GAS HOLDUP Vs ug ,AT DIFFERENT
TEMPERATURES FOR AIR-AQUEOUS n-BUTANOL
SYSTEM (n-BuOH =0-001%)



117

?2 I T 1 I [
TEMPERATURE, K
o 323
60 A 343
o 358
N_Q 481 -
>
w (-]
o o
2 36 E
- |
(@]
€I
w
a 24 s
o
12+ -
0 1 1 4 1 1
0 1 2 3 4 5 6

SUPERFICIAL GAS VELOCITY, ugx10Z (ms")

FIGURE 4-14:GAS HOLDUP Vs uq , AT DIFFERENT
TEMPERATURES FOR AIR-AQUEOUS ACETIC
ACID SYSTEM (ACETIC ACID = 0:25%)



Crk2
Neo = 775" (2)
2
2c a7
where C = ==——-- R (3)
VRT dc
and
1/3
12T+
S (4)
Ar

Sagert and Quinn (1978) have evaluated the
significance of this parameter and concluded that for
Crkz/ 4 > 28-30, the coalescence is almost completely
suppressed. Whereas for a value of Crkz/ + < 2, the
system tends to be a coalescing system. In between region
of Nco (2-30) would depend on the concentrations of the
electrolytes and the surfactants. Based on this

observation, a modified correlation for gas hold-up was

used to represent the data :

0.578 a -0.131 0.062
u M M 9
Eg = 1.145 __g_;-__L'_ ___1'.‘__3 _?_9_ X
P Ld- ?L
0.107 2 0.0917
M crk (5)
.,r‘
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Since, Hikita's correlation (1980) represented
the data for air-water system in the present work
satisfactorily, it was used as the basis for
modification. Using the gas hold-up data for various
types and concentration of electrolytes, the above
correlation was evaluated. A comparison of the predicted
and the observed gas hold-up is shown in Figure 4.15,
which shows an excellent agreement. Figures 4.16 and 4.17
show E(; vs. ug data for some electrolytes alongwith
those predicted by previous correlations and equation
(5). It is clear from Figures (4.16 and 4.17), that the
correlation proposed in this work suitably accounts for
the coalescence effect and explains the enhancement of
the gas hold-up in the presence of electrolytes. It may
be noted here, that the parameter Crkz/ 4 1is a function
of d+4 / dc, suggesting that d v /dc is more important
than the 7 (surface tension) itself, in deciding the
coalescence behaviour of the gas-liquid system. The data
for changes in surface tension with the concentrations
for some electrolytes were obtained directly from the
literature (Marrucci and Nicodemo, 1967) and for others
were evaluated from the literature correlations (Robinson
and Stokes, 1959; and Horvath 1985) . The wvalues of

d 7 /dc, for various electrolytes are given in Table 4.III.

Following a similar approach, the hold-up data

obtained for aqueous surfactants solution were also
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TABLE 4.1III : VALUES OF dy/dec FOR ELECTROLYTES

Electrolyte dy/dc x 10,
Nm*/mol
NaCl 1.40
CuCl, 1.83
FeCl, 2.1

Al,(SO,), 2.16
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TABLE 4.1V : VALUES OF dy/dc AND Crk’’y FOR SURFACTANTS

Surfactant dy/dc x 10°, Crk*/y
Nm?/mol
Methanol 3.30 31.22
n-butanol 86.67 275.00
Formic acid 1.90 7l
Acetic acid 4.56 50.75

Propionic acid 5.17 100.00
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evaluated. For the system investigated in this work, the
values of the parameter, Crkz/ ¥ , were evaluated and
these are presented in Table 4.IV. For the purpose of
estimating d ¥ /dc, the literature data (Reid and
Sherwood, 1966; and Tamura et al., 1955) on change in
surface tension with concentration of surfactants were
fitted using polynomial regression method. These values
indicate that except in the case of formic acid, the
systems represent an asymptotic regime of the non
coalescence behaviour where the coalescence is almost
entirely suppressed. The observations of gas hold-up is
consistent with change in Crkz/'f . Using the gas hold-up
data for various types and concentrations of surfactants

the following correlation was evaluated :

0.578 -0.131 0.062
4
u_ M Mg
€, = 0.672  “91L L AL RN
P p 7 187
0.107
Mg 0.82 Crk%/ «
e N B (6)
M 1 + 0.154 Crk?/+

A comparison of the predicted and observed gas
hold-up is shown in Figure 4.18. Figure 4.19 shows €g

vs. ug data for methanol and n-butanol systems alongwith
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the predictions by the eguation (6). Both these figures
show an excellent agreement of experimental data with the
prediction of the proposed correlation, indicating a
significant contribution of the parameter, Crsznf , to

the non-coalescing tendency of the surfactants.

It may be noted that the correlation proposed
here, both for electrolytes and surfactants were used to
represent the data at ambient temperature (303K).
However, these can be modified for higher temperatures by
incorporating the vapour pressure of the solvent and the

surface tension gradient at those temperatures.

4535 Flow regimes

The effect cf temperature on the flow regime
characteristics of a bubble column was studied for air-
water,air-electrolyte and air-surfactant systems. For
this purpose, the drift flux theory described by Wallis
(1969) was used. The drift flux of the gas for a

semibatch operation is defined as

oL - Uy (1= €5 (7)
The drift flux charts were prepared based on the
observed gas hold-up vs. superficial gas velocity data

and some typical results are shown in Figures 4.20 -
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4.23. From the flow regime charts of the drift flux vs.
gas hold-up, the condition of the transition from bubble
flow to churn turbulent flow regime is indicated by a
change in Fhe slope of the curve. In the present work, it
was found that the visually observed transition gas
velocity was in reasonable agreement with that obtained

from the drift flux charts.

The effect of temperature on the flow regime
transition for the air -water system was found to be most
interesting (see Figure 4.24).At lower temperature(303K),
the bubble flow regime was operating over a wide range of
gas velocity, while with increase in the temperature the
degree of coalescence was also increased substantially,
causing a change in the operating flow regime. The gas
velocity, at which the transition from the bubble flow to
churn turbulent flow regime occurs, as a function of
temperature, is shown in Figure 4.24, which clearly
indicates that increase in temperature results a decrease
in the transition gas velocity (ugT). The influence of
temperature on the flow regime characteristics in the
presence of NaCl,CuCl2 and n-butanol is shown in Figures
4.21 to 4.23. Here, it was observed that due to non-
coalescing tendency of the solutions, the gas velocity
for the transition from bubble flow to churn turbulent
flow regime was found to be higher than in the air-water

system. Nevertheless, ugT was found to decrease with
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temperature even for electrolytes and surfactants [ see

Figure 4.24 ).

4.4 CONCLUSIONS

Extensive experimental data on gas hold-up, in
presence of different types of electrolytes and
surfactants have been collected, in a bubble column
reactor. Effect of concentrations and temperature on the
gas hold-up was also studied. Experimental data were
compared with various literature correlation for gas
hold-up. It was found that none of the correlations could
predict the higher gas hold-up observed in case of non
coalescing systems such as electrolytes and surfactants.
Two different correlations have been proposed to
represent the gas hold-up for aqueous electrolytes and
aqueous surfactants systems. A parameter NCO, has been
incorporated in both these correlations, which basically
is a function of surface tension gradient (d ¥ /dc)
indicating that d ¥ /dc is more important than the surface

tension itself, in suppressing the coalescence.

It was also found that increase in temperature has
considerable effect on the gas hold-up and flow regime
characteristics in a bubble column reactor. In case of
both electrolytes and surfactants, the gas hold-up was

found to increase with increase in temperature. The
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transition gas velocity (ugT) at which the flow regime
changes was found to decrease with increase 1in
temperature. However, ugT in case of non coalescing

systems was always more than that of air-water system.



NOMENCLATURE :

UBT

Ug
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Hamaker - London constant for water, 3.5 x 10'.20 J
as defined by equation (3)

concentration of solute, kmol/m’
acceleration due to gravity, m/s?

height of expanded bed, m

height of non-aerated bed, m

drift flux, as defined by equation, (7)
dimensionless group difined by equation (2)
gas constant, 8.314 J/mol/K

bubble radius, m

transition gas velocity, m/s

superficial gas velocity, m/s

Greek symbols

&
 §
Po
PL
Ha

He

fractional gas holdup
surface tension, N/m
gas density, kg/m’
liquid density, kg/m’
gas viscosity, Pa.s

liquid viscosity, Pa.s
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PART II

HYDROGENATION OF
META-NITROCHLOROBENZENE
TO META-CHLOROANILINE IN

A SLURRY REACTOR



CHAPTER 1

INTRODUCTION
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1.1 GENERAL BACKGROUND

Slurry reactors have extensive applications in
chemical industries, particularly in the 1liquid phase
catalytic hydrogenation of organic compounds. Due to the
presence of three phases (gas, liquid and sclid), mass
transfer, mixing and surface chemical reaction, play
important roles in the overall performance of slurry
reactors. These aspects need to be studied critically,
while designing the slurry reactors. For any specific
system of practical importance, a knowledge of intrinsic
kinetics of the reaction is most essential in order to
develop suitable reactor models. Such a study is also
important, in providing a design basis and scale up of
large scale reactors. The aim of the present work was to
study the reaction engineering aspects of hydrogenation
of meta-nitrochlorcbenzene (MNCB) to meta-chloroaniline
(MCA) in the 1liquid phase, using 1% Pt-S/C, as a
catalyst. Aromatic amines are important intermediates in
the manufacture of dyestuffs, agricultural products,
polymers, rubber chemicals, drugs and photographic

chemicals.

m-Chloroaniline 1is extensively used as an
intermediate with diverse applications in dyes, drugs and
pesticides. Azoic, azo, mordant and even vat dyes and

pigments are derived from m-chlorcaniline. Permanent
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orange GTR pigment, obtained from m-chloroaniline is used
in the printing inks which have very good fastness to
water, o0il and heat. Azo dyes derived from m-
chloroaniline are useful for dying variety of fabrics
like cotton, viscose rayon, wool, silk and fur, 1in
various shades of bright orange, red, khaki and brown
with wvery good 1light and washing fastness properties.

(Venkataraman, 1952).

The established drugs derived from m-
chloroaniline are mainly antimalarials, diuretics and
tranquilizers. Among the antimalarials, chloroquine (1)
(Surrey and Hammer, 1946) and amodiaquin (Blicke, 1942)

are well known examples. A number of thiazide diuretic

CH C,H

|3 55
NH-CH - CH,-CH, CH, N
\\
P CoHg
cl N
(1)

and hypertensive drugs are prepared from 3-chloroaniline-
4,6-disulphonamide, which is a valuable intermediate,
obtained by the chlorosulphonation of MCA followed by
reaction with ammonia. Chlorpromazine hydrochloride,

derived from MCA, is an important tranquilizer drug.

Among the herbicides, derived from MCA, carbyne
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(barban) (2) (Hopkins, et al., 1959), is selective for
pre- and post - emergence control of grasses in crops

such as wheat, mustard, peas and sunflower. While the

NHCOCH2C =C - CH2 el

Cl
(2)

NH - COOCH (CHB)E

ClL
(3)
other one, chloro IPC (chloroproham) is wused for the

control of weeds in fruits and vegetables.

m-chloroaniline acts as a solvent and
plasticizer for polyesters (Ger. offen. 1956). It is
also being used as an excellent corrosion inhibitor for
steel and aluminium alloys in acids at different
concentrations. (Every and Riggs, 1964; and Talatl and

Pandya, 1976).

In view of the importance of m-chlorocaniline in
industry it was thought necessary to study the
engineering aspects of this process. The following

aspects of this problem were studied

o] Kinetic modelling of hydrogenation of MNCB using a
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Pt-S/C catalyst.

o Modelling of a batch slurry hydrogenation reactor
to compare the theory and experiments under

isothermal and non-iosthermal conditions.

In this chapter, a detailed survey of literature
on the above reaction system and status of development in

analysis of slurry reactors has been summarized.
1.1.1 Reaction

Hydrogenation of m-nitrochlorobenzene can be

represented as

cl a
| i
+ 3H, Seatuiyst . +2H,0 (1)
N02 NH2

In the reduction of the nitro group the oxygen
is progressively replaced by hydrogen. The reaction is
a highly exothermic process, the heat of reaction being
about 545 kJ/mol (Mcnab, 1981). The catalytic
hydrogenation of nitro group is believed to proceed
sequentially through the nitrosoc and hydroxylamine
intermediates. The widely accepted reaction mechanism is
shown in Figure 1.1, which was deduced by Haber (1898),

from his work on the electrochemical reduction of
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nitrobenzene.
H2 Ar—-NH2
Ar-NO2 ——————— > Ar-NO —-=-=-=—-2=-- > Ar-N=N-Ar
I VI 1
VII
11 v H2
H H
‘ 2 Ar - NH-NH-Ar
| VIII
Ar-NO +
Ar-NHOH =-=--—-——- > Ar - N =N - Ar H
IV | 2
Iﬂle -
Ar - NH2 2Ar-NH

Figure : 1.1 Haber reduction scheme

1.1.2 Literature Survey

The reduction of nitro compounds was carried out
in earlier days using iron and acid reagent system
(Bechamp 1854a; 1854b; Meldola 1908). Subsequently, many
other reduction methods using reagents like sulfides,
zinc in neutral or acid solutions, stannous chloride in
HCl, metal hydrides or amalgams, were developed. Stratz
(1984), has reviewed this chronological development of
reduction methods of nitro compounds to amines. After
1950, a new era started in this field, with the
development of catalytic vapour phase hydrogenation

processes for reduction of nitro compounds (U.S. Pat..,
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1955) . catalytic hydrogenation, gives a purer product at
a lower cost and has major advantages with respect to

environmental pollution and waste disposal. At the same
time liquid phase hydrogenation processes using suspended
catalysts were also developed and commercialized by Du
Pont (U.S. Pats., 1952 and 1958), G.A.F. Corp. (U.S.
Pat., 1963) and Tolochemie (Belg. Pat., 1977) for
reduction of nitrobenzene to aniline. Presently, the
processes via liquid phase catalytic hydrogenation are
preferred for reduction of aromatic nitro compounds to
amines using supported metal catalysts and some important

examples of this class are presented in Table (1.I).

Catalytic hydrogenation of halo nitrocompounds
is an industrially important reaction in the manufacture
of chloroanilines such as o-,m- and p- chloroanilines.
During this process dehalogenation is also encountered
which is not desirable. However, recently catalysts and
processes have been developed, which can be applied
commercially, for the selective reduction of halo nitro
compounds. A summary of catalysts used in these processes
is presented in Table (1.II). However, most of the
processes given in this table were accompanied by the
formation of dehalogenated products to some extent.
Further developments in achieving selective hydrogenation
of halo nitrocompounds were the use of specially modified

platinum on carbon catalysts.Three types of modifications
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of such platinum catalysts exist. These are
1) platinum catalyst with triphenyl phosphite
2) sulfided platinum catalyst and

3) platinum catalyst with morpholine

Table 1.III shows a comparison of performance of
these catalysts for the hydrogenation of 3,4-
dichloronitrobenzene under the same temperature and
pressure conditions. It can be seen from this table that
sulfided Pt catalyst yielded the highest purity product.
Other investigators also have obtained high selectivities
over sulfided platinum on carbon (Ger. Offen. 1971,
1973). Dovell and Greenfield (1967) obtained
chloroanilines from corresponding nitrochloro benzenes,
practically without any dehalogenation by using sulfides

of platinum, rhodium and ruthenium.

Excellent results have been reported by using
newly developed, improved sulfided platinum on carbon
catalyst F -103-RSH, 5 % Pt (Degussa 1980). Various
halonitro arcomatics such as 0-,m-,p- nitrochlorcbenzene,
p -nitrobromo benzene, were hydrogenated using this
catalyst with a selectivity in the range of 99.8-100 %

(Stratz 1984).
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TABLE 1.1 : EXAMPLES OF LIQUID PHASE CATALYTIC HYDROGENATION

OF NITROCOMPOUNDS
Sr. Nitro Catalyst Process Company Reference
No. Compounds
1. Nitroxylene Ni on kieselguhr Liquid phase Shell U.S. Pat. (1949).
continuous
2. Niwoarenes PtO, Liquid phase Shell Brit. Pat. (1975).
batch
3. dinitro activated Ni Liquid phase Boyle Midway  U.S. Pat. (1949).
chlorobenzene batch
4. Various Various Liquid phase UOP U.S. Pat. (1954).
batch
5. Nitro benzene Ni on kieselguhr Liquid phase ICI Belg. Pat. (1963).
continuous
6. Nitrobenzene Ni on kieselguhr Liquid phase ICI Brit. Pat. (1965)
batch Brit. Pat. (1968).
7. 1-nitroanthra- Pd on carbon Liquid phase BASF Ger. Pat. (1974).
quinone batch
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TABLE 1.1II : SELECTIVE LIQIUD PHASE HYDROGENATION OF HALONITRO-

AROMATICS
Sr.  Nitro Catalyst Reference
No.  Compounds

1. me-nitrochloro Rh/ALO, U.S. Pat. (1956).
benzene

2. m-nitrochloro Ca0O/Cr,0, U.S. Pat. (1957).
benzene

3. o-and p-nitro Ru,Pd/C Bavin (1938)
chlorobenzene

\

4. m-nitrobromo- Rh + Ca(OH), U.S. Pat. (1962).
benzene

5. p-nitrochloro Pt-BaCO, or Fr. Pat. (1966).
benzene Pt - SrCO,

6. dichloronitro Pt/ AlO, Fr. Pat. (1967).
benzene

7. halonitro Ru+S Dovell and Greengfield (1967).
benzene

8. halo-nitro Pt/ Al,O, Fr. Pat. (1967).
benzene

9.  o-nitro chloro Ni + Zron U.S. Pat. (1972).
benzene kieselguhr

10. halo nitro arenes Rh Fr. Pat. (1974).
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TABLE 1. 1II COMPARISON OF MODIFIED Pt CATALYSTS FOR SELEC-
TIVE HYDROGENATION OF 3,4 DINITROCHLOROBEN-

ZENE
Catalyst Inhibitor Dehalogenation Product Purity
%0 o
S % Pt/ Carbon Triphenyl phosphite <0.01 98.52
5 % Pt / Carbon 0.09 99.82
sulfided
5 % Pt/ Carbon Morpholine 0.18 99.50

" Kosak (1980)



13473 Kinetics and Mechanism

Kinetics of liquid phase hydrogenation of nitro
aromatic compounds has been studied by several
investigators using the suspended metal catalysts (Yao
and Emmett 1959; 1961a,1961b,1962; Dovell et al. 1970;
Metcalfe and Rowden 1971; Burge and Collins 1980; Wisniak
and Klein 1984; and Rajadhyaksha and Karwa 1986). Most of
these studies have been carried out using nitro benzene,
and/or nitrophenol as substrates and Raney Ni, Pd, Rh and
Pt as catalysts. Overall reaction rate was found to be
dependent on mass transfer while studying the 1ligquid
phase hydrogenation of nitrobenzene using noble metal
catalysts - (Acres and Cooper 1972). Also, the reaction
rate was found to be first order with respect to hydrogen
and zero order with respect to the substrate but
increased to first order with increase in catalyst
concentration and agitation speed (Baltzly 1976; Burge

and Collins 1980; Meschke and Hastung 1960).

Pascoe (1988) has studied the selective
hydrogenation of bromonitro benzene isomers using four
commercially available catalysts. He investigated the
effect of solvents, ethanol and tetra hydro furan and
pressure on selectivity of the reaction. The
hydrogenation runs were carried out at room temperatures.

He found that the effect of pressure on the rates was
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greater than the solvent effect. Also, the rate of
reaction was found to be greater over the noble metal

catalysts than the raney Ni catalyst.

It was noted from the survey of the literature
that most of the work on the selective hydrogenation of
halo nitro compounds is in the form of patents. For the
system chosen in the present work, which is one of the
important industrial processes, there have been no

studies on the kinetics.
1.2 ANALYSIS OF SLURRY REACTORS
1.2.1 General

Slurry reactors are commonly wused 1in the
hydrogenation of aromatic nitro compounds tc anilines and
therefore the relevant information and the literature on

this subject has been summarized in this section.

Slurry reactor is a type of three phase reactor,
in which the solid particles are suspended by means of
mechanical or gas induced agitation. Slurry reactors have
many diverse applications in chemical industries and
particularly in catalytic processes. Some of the well
known examples are : hydrogenation and oxidation of a

variety of organic compounds, Fischer-Tropsch reaction
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for hydrocarbon synthesis, ethynylation of aldehydes and

polymerization reactions. Recent applications of slurry

reactors are in the field of pollution control and in the

field of heterogenized homogeneous catalysis.

Depending on the mode by which the catalyst

particles are suspended, slurry reactors are classified

into three categories. Schematic of all these reactors

are shown in Figure 1.2.

i) Mechanically agitated slurry reactors : In this
case,the catalyst particles are kept in suspension
by means of mechanical agitation

ii) Bubble columns slurry reactors : In this type, the
particles are suspended by means of gas-induced
agitation, and

iii) Three phase fluidized-bed reactors : Here, the

particles are kept in suspension by means of the
combined action of bubble movement and cocurrent
liquid flow. The main difference in this type
and bubble ceolumn slurry reactor is that in the
fluidized bed reactor, the particles are suspended

mainly due to 1liquid flow.

Mechanically agitated reactors offer advantages

like higher heat and mass transfer efficiencies compared

with bubble column reactor, while they have drawbacks
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like catalyst attrition and complete backmixing of the
liquid phase. Bubble column reactors have advantages like
low power consumption simple design for construction and

less maintenance.

The slurry reactors have many advantages over
the other three phase reactors, such as trickle bed or

packed bubble bed reactors, and these are given below

1) Since small size of catalyst particles can be used
in a slurry reactor, the intraparticle diffusional
resistance is less in comparison to that in a trickle or
packed bubble bed reactor. In trickle bed reactors,
normally larger catalyst particle size is used, for which

intraparticle diffusion effects are significant.

27 External mass transfer coefficients in slurry
reactors are higher than those in trickle or packed beds,

leading to better utilization of the catalyst.

3) Usually exothermic reactions are carried out in
slurry reactors, since temperature control is better due
to higher heat capacities and higher heat transfer
coefficients of the slurries. Slurry reactors are
relatively safer for reactions with temperature run away.
Due to large liquid volumes, isothermal conditions can be

maintained easily.

4) In slurry reactors, the problem of partial wetting
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of catalyst particles, does not arise. This situation is
often encountered in trickle bed reactors, for a certain
range of liquid flow rates and in such cases the entire

catalyst may not be utilized.

5) Due to the pelletizing difficulties and the high
cost involved in pelletizing, slurry reactors may prove

to be a better choice, in some applications.

In spite of these several advantages of slurry
reactors, they pose some practical problems 1like
separation of the catalyst from the products and handling
of the slurry. Therefore, the application of slurry
reactors in continuous processes has been limited.
However, such problems can be overcome by modifying the
slurry reactors to suit a certain specific application.
The loop recycle reactor 1is one such example (Figure
1.3), which is widely used in hydrogenation of castor oil
and fatty acids. Other novel gas-liquid-solid reactors
have been critically reviewed by Chaudhari et al.,

(1986) .

S N Literature survey

Sherwood and Farkes (1966) and Satterfield
(1970) were the first to describe the analysis of the

transport phenomena in slurry reactors for the case of a
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simple first order reaction. Later on, Chaudhari and
Ramachandran (1980), have dealt with the various aspects

of the analysis of complex reactions, concept of overall
effectiveness factor, modelling of semibatch reactors and
also the hydrodynamics, of slurry reactors. The advances
on the methods of designing and predicting the parameters
required for design purposes, have been discussed by
Ramachandran and cChaudhari (1983) and Shah (1979). They
have critically evaluated the applicability of literature

correlations for design purposes.

1.2.3 Theory

A simple form of three phase slurry system can

be represented by the following reaction scheme :

Catalyst
A + Y B ———————e—ee > Products (ii)
Here, the species A 1is generally a reactant in
the gas phase and B is a non-volatile reactant present in
the liquid phase, ¥ 1is the stoichiometric coefficient of
B. A number of steps are involved for the reaction to

take place, between A and B, at the catalyst surface.

1. Transport of A from bulk gas phase tc the gas-
liquid interface.

2. Transport of A from gas-liquid interface to the
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bulk liquid.

B Transport of A and B from bulk 1liquid to the
catalyst surface.

4. Intraparticle diffusion of the reactants in the
pores of the catalyst.

B Adsorption of the reactants on the active sites of
the catalyst.

6. Surface reaction between A and B to give products.

The concentration profiles of species A as it
diffuses from the bulk gas to the interior of the
catalyst is shown in Figure 1.4, wherein B is in large
excess. In the case of reversible reactions and volatile
products, additional steps such as desorption of products
and transport from catalyst surface to the bulk liquid,
and to the bulk gas phase for volatile products, will

have to be taken into consideration.

Generally, all of these steps may not be
important in every reaction. For example, in most three
phase systems, gas side mass transfer resistance is
negligible, if pure gas or high concentration of the gas
phase reactant 1is wused. In slurry reactors, the
intraparticle diffusional resistance can be neglected,
since very fine catalyst particles are generally used.
However, to interpret the laboratory data correctly and
apply them for designing purposes an understanding of all

the transport phenomena is essential.
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The analysis can be done first for a
differential reactor in which concentration of A and B
can be assumed to be more or less constant throughout the
reactor. This assumption simplifies the theoretical
analysis. Also, laboratory reactors are often operated in
a differential manner, and the analysis can be directly
useful in the interpretation of experimental data from

such reactors.

1.2.3.1 Analysis of differential reactors

Consider the reaction scheme represented by Eq.
(ii), for which the concentration of reactant B is far in
excess than that of gas A. The rate of reaction based on

power law model is then given as,

r = km A (2)

Where, km is the pseudo mth order rate constant,

=1,

m3/kg (m3/kmol)m_l s and is defined as,

k = k Bl (3)

Where, Bl is the concentration of B in the bulk

liquid kmol/m3.

The number of steps necessary for the reaction

to occur can be divided grossly into two : (a) overall
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mass transfer from fluid phase to the catalyst surface

and (b) intraparticle diffusion with surface reaction.
1.2.3.2 Overall rate of mass transfer

The rate of mass transfer of species A from the
gas phase to the surface of the catalyst can be derived
from the relevant equation for steps (1) to (3). The rate
of gas-liquid mass transfer in a differential reactor is

given by :

*
ry = kpa (A -a)) (4)
The term kLa in Egq. (4), represents the overall gas-
liquid mass transfer coefficient and can be related to
the individual gas side and ligquid side mass transfer

coefficients as :

— +  mm———— (5)

For sparingly soluble gases, like hydrogen, and
for pure gas feeds (i.e. not inert diluents) the term K a

can be approximated to kLa.

The rate of mass transfer from the bulk liquid

to the surface of the catalyst, is given as
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= k_a_ (A,-

A s p J: &

(6)

s)

The term ap for spherical particles is given as :

a_ = ————— (7)

Combining equations (4) and (6), the overall
rate of mass transfer of A from gas phase to the external

surface of the catalyst can be expressed as

*
a < MA R = As) =)
where,
-1
1 1
M = | me———— +  m——— (9)
B k.a k_a
L S p

The equation (9) is valid irrespective of the type

of the kinetic model.

1.2.3.3 Rate of chemical reaction

Let us consider a case where the intraparticle
diffusional resistance is negligible. In this case, the
concentration of A is uniform throughout the catalyst
particle and is equal to As. The rate of reaction per

unit volume of the reactor is given by :
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£y = wkmAs (10)

AS which is the unknown concentration in the
above equation, can be eliminated using equation (8) and
the equation for the overall rate in terms of the known

parameters can be obtained. The results for various cases

are as follows :

(a) First order reaction (m = 1)

From equation (10),

AL = —-S-- (11)

Substituting for Al in equation (8) and rearranging, we

obtain,

-1

ry = A" —=== &+ - (12)

-1
i 1 1 1
r, = A | —————=== +  mm——— + - (13)
kLa ksap wkl
th :
(b) For m order reaction,

As is obtained from equation (10), as
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1/m

A, = [ --%--- (14)

1/m

r, = M, (A - --2-- (15)

This equation can be solved by trial and error
procedure to predict %

1.2.3.4 L - H Type kinetics

For the case of no intraparticle diffusion, the
rate of chemical reaction, for a single - site mechanism

can be obtained as,

g, B Ss==SeSes | (16)

Here, it 1is assumed that the adsorpticn of other
components is negligible. From the equation (8), which
gives the rate of overall mass transfer, A is obtained

as

*
A, = A - /M, (17)
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Substituting this value of As into equation (16), a

quadratic equation is obtained, which can be solved as,

MA wkl "
r = ====- 1 + K,A + ——==-= - 1+ K, A +
A 2K A M A
A A
2 1/2
wk 4 wk, KA
'___._l ) = ____..l_é__ (18)
MA MA

For a dual-site mechanism, the rate of reaction
obtained, by assuming negligible adsorption of other

components, is as follows :

ry = —mm-i-Se— (19)
(1 + K,A_)

substituting for A_, as given above, a cubic

equation for ra is obtained as,

2
oM M
3 2 A * A
A Ty e 28 M, |+ r, =3 +
A A
oM 2a* wk. M wk.A'M_ 2
2 %2 1M g My
———————— + M + ——— i — —— - ——— i —— —— = 0
K & X 2 X <
5 A %



170

Equation (20) can be solved by standard methods as

given by Perry and Chilton (1973).

Depending on the rate controlling steps, the
overall rate will depend on various experimental
parameters. Roberts (1976) has given a list of different
variables, which affect the overall rate, Ty-

1.3 OBJECTIVE OF THE PRESENT WORK

The literature information on hydrogenation of
m-nitrocchloro benzene, is scarce and mostly patented. No
attempts to investigate the reaction kinetics of this
reaction have been made so far. The aim of this work was
to study the kinetics of 1liquid phase catalytic
hydrogenation of m-nitrochlorobenzene in batch autoclave.
This reaction is an interesting three phase catalytic
system and provides a good example to study the modelling
of three phase slurry reactors. The aim of the present
work was to study the applicability of the kinetics under
integral conditions. Theoretical models for batch slurry
reactors are proposed to be developed to compare the
predicticns with experimental data under both isothermal

and non-isothermal conditions.
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2.2 MATERIALS

The catalyst used for hydrogenation was sulfided
15 Pt-S/C, obtained from M/s Engelhard, U.K. (code no.
99804) . The physical properties of the catalyst are given
in Table 2.1. Hydrogen gas was supplied by M/s Indian
Oxygen Ltd., Bombay, with a purity of > 99.8%, and was
used directly from the c¢ylinder. The reactant m-
nitrochlorobenzene was procurred from M/s Fluka AG,

Switzerland and methanol was used as a solvent.

2.2 APPARATUS

All the hydrogenation experiments were carried
out in a 3 x 1074 n3 capacity stirred autoclave of SS
316, supplied by M/s Parr Instrument Co. USA. The reactor
was provided with a glass liner, automatic temperature
control, heating mantle, variable stirrer speeds,
sampling arrangement for gases and liquids, cooling coil,
thermocouple and a pressure gauge. An intermediate vessel
of 1 x 1073 n3 capacity, with a two stage pressure
regulator was used as H, reservoir in order to carry out
the experiments at constant pressure. A schematic diagram
of the experimental set up is shown in Figure (2.1),
while the actual set up is shown in Figures (2.2) and

(2.3).
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2.3 EXPERIMENTAL PROCEDURE

In a typical hydrogenation experiment, known
quantities of catalyst and m-nitrochlorobenzene aleongwith
the solvent were charged into the reactor and the
contents flushed with nitrogen. Then the contents were
flushed twice with hydrogen and heated to a desired
temperature. During this period, a slow stirring was kept
on. When the desired temperature was reached, stirring
was put off and hydrogen gas was then introduced into the
autoclave upto a required pressure and the reaction was
started by switching the stirrer on, at full rpm. During
an experiment, the pressure of hydrogen was maintained
constant. In each experiment initial and final samples
are analyzed, for reactant and product, in order to check
the material balance, which was > 95% . The progress of
the reaction was monitored by observing the drop in H,
pressure vs. time. The liquid concentration Vs. time data
was obtained by analyzing the liquid samples withdrawn
from the autoclave at desired intervals of time. In all

the experiments, the liquid volume was 1.50 x 1074 3.

2.4 ANALYSIS
The liquid analysis was carried out by a gas

chromatographic methed using HP 5840 gas chromatograph

equipped with SS column. The datails of the column and
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the other conditions of the GC analysis were as follows :

Column i 5 % OV-17, on chromo-

sorb, 3 m. long.

Column temperature : 140°c
Detector (FID) temperature : 350%°
Injection temperature : 250°C
Carrier gas : N,, 1.2 x 1073 m3/hr.

The peaks were identified by comparing the retention
times with those of known standards. The quantitative
analysis of reactant and product was carried out by using

the external standard calibration method.



174

% 1
3/ w1 x8

060

/w0l XSy
/3y 01 X0T-8'1

SUOIOIW § - |

WAU0D 1d

BOIE 20BJING
Auso1og

JWN[OA 210]

(°d) Ansuap sponueg

(°p) az1s 15K1RIRD

e Yo B

ol

LSATVLVD NOILVNIADOYJAH A0 SNOILVOIAIDAS * I'T d'T4V.L



195

dN-13S Y40lov3y AVAINIWIYIEX3 40 DILVWIHOS “1-2 348Nn9l4

4001 9NIT00)
37dNODOWYIHL

IN3IA Sv9

¥3YYILS

4OLVOIANI JYNSSIYd

INIVA LIINI SY9

INTVA ONITdWYS

¥OL1VIN93Y 3I9VIS OML

3gnL dig

8W08 3¥NSSIHd

SV9 ¥04 13SSIA ILVIAIWYILNI

—NMTONDO =
1

\IN
\Im.

(-
| O

1N0 H3 1V €«— lu!‘»

39VHOLS Sv9
NIV

NI H31VM ——p—

0l

]
e
L /
6 - >4 9




176

Bomb Head
Agsembly

HEATING
MANTLE

AUTOMATIC TEMERATURE
CONTROL

FIGURE 2-2 ‘EXPERIMENTAL REACTOR SET-UP



177

Leak
Detector
Nipple

Thermo-

. - .
. L Loy,
4 he el X T

[ Bt T B Lt

Gas Liquid
Inlet Sampling
Valve Valve

g
o

W -“&J E

Cooling Channel
Around Gland

Internal
Cooling
Loop

FIGURE 2-3 :EXPERIMENTAL SET-UP



CHAPTER 3

RESULTS AND DISCUSSION
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Hydrogenation experiments were carried out in a
stirred high pressure slurry reactor with the objective
of investigating intrinsic kinetics and modelling of
batch slurry reactor. The stoichiometry of hydrogenation

of m-nitrochlorobenzene to m-chloroaniline is :

ct ot
Catalyst :
+ 3H, ———» + 2 H,0 (1)

NO»o NH»

The reaction is highly exothermic with a heat of
reaction of 540 kJ / mol. Before proceeding for the
kinetic study, experiments were carried out to examine

the following aspects :

(a) Material balance and reproducibility

(b) Possibility of homogeneous non catalytic
reactions

(c) Reusability of catalyst

The preliminary experiments showed that with Pt-
S/C catalyst nearly complete conversion of MNCB with a
selectivity > 98% for MCA was achieved. The material
balance of the reactants consumed and the products formed
was found to agree to the extent of 95 % and above (see
Table 3.I), for all the conversion levels. The only side
product formed was aniline, but in all cases, its

concentration was negligible. A few experiments were
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repeated under identical conditions to check the
reproducibility which indicated the reproducibility
within 3% error. In order to study the possibility of a
non catalytic reaction, m-nitrochlorbenzene and methanol
were charged into the reactor, pressurized with hydrogen
and the reaction continued. The liquid sample, when
analyzed showed no products and the contents were the
same as initial values indicating absence of any non

catalytic reaction.

Some experiments were carried out to ascertain
the reusability of the catalyst which showed that the
activity of the catalyst was constant even after repeated
use. Figure (3.1) shows a plot of initial rate of
hydrogenation Vs. number of recycles. This ensured that
the catalytic activity was constant throughout any

kinetic run.

In order to study the kinetics of reaction (i)
the hydrogenation experiments were carried out in a
temperature range of 313 - 363, K and at different
concentrations of the catalyst, the substrate and the
product. In each case, the amount of H2 consumed as a
function of time was observed. The initial and final
liquid samples were also analyzed for concentrations of
MNCB and MCA. Only those runs, where H2 and MNCB
consumption was corresponding to MCA formed were chosen
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for kinetic analysis. The rate of hydrogenatiocn was

calculated from the plots of H2 consumed vs. time as
Slope of (H2 consumed vs. time plot)
Volume of reaction mixture

A typical plot for Hz Vs. time for different
temperatures is shown in Figure 3.2. Following this
procedure rate of hydrogenation was calculated for
differential conditions. The range of conditions varied
is given in Table (3.II). The corresponding rate data are

presented in Table (3.III). A detailed interpretation of

these results is presented in the following sections.

The system under consideration being a three
phase system, it was important to ensure that the mass
transfer and hydrodynamic factors are either eliminated
or accounted for in determining the kinetics. In order to
eliminate the intraparticle and the liquid particle mass
transfer resistances, finely divided particles (dp =1 -

4 microns) of the catalyst were used.
3.1 ANALYSIS OF INITIAL RATE DATA
The analysis of initial rates is always useful

in understanding the dependency of the reaction rate on

individual parameters and also in the evaluation of the
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TABLE 3.1 : MATERIAL BALANCE OF MNCB CONSUMED AND MCA FORMED

Sr. Temperature H, H, MNCB  MCA formed Material
No. K Pressure consumed consumed  x 10"k mol balance
x10% kP,  x10%kmol  x 10% kmol %

1 313 0.656 3.78 1.26 1.245 98.4

2 313 34 3.74 1.24 1.23 99.0
3. 313 0.656 1.776 0.06 0.590 98.33
4 323 3.40 3.80 1.26 1.253 99.44
5 333 6.83 3.71 1.237 1.212 97.97
6. 353 0.656 5.43 1.80 1.72 95.56
7. 363 0.656 1.771 0.588 0.571 96.93

Raction conditions : Catalyst loading = 0.36 kg/m’

Volume of liquid = 1.50 x 10* m®
rpm = 13.6 Hz.
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TABLE 3.II : RANGE OF OPERATING CONDITIONS

O

Catalyst loading
Agitation speed

H, pressure
Concentration of MNCB
Concentration of MCA

Temperature

0.36-2.1 kg/m®

5-13.6 Hz

0.656 x 10° - 6.7 x 10° k Pa
0.20 - 1.2 kmol / m*

0.20 - 1.2 kmol / m®
313-363K
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significance of mass transfer effects. The effect of

individual parameters or the rates is discussed below.

3.1.1 Effect of Catalyst ILoading

Figure (3.3), show the influence of catalyst
loading on the initial rate of hydrogenation of m-
nitrochlorobenzene for the temperature range of 313 K -
363 K. It is clear from these results that the rate is
linearly dependent on catalyst loading at 313-333 K,
only, while it is independent of catalyst loading beyond
a certain value for 353 K and 363 K indicating that gas-

liguid mass transfer is being significant at 353 and 363K

3.1.2 Effect of Agitation Speed

In order to check the significance of gas-liquid
mass transfer resistance, experiments were carried out at
different agitation speeds, with lowest as well as the
highest catalyst loadings. As can be seen from the
Figures (3.4 and 3.5), for the temperature range of 313-
333K, the rates were found to be independent of agitation
speed, for both high and low catalyst locadings. However,
at 353 K and 363 K, the rates were found to be strongly
dependent on agitation speed even at the lowest catalyst
loading (see Figure 3.5). These observations are

consistent with the observations with respect to catalyst
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locading and conclusion of gas-liquid mass transfer

limitation at 353 and 363K.

313 Effect of Pressure

The effect of hydrogen pressure on the rate of
reaction 1is shown 1in Figure (3.6) for different
temperatures. The rate was found to vary with first order

with H2 at all the temperatures.

3.1.4 Effect of Substrate and Product Concentration

As shown in Figure (3.7), the rates were found
to be independent of concentrations of m-
nitrochlorobenzene. In order to ascertain the effect of
product concentrations, some experiments were carried out
by adding a known guantity of m-chlorocaniline, to the
reaction mixture at the start of the experiment. The
results observed at different initial m-chloroaniline
concentrations are shown in Figure (3.8), which indicate
that m-chloroaniline does not have any significant effect
on the rate of reaction. Thus, a zero order kinetics was
observed with respect to both the substrate as well as

the product.

3.1.5 Analysis of Mass Transfer Effects

The initial rate data were also analyzed to

check the significance of gas-liquid, liquid-solid and
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intraparticle mass transfer effects under the conditions
used in this work. For this purpose, the criteria
described by Ramachandran and Chaudhari (1983) were used.

In these criteria, factors, Q. a and ¢ - are

L’ 2 p’
calculated which are defined as the ratios of the
observed rates to the maximum rates of gas-liquid,
liguid-solid and intraparticle mass transfer

respectively. The calculation of these factors is given

below.

3.1.5.1 Gas-liquid mass transfer

The gas to 1liquid mass transfer can be

considered unimportant if,

r
o, = ——;—;—i-—;———- < 0.1 (1)
L A A
where,
T = Rate of hydrogenation, kmol / m3 / s
kL = Gas liquid mass transfer coefficient,
m/sec
a = Effective gas-liquid interfacial area,
mz/m3
Hy = Henry's low constant of solubility for Hy,
kmol / rn3 kPa
P - Partial pressure of H kPa.

2!
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For calculation of & ,, a knowledge of
the solubility of H, in the reaction medium is essential.

The data for H, methanol system, as reported by Seidell

2
(1940), were used after correction for wvarious
temperatures. It was assumed that m-nitrochlorobenzene
and m-chlorecaniline have no influence on the solubility
of H2 in methanol, in the range of concentrations used in
this work. The solubility data are presented in Table
(3.IV). The values of gas-liquid mass transfer
coefficient (kLa), were calculated by wusing the

correlation given by (Chaudhari et al. 1987) for the

stirred reactor, and these are presented in Table (3.Y).

3.1.5.2 Liquid-solid mass transfer

The liquid-solid mass transfer resistance can be

considered to be negligible, if,

*a
A, = =====—=Zeeeeo- < 0.1 (2)
kfp By Hy
where,
ks = Liquid-solid mass transfer coefficient,
m/sec
ap - Effective liguid-solid interfacial area per

unit volume of slurry, :rr12/1'n3 = 6w /dep

w = Catalyst loading, kg / m3
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Particle density, kg / n>

O
d
I

d = Particle diameter, m.
For calculation of ks’ the correlation, proposed

by Sano et. al. (1974), was used.

1/4 1/3

(3)

Where, FC, the shape factor can be assumed to be
unity for spherical particles. The energy supplied to the

liquid, e, was calculated as (Calderbank, 1958)

3 5
B N_ N dI ¢
& = coPecscobilly (4)
fL VL
Where,

e = Energy supplied to liquid, kg / sec.
Np = Power number
N = Agitation speed, Hz
dI = Diameter of agitator, m
oL = Density of liquid, kg / m’
Vi = Volume of liquid, m3

Here, V¥ 1is a correction factor for the presence of gas

bubbles and is given as (Calderbank, 1958)



for memedene > 3.5 % 1072
N d
Q
s 0.62 - 1.85 ----J-—- (5)
N d
1
Q _
for -~—-9§—— > 3.5 x 102
N d

Where, Qg is the volumetric flow rate of gas, mB/s. As in
this work, a batch autoclave was used, gas was not
continuously bubbled but was supplied as per the
consumption to maintain a constant pressure. Therefore in

the above calculations, Qg was calculated as,

Q =r x V. x V (6)

where, s maximum rate of hydrogenation,

max

kmol/m3/sec., Vm = melar gas volume, m3/mol.

For actual calculation, Qg was taken as 20% excess
of that calculated by equation (6). The value of ks
calculated using the above equation was found to be

0.163.
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e 1 (LR Intraparticle diffusion

The significance of intraparticle diffusion can
be evaluated using the criteria based on experimental

Thiele parameter, o) (Satterfield, 1970, cChaudhari

exp

and Ramachandran, 1980) defined as :

d 9 r
P A
b gggg =~ [ Rmnoeee ] (7)
6 w D PA HA
For ¢ < 0.2, the intraparticle diffusion can
exp

be assumed to be negligible. The effective diffusivity

(De) was calculated as :

DE
D, = Y (8)
where,
D = Diffusivity, mz/sec
€ = Porosity of the catalyst
T = Tortuosity factor

The molecular diffusion coefficients were
calculated from the equation by Wilke and Chang (1955)
and the tortucsity factor was assumed as 3.0, the value
observed for carbon particles (Komiyama and Smith, 1975).

The diffusivity data are presented in Table (3.VI).

The values of these parameters CE,1 d.2 and



198

dgxp were calculated for all the rate data and presented
in Table 3.III. From this analysis it is clear that the
liquid-solid mass transfer and the intraparticle
diffusion effects are negligible. However, gas-liquid
mass transfer is significant particularly - at higher
temperature and higher catalyst loadings. This conclusion
is also consistent with the observations of the variation
of rates with agitation speed and w, at 353K and 363K.
Here, it is implied that at high temperatures and catalyst
loadings the rate of reaction is very much higher

compared to the rate of mass transfer and hence the

latter becomes a controlling step.

3.2 KINETIC MODEL

The initial rate data in kinetic regime (313-
333K), were fitted to several forms of rate equations,
some purely empirical and some Langmuir-Hinshelwood type
of models. In order to select the rate equation for
fitting the rate data, several reaction schemes were
considered. Each scheme involves several elementary steps
such as adsorption, desorption and surface reaction and
depending on the rate controlling step, various rate
equations can be derived (Perry and Chilton, 1973). While
deriving kinetic models, the following assumptions were

made



199

TABLE 3.1II : INTIAL RATE DATA FOR HYDROGENATION OF
m-NITROCHLOROBENZENE

Sr. Catalyst H, Initial  Initial rate of o 0x10* @, x 10°
No. loading, pressure MNCB reaction,
w, kg/m® x 107, kPa concentration  r,x 10°,
B, kmol/m*  k mol/m’s
1 2 3 4 5 6 7 8
Temperature 313 K,
L. 0.36 0.656 0.20 0.136 0.0407 0.24 2.4
2. 0.36 0.656 0.40 0.190 0.057 0.34 9.1
3. 0.36 0.656 0.84 0.228 0.068 0.408 3.15
4, 0.36 0.656 1.20 0.225 0.067 0.403 3.13
5. 0.36 1.345 0.820 0.485 0.0709 0.424 3.21
6. 0.36 2.379 0.830 0.865 0.0716 0.429 3.23
7. 0.36 3.413 0.790 1.200 0.0690 0.414 3.17
8. 0.36 6.863 0.840 2.400 0.068 0.417 3.16
9. 0.60 0.656 0.840 0.422 0.096 0.454 3.32
10. 1.60 0.656 0.825 1.10 0.32 0.443 3.28
11 2.10 0.656 0.825 1.56 0.4 0.48 341
Temperature 323 K
12. 0.36 0.656 0.40 0.286 0.080 0.48 3.35
13. ° 036 0.656 0.80 0.338 0.09 0.57 1.15
14, 0.36 0.656 1.20 0.367 0.0887 0.62 3.80
15. 0.36 2.015 0.825 1.06 0.095 0.58 3.66
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1 2 3 4 5 6 7 8
16. 036 3.394 0.825 1.92 0.10 0.625 3.80
17. 036 6.833 0.825 3.92 0.104 0.632 3.82
18.  0.70 0.656 0.825 0.73 0.20 0.64 3.84
19. 1.40 0.656 0.825 1.48 0.41 0.65 3.87
20. 1.70 0.656 0.825 1.80 0.50 0.65 3.875
21. 2.10 0.656 0.825 2.28 0.638 0.666 3.92

Temperature 333 K
22, 0.346 0.656 0.40 0.476 0.092 0.781 418
23, 0346 0.656 0.830 0.589 0.0962 0.967 4.65
24, 0.346 0.656 1.20 0.640 0.0973 1.05 485
25, 0346 2.10 0.830 1.85 0.123 0.99 47
26.  0.346 3.39 0.830 3.06 0.151 0.974 4.67
27.  0.346 6.84 0.830 6.10 0.149 1.963 4.65
28, 0.733 0.656 0.830 1.34 0.34 1.038 4.83
29. 1.67 0.656 0.830 3.30 0.84 1.12 5.026
30. 2.13 0.656 0.830 4.12 1.05 1.09 5.00

Temperature 353 K
3. 036 0.656 0.406 1.261 0.28 1.81 6.19
32 0.36 0.656 0.825 1.340 0.30 1.92 6.39
33. 0.36 0.656 1.20 1.362 0.308 1.95 6.44
34, 0.36 2.00 0.825 33 0.246 1.56 5.75
35. 0.36 3.386 0.825 594 0.26 1.65 5.918
36. 0.36 6.83 0.825 11.70 0.254 1.61 5.85
37. 0.77 0.656 0.825 3.00 0.67 1.99 6.51
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1 2 3 4 5 6 7 8
38. 1.70 0.656 0.825 4784 1.08 1.45 555
39. 2.10 0.656 0.825 4871 1.10 1.2 5.04

Temperature 363 K

40 0.36 0.656 0.400 1.94 0.40 2.59 7.3
41. 0.36 0.656 0.825 2.10 043 2.81 7.6
42. 0.36 0.656 1.20 2.20 0.45 2.94 7.78
43, 0.36 2.00 0.825 4.80 0.325 2.11 6.6
44, 0.36 3.38 0.825 8.18 0.326 2.122 6.61
45. 0.36 6.83 0.825 16.82 0.332 2.16 6.66
46. 0.60 0.656 0.825 3.60 0.742 2.89 741
47. 0.80 0.656 0.825 4.46 0.919 2.68 7.43
48. 1.20 0.656 0.825 5.38 1.11 2.16 6.67
49. 1.66 0.656 0.825 5.48 1,13 1.59 572
50. 2.10 0.656 0.825 5.447 1.12 1.25 5.07
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TABLE 3.1V : SOLUBILITY OF H, IN METHANOL’

Temperature Solubility, x 10%, kmol/m®, kPa
i :
313 4.34
323 4.64
333 4.93
353 5.42
363 5.82

* Siedell (1940)
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TABLE 3.V : GAS-LIQUID MASS TRANSFER COEFFICIENTS'

Temperature Gas-liquid mass transfer
K coefficient, k,a, s’
313 0.117
323 0.119
333 0.121
353 0.1242
363 0.127

" Chaudhari et.al. (1987).
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TABLE 3. VI : DIFFUSIVITY OF H,IN METHANOL

Temperature Molecular Effective
K diffusivity diffusivity
D x 10°, m/s De x 10°, m%/s
313 6.70 1.116
323 6.91 1.175
333 7.13 1.212
353 7.55 1.284
363 777 1.320




SCHEME

i)
ii)
iii)
iv)
v)
vi)

vii)

205

Catalyst is uniformly distributed with single
type of sites (single type of sites implies that
all the sites on the surface have uniform

strength and nature).

only one of the steps in reaction scheme is rate

controlling.

The concentration of transient adsorbed species

is negligible.

For a rate controlling step, the reverse

reaction is negligible.

The following reaction schemes were considered

1 =z Molecular adsorption of Hz: and MNCB,

followed by surface reaction (Dual site).

RNO, + §  <==========> (RNO,)S

Hy * § Fuwwmmes—my (H,)8

(RNO,}g = =mmmwmm=s > (RNO) g + (H,0)g
(RNO,) ¢ + (H))g <========> (RNHOH)g + S
(RNHOH) ;. + (H,)g <========> (RNH,)g +(H,0)¢
(RNH,) o Cmmmmees==> RNH, + 8

(H,0) g <=mmmm====> H,0.
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SCHEME 2 Molecular adsorption of H2, and MNCB,

followed by surface reaction (single site).

i) RN02 + S C==========D1 (Rﬂoz)s

11) (BRNO;) g + Hy ===m=ma= > (RNO)g + H,0

113) (RNO)S + HZ <=========> (RNHOH)S

lV) (RNHOH)S + H2 P (RNH2)S 4 H20

V) (RNHZ)S C==========D RNH2 + s

32l 1. Model Discrimination and Parameter Estimation

In order to discriminate the several rate
equations including those derived based on above schemes
were considered as shown in Table 3.VII. Experimental
rate data obtained in the kinetic regime (313-333 K) were
considered for this purpose. A non-linear regression
analysis was used for each rate equation in Table 3.VII
to obtain the best values of rate parameters. For this
purpose, an optimization program based on Marquardt's
method was used, which involves a non-linear least square
regression analysis. The values of rate parameters and
¢min are presented in Table 3.VII. It is well known that
the model discrimination is not always easy on the basis
of statistical analysis alone (Froment, 1975; Froment and

Bischoff, 1979). Other criteria considered in selecting

the best model are :
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(a) The estimated kinetic parameters must have

physico-chemical meaning. Some of the rules are

given below (Boudart 1972; Vannice et al.
1979) .
Rule 1 : reaction rate constant > 0
Rule 2 5 activation energy > 0
Rule 3 - adsorption constants > 0
. ’ " Il
(b) The residuals (rA - rA) should be distributed

with zero mean and these residuals should have no trend
effects, as a function of the independent variables like

PH,, and MNCB concentration.

The values of the rate parameters evaluated for
each model are presented in Table 3.VII. Considering the
above criteria, it can be seen that all the models except
(3) have model parameters less than zero, and hence can

be rejected. The proposed rate equation is :

%*
wk., A B
r, = —e L (9)
1+ kB Bl
Also, ¢min was lowest for equation (9) at all

temperatures. This rate equation (9) is also consistent
with the reaction mechanism shown in scheme 2, (section
3.2).

Therefore, model (9) was considered as the best

model to represent the kinetics of hydrogenation of m-
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nitrochlorobenzene to m-chloroaniline using 1% Pt-S/C,
catalyst system. A comparison of the experimental and
predicted rates is shown in Figure 3.9, which indicates

an excellent agreement.

The temperature dependence of the rate and
adsorption constants is shown in Figure 3.10, from which
the activation energy was calculated, as 30.2 kJ/mole.
The adsorption coefficients obtained for the above model,
also show the usually expected trend of decrease in the
values of adsorption coefficients with temperature (Table
3.VII, model 3). However, the temperature effect observed
for the adsorption coefficient is very mild, and the heat
of adsorption calculated from the Arrhenius plot is equal

to 8.62 kJ/mol.

3.2.2 Interpretation of the rate data at 353 and 363 K

Since, the rate data at 353 and 363 K were found
to be under conditions of gas-liquid mass transfer
limitations, the overall rate of hydrogenation would be

given as (Chaudhari and Ramachandran, 1980) :
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Eliminating the unknown Ay in equation (10) and
(11), the following equation for the overall rate of

hydrogenation can be obtained :

o = A | =——— F  mme—————e (12}

Here, liquid-solid and intraparticle diffusional
resistances were not considered as they were found to be

unimportant (section 3.1.5).

In order to use the eguation (12) for
calculating the rate of hydrogenation, a knowledge of k,,
KB and kLa, is required in addition to the solubility
data. The values of kl and KB were obtained by
extrapolation of the Arrhenius plot in Figure 3.10, while
kLa values were evaluated from the following correlation

proposed by (Chaudhari et al. 1987), for the type of

equipment used in the present work.

kea = 1.48 x 107 7 e (Vg / k=t o
(@ / ap® % x (ny 7 nytte (13)
where,
N = speed of agitation, Hz
Vg = volume of the gas in the reactor, m3
vy = volume of the liquid in the reactor, n>

dI = impeller diameter, m
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dT = tank diameter, m

h1 = height of the first impeller from the
bottom, m

h2 = height of the second impeller from the

bottom, m.

The wvalues of kl and K_ and kLa thus obtained

B
are presented in Table 3.VIII. The rates calculated using
these parameters and equation (11) are compared in Table
3.IX with the experimental observations. Also, shown in
Table 3.IX are the rates predicted using the equation (9)
without incorporating the mass transfer effects. It was
observed from this comparison that the experimental data
agrees well with those predicted by the equation (12).
The prediction of equation (9) are significantly higher
than the observed data and this again confirms the
importance of gas-liquid mass transfer resistances under
these conditions. The agreement between the experimental
results and the model predictions (equation 12) also

confirms the applicability of the rate model given by

equation (9) proposed here.

353 BATCH REACTOR MODEL

In order to verify the applicability of the
kinetic model over a wider range of conditions, integral

batch reactor data were also obtained at constant H2
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: VALUES OF k,, Ky and k;a AT HIGHER TEMPERATURES

Temperature Ky, K, kia;s"
K (m*/kg) (m®/ kmol®) (m*/ kmol)
353 0.52 3.15 0.124
363 0.70 2.80 0.127
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TABLE 3.1IX : COMPARISON OF EXPERIMENTAL RATE DATA WITH MODEL
PREDICTIONS WITH AND WITHOUT GAS-LIQUID MASS
TRANSFER EFFECTS
Sr. ry x 10°, kmol/m’ .s. ry x 10°, kmol/m’ .s. r, x 10°, kmol/m’ s.
No. (Experimental) (Predicted by (Predicted by
Eq. 11) Eq.9
Texperature 353 K
1. 1.261 1.236 1.487
2: 1.340 1.334 1.530
3. 1.362 1.341 1.673
4, 3.30 3276 4.634
5. 5.94 5.67 7.89
6. 11.70 11.793 15.92
T 3.00 3.07 327
8. 4784 4.581 7.214
9. 4871 4.604 7.82
Texperature 363 K
10. 1.94 1.86 2.33
11, 210 1.94 2.40
12. 2.20 2.08 2.65
13. 4.80 4.58 5.30
14. 8.18 7.89 10.34
15. 16.82 15.57 18.60
16. 3.60 3.76 4.00
17: 4.46 421 933
18. 5.38 5.12 6.78
19. 5.48 5.23 7.07

20. 5.447 532 6.86
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pressures. In these experiments, the variation of the
concentration of m-nitrochloro benzene and m-chloroaniline
was observed as a function of time. The concentration-
time behaviour can also be predicted from the batch
reactor model since the kinetics is known from initial
rate data compared with the experimental results.. The
variation of the concentration of m-nitrochloro benzene
and m-chloroaniline can be represented by the following

mass balance equations :

=1
d[(B, ] 1 N o | 1+ K_ B
o wwenllon @ msm g | asees + mm———— B & (14)
dt 3 kLa wkl Bl
and for the product formation,
=1
d(E,] 1 i 1 1+ K, B
___._l___ = ——— A | m—m—— e —— E.._l__ (15)
dt 3 kLa wkl Bl

In case of data in the kinetic regime, the above

equations are simplified as follows

______ x e b e (16)
dt 3 (1+Ky By)



e i e e (17)
dt 3 (1+Kp By)

Since the experiments were carried out at

*
constant pressure of H the value of A remains

2!
constant, at all times and also it was assumed that the
presence of reactant and product do not affect the

solubility of H appreciably.

2

For data at constant pressure, the above
equations can be solved numerically by using Runge-Kutta
method to obtain concentrations of m-nitrochloro benzene
and m-chlorocaniline at different times. The
concentration-time profile can then be predicted using
the rate parameter and the solubility values from the
previous section. The experimental and predicted
concentration profiles of m-nitrochloro benzene and m-
chloroaniline Vs. time are compared in Figures 3.11-3.14
for 313-333K. The agreement between the predicted and the

observed results was found to be excellent.

The concentration time profiles for higher
temperatures (353K and 363K) are shown in Figures 3.15
and 3.16. Here, it can be seen that the data is well
represented by the above rate model (equation 9), after
incorporating the mass transfer effects, while <the

predictions do not match if the data is assumed to be in
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the kinetic regime. Thus, the rate model proposed here,
is applicable over a wide range of conditions and can be

reliably used for design and scale-up purposes.

3.4 NON-ISOTHERMAL MODELLING

In the catalytic hydrogenation of the
nitroaromatic compounds to the aromatic amines, the
oxygen in the nitro group is progressively replaced by
hydrogen. This reaction is highly exothermic and the heat
of reaction is about 547 kJ/mol which would eventually
lead to a rise in the temperature during the reaction.
The objective of the present work was to carry out some
hydrogenation experiments under non-isothermal conditicns
and to observe the temperature vs. time as well as H2
consumption vs. time profiles. A theoretical non-
isothermal model was also developed for this system based
on the Kinetics already reported in this work. Such a

study would be useful in understanding the non-isothermal

behaviour of the catalytic hydrogenation processes.

The non-isothermal experiments were carried out
in the same setup as described earlier however, the

procedure followed was as given below :

The contents of the autoclave were flushed first

with Nz and then with Hz' then the reactants were heated
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to a desired initial temperature by circulating the hot
water through the cuter jacket of reactor. After the
initial reaction temperature was observed to be constant,
H, was introduced intec the reactor to a desired pressure

and the reaction was started. The rise in temperature and
the pressure drop in the intermediate hydrogen reservoir
were recorded as a function of time. This was continued
until there was no further absorption of hydrogen. In

these experiments no coocling fluid was circulated through

the internal coil.

The material balance equations for the reactant,
product, and hydrogen consumption, under non-isothermal

conditions are given as

By Y e emeRr |1
- -mmm175-
dt 3 (Kpa) gy (Ty/T,)
-1,
(1 + KBG & -Ead/RT Bl)
——————————————— T TR (18)
wB, k R/ BT



4[(B,] 1 *  -Es/RT .
———————— = =-- A e ————————-'———-'--—5;5- +
dt 3 (kLa]Tc (T,/T,)
-1
AE B ~Ead/RT |
——————— Eg————---—-—-- n.———]—-——— (19]
5 ZEX/RT
1 ®1(0)
@« H, o * _ -Es/RT ~ -
"""" ™ g = e g vl
at (kpa) gy (T,/T,)
-1
(1 + K ~Ead/RT 4,
——————— §9———-————————-—-a————— 20)
& ZET/RT (
1 *1(0)

The heat balance for the present system can be

written as

Heat released due to reaction
- Heat lost to the surroundings
- Heat required to raise the inlet gas temperature.

= Heat accumulated in the reactor

The corresponding heat balance equation is

VR AHI‘A dt - UAAR [T = Tw} = Qgcpq (T - TW) dt

= enggg - (1=, - w/ Ps)Cpy 93V + WpCpg 4t

(21)
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Equation (21) can be rewritten as

LT e e Uale P OGRS
dt eng 5% e eg - w/ pg)cpl PV WVpChe
(22)
The initial conditions are :
t = o, Bl = blo' Hz = o, T = To (23)

The solution of equations (17), (18), and (21)
with initial conditions given in equation (23) allows the
prediction of H2 coensumed and temperature rise as a
function of +time. These equations are non-linear and
solved simultaneously to cobtain the temperature-time and
the hydrogen consumption-time profiles. While selving

these egquations the following points were considered

(1) variation of kl and Kg with temperature.

(2) Variation of H, solubility (A") with
temperature.

(3) Variation of wvapour pressure of solvent with
temperature.

(4) Mass transfer (gas - 1liquid) effects and

variation of k;a with temperature.

It was alsc assumed that the heat of reaction
and the heat transfer coefficient remained constant in

the temperature range covered here.
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It is well known that the heat transfer
coefficient Uy is highly equipment sensitive, therefore,
its value in the present case was estimated by simulating
a part of our own experimental data. For this purpose, at
a given temperature, the value of U, was estimated so
that the predicted temperature rise and the
experimentally observed one matched closely. This
estimated value was found to be 1.045 x 10° J/m°/s/K
which was then used to predict the temperature-time
profiles for other temperatures. The results are
presented in Figures 3.17 - 3.19 for different initial
temperatures. It was found that the agreement between the
predicted and the experimental results was excellent. It
is important to note that the non-isothermal data at
different initial temperatures were represented well by
the non-isothermal model developed here, after accounting

for the gas-liquid mass transfer resistance.
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3.5 CONCLUSIONS

The hydrogenation of m-nitrochlorobenzene was
studied using 1% Pt-S/C catalyst in a high pressure
slurry reactor over a wide range of temperatures. From
the initial rate data, a Langmuir - Hinshelwood type rate
model was found to represent the data satisfactorily. The
rate was found to be linearly dependent on Hz pressure
while it was zero order with respect to both the
substrate as well as the product concentration. The
initial rate data were analyzed for the significance of
mass transfer effects. It was found that in the
temperature range of 313-333K, mass transfer effects were
unimportant, while at 353 and 363, gas-liquid mass
transfer resistance was significant. The data at higher
temperatures could be represented by the rate equation,
after accounting for the gas-liquid mass transfer

effects.

In order to verify the applicability of the rate
equation under integral reactor conditions, experimental
data in a batch reactor were obtained. A theoretical model
was developed, to predict the concentration-time profile
in a batch reactor. The predicted and observed results

were found to agree within 5 - 7% error.

Finally, the values of activation energy and the

heat of adsorption evaluated were found to be 30.2



234

kJ/mole and 8.62 kJ/mole, respectively.

A few experiments were carried out under non-
isothermal conditions, with different initial
temperatures. The experimental data were interpreted by
developing a non-isothermal model using the kinetics
studied in this work. The agreement between the model
predictions and the experimental results was excellent
indicating the applicability of the kinetics and reactor

model over a wide range of conditions.
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A
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concentration of dissolved hydrogen in the bulk liquid, kmol/m’
effective gas-liquid interfacial area per unit volume of the reactor, m’/m’
effective liquid-solid interfacial area per unit volume of slurry, m*/m’
Initial concentration of m-nitrochlorobenzene, kmol/m’

Diffusivity of hydrogen, m*/sec

diameter of agitator, m

average diameter of the catalyst particles, m

energy supplied to liquid, kg/sec

shape factor of the catalyst

Henry’s law constant for solubility of A, m*/kmol/kPa

adsorption equilibrium constant, m*/kmol

reaction rate constant,(m’/kg) (m*> kmol s) (defined by Eq. 9)

gas - liquid mass transfer coefficient, m/sec.

liquid-solid mass transfer coefficient, m/sec.

speed of agitation employed, s”'. Hz.

Power number

Power consumption for agitation, kg/m%/sec’

partial pressure of H,, k P,

volumetric gas flow rate of gas, m’/s

overall rate of reaction, kmol/m’/s
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T :  maximum rate of hydrogenation, kmol / m’/s
U, . heat transfer coefficient, J/m?/s/K
w :  catalyst concentration, kg/m’
Greek symbols
o0, . parameters defined by Equations (1) and (2)
Y5 . :  stoichiometric coefficient for species, B
Py :  particle density, kg/m’
PL . density of liquid, kg/m’

L, :  viscosity of the liquid, kg/m/sec.
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