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Introduction:

The process of mixing liquids is a fascinating and significant economic activity that has shaped
our world in countless ways. It is commonly used to create new products or improve the quality of
existing ones, such as gasoline blending or mixing reactants in chemical reactors. Mixing occurs
spontaneously when two miscible liquids are put into contact, and its rate can be increased by applying
a stirring. But conversely, separating the liquid mixture into its pure components is quite challenging
without any external interference [1]. Several possible technologies are feasible to perform separation
either by individual technique or using combination of techniques, such as membrane separations,
extraction, distillation, adsorption, etc. [2]. Distillation is the most preferred unit operation in process
industry for separating liquid mixtures.

Distillation has a distinct processing advantage, such as high throughput, handling a wide range
of feed concentrations, and producing high-purity products. It is a mature and well-established
technology in terms of design, operation, and control [3]. Although this is an old and mature
technology in the chemical process industry, it does have some challenges to overcome, as mentioned

below:
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High energy consumption: Distillation columns are responsible for more than 90% of the total energy

used in separations in chemical process industries worldwide. Hence, energy-efficient distillation
configurations are needed to reduce fuel consumption and operating costs.

Formation of an azeotrope: An azeotrope is a mixture of chemical components that have the same

composition in the liquid and vapor phases and are in equilibrium with each other. Azeotrope is also
known as a constant boiling mixture. This non-ideal azeotropic behaviour in two different chemical
components occurs due to their molecular interactions, either repulsion or attraction. Repulsion
increases the effective vapor pressures of the components at a given temperature, which leads to the
formation of the minimum boiling azeotrope. In this case, azeotrope will boil at a lower temperature
than the other components of the mixture. In some systems, molecular attraction decreases the
component’s resulting vapor pressures, leading to the formation of a maximum-boiling azeotrope. In
this case, azeotrope will boil at a higher temperature than the boiling points of the other components

present in the mixture.

Statement of the Problem:

When the azeotropic condition occurs, there is no change in the liquid and vapor compositions
from tray to tray in a distillation column. Therefore, an azeotrope acts as a distillation boundary. This
phenomenon makes it impossible to get a sharp separation of the feed mixture using conventional
distillation. Hence, various advanced distillation techniques are required to separate such mixtures.
Each separation technique has its pros and cons. It may be possible to achieve the separation with the
desired purity by using one or more separation methods; however, the most appropriate separation
method should be selected based on the economics of the overall system. It was reported in the
literature that the azeotropic distillation process required almost 30 to 40% more energy in comparison
to Extractive Distillation (ED) and Pressure Swing Distillation (PSD) in most of the cases [2]. The
performance of ED and PSD for separating azeotropic systems varies from system to system; hence,
both are competitive with each other for separating the azeotropic system.

Various solvents have been reported in the literature for the extractive distillation of some
binary azeotropic systems. However, due to a lack of a common basis for comparison, determining a
better solvent in terms of operating and capital costs with the desired product purity was difficult.

There was an insufficient or missing built-in binary interaction parameter in the Aspen Plus simulator
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for many component pairs, which may led to improper simulation and an unreliable conceptual design
of the process.
In the present work, novel and advanced energy-efficient distillation configurations are
developed for the separation of various binary azeotropic systems with the following objectives:
e Evaluation of various possible novel entrainers for altering the azeotropic/close-boiling
behaviour of the systems through experimental VLE analysis
e Development of a thermodynamic model and its validation for new entrainer systems
using experimental VLE data.
e Conceptualization, optimization, and modelling of a pressure swing and enhanced
extractive distillation system for industrial applications
e Development of an energy-saving configuration by adopting heat integration
e Development of an optimization approach for the conceptual design of an advanced
distillation configuration, starting from essential VLE data, thermodynamic activity
coefficient model, sensitivity analysis, and then techno-economic optimization of design

parameters.

Methodology and Results:

Chapter 2. Separation of Tetrahydrofuran (THF)-Water Mixture,
Part I- Using Extractive Distillation with Various Entrainers.
Part 11- Pressure Swing Distillation (PSD) and Heat Integration.

In this work, extractive and pressure-swing distillation methods are analyzed in detail through
steady state ASPEN Plus simulations to propose the most economic method for separation of
equimolar mixture of THF-Water. Various solvents were evaluated and DMSO was identified as the
most appropriate solvent, as it gave minimum Total Annual Cost (TAC) for desired purity. In case of
pressure swing distillation, various pressure ranges were explored to achieve minimum TAC.
Configurations for extractive and pressure swing distillation with heat integration were also worked
out. The optimum designs of extractive and pressure swing distillation with and without heat
integration were compared on a common basis of feed conditions and purity constraints. Results
indicate that TAC of extractive distillation with heat integration is 5.2 % less than that of PSD with

partial heat integration.
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Chapter 3. Extractive Distillation Configuration for dilute Nitric Acid Dehydration Using
Sulphuric Acid as a Solvent

In this work, an extractive distillation configuration for dehydration of dilute nitric acid is
proposed with sulphuric acid as a solvent. Thermodynamic modeling of vapor-liquid-equilibrium of
binary and ternary systems of nitric acid/water/sulphuric acid was carried out using eNRTL-RK
(Electrolyte Non Random Two Liquid) thermodynamic property method in the Aspen plus process
simulator. The model performance was validated by comparing the experimental data with the
estimated data by eNRTL-RK model and found to be in good agreement. The thermodynamic model is
then used for developing a triple column extractive distillation sequence, comprising pre-concentrating
column, extractive distillation column and solvent recovery column. The configuration is designed,
simulated and optimized to concentrate dilute nitric acid using sulphuric acid as a solvent to break the
nitric acid water azeotrope. The operating and structural parameters of the distillation configuration
are optimized simultaneously with an objective of minimizing energy consumption and Total Annual

Cost (TAC) overall configuration.

Chapter 4. Effect of Various Salts on Isobaric Vapor-Liquid Equilibrium in Separation of the
Azeotropic Mixture of Ethanol + Water

In this work, different salts are explored as potential entrainers for extractive distillation of
ethanol-water mixture. Calcium chloride (CaCl,), lithium bromide(LiBr) and zinc chloride (ZaCl,)
salts were explored as possible entrainers for breaking the minimum boiling azeotrope of ethanol and
water. Isobaric vapor-liquid equilibrium (VLE) data for the binary systems of water + ethanol and
ternary system of water + ethanol + calcium chloride, water + ethanol + lithium bromide and water +
ethanol + zinc chloride were measured at a constant pressure of 94.5 kPa. The effect of salts on the
relative volatility of ethanol to water as well as on the vapor phase mole fractions of ethanol were also
studied experimentally. From the experimental results, it was observed that with addition of salts, the
azeotropic point of the ethanol and water system can be eliminated. Salting out effects in case of
calcium chloride was more than that of lithium bromide and zinc chloride salts. The results obtained in
this work showed that calcium chloride could be a better choice for separation of the water + ethanol
azeotrope. Electrolyte nonrandom two-liquid (eNRTL) model was used to correlate the experimental

VLE data. The model prediction with the regressed parameters was found in well agreement with the
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experimental data. The experimental data obtained in this work was found thermodynamically

consistent using van Ness test.

Chapter 5. Isobaric VLE Measurements and Modeling of Binary Systems of
Methylcyclohexane with Toluene, Anisole, and NEP at 92 kPa.

Methylcyclohexane and toluene are the close-boiling components; anisole and n-ethyl-2-
pyrrolidone (NEP) were explored as separating agents for the extractive distillation of this mixture.
The influence of anisole and NEP on the VLE behaviour of the system was analyzed. The isobaric
vapor-liquid equilibrium (VLE) data for the binary systems of methylcyclohexane + toluene,
methylcyclohexane + anisole, methylcyclohexane + NEP, toluene + anisole, and toluene + NEP were
measured at 92.0 kPa. The NRTL, UNIQUAC, and Wilson thermodynamic activity coefficient models
were used in the regression of experimental data to obtain the binary interaction parameters. All three
models are able to predict the experimental VLE behaviour. The Van Ness and infinite dilution tests
confirmed the thermodynamic consistency of the experimental VVLE data. Since NEP and anisole both
exhibit shift in relative volatility and NEP shows larger shift as compared to anisole and thus it can be
effective extractive agent for separating methylcyclohexane and toluene systems. The results show that
the obtained binary interaction parameter can be used to simulate and optimize extractive distillation

configurations for separating the mixture of methylcyclohexane and toluene.

Conclusions:

e An approach for conceptual distillation design was developed, starting from the generation of
VLE data, thermodynamic modelling and its validation, sensitivity analysis of design
parameters, and techno-economic optimization.

e For the minimum boiling THF—water azeotropic system, the optimum design of ED and PSD
with and without HI was developed systematically using techno-economic optimization with
minimum TAC as an objective function.

e It was found that, extractive distillation using DMSO as an entrainer with heat integration
requires 5.2% less TAC than PSD with partial heat integration; hence, ED with DMSO as

solvent appears to be a better option economically.
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e Thermodynamic modelling was done and validated for the nitric acid/water/sulphuric acid
system using the eNRTL-RK model, which agreed with the experimental VLE data reported in
literature.

e Sulphuric acid was found to be a suitable solvent for dehydrating nitric acid, which leads to
nitric acid purity of up to 99.99 percent by mass using a triple-column extractive distillation
configuration.

e The isobaric VLE data for ethanol + water + calcium chloride, zinc chloride, and lithium
bromide were determined, and an eNRTL model was found suitable to correlate the
experimental data.

e It was found that, calcium chloride could be the better choice for separating ethanol and water
as it showed a more significant salting-out effect for ethanol.

e NEP (n-ethyl-2-pyrrolidone) and anisole were explored experimentally as novel entrainers for
the separation of methylcyclohexane and toluene, and NEP was found to be a suitable

entrainer.
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Chapter 1 Introduction

1.1 Introduction

The process of mixing liquids is a fascinating and significant economic activity that has shaped
our world in countless ways. It is commonly used to create new products or improve the quality of
existing ones, such as gasoline blending or mixing reactants in chemical reactors. When two miscible
liquids are combined, they mix spontaneously, though stirring and shaking can speed up the process.
However, separating the liquid mixture into its pure components is quite challenging and requires
external interference [1]. Various techniques, such as membrane separation, extraction, distillation,
and adsorption, can be used either individually or in combination to perform the separation [2].
Among these, distillation is the most preferred unit operation in the process industry for separating

liquid mixtures.

Distillation is a highly efficient process with several advantages, including high throughput, the ability
to handle a wide range of feed concentrations, and the production of high-purity products. It is a well-
established and mature technology with regards to design, operation, and control [3]. However, despite
being an old and mature technology in the chemical process industry, there are still some challenges
that need to be addressed, as mentioned below:

High energy consumption: Distillation columns are responsible for more than 90 % of the total energy

used in separations in chemical process industries worldwide. Hence, energy-efficient distillation

configurations are needed to reduce fuel consumption and operating costs.

Formation of an azeotrope: Azeotropes is a mixture of chemical components with the same
composition in the liquid and vapour phases and are in equilibrium. Since distillation relies on distinct
compositional differences between the liquid and vapour phases, the existence of this phenomenon

means that simple distillation procedures cannot be employed to complete separation.
1.2 Azeotropy

The formation of azeotrope was first reported by Dalton in 1802 [1]. Wade and Merriman
(1911) first introduced the term "azeotrope™ to assign mixtures having maximum or minimum boiling
points [3]. The word azeotrope is derived from the ancient Greek words meaning "no change on
boiling™ [1].
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Azeotrope is also known as a constant boiling mixture. This non-ideal azeotropic behaviour in
two different chemical components occurs due to either repulsion or attraction of molecular
interactions forces exist between them. The chemical industry often deals with many component types
that result in azeotropes. The manufacturing of tetrahydrofuran, tert-amyl methyl ether, vinyl acetate,
methy! acetate, isopropanol and several other products are typical examples.

Azeotropes do not form if the components have the same essential molecules and structural
makeup. In this case, the molecular interaction is very minimal. Propane, butane, pentane, and other
hydrocarbon mixtures are notable examples. Such mixtures frequently exhibit almost constant relative
volatilities and phase equilibrium behaviour close to ideal. The mixture that does not form azeotropes

is called a "zeotropic" mixture.

1.3 Types of Azeotrope

Azeotrope can be a minimum or maximum boiling point relative to the boiling points of the
pure components. Depending on the number of phases, they can also be categorized as homogeneous
or heterogeneous azeotropes. Azeotropes occur in various systems, such as binary, ternary and

multicomponent mixtures.
1.3.1 Minimum Boiling Azeotrope

In minimum boiling azeotropic systems, the presence of distinct functional groups leads to
repulsive forces between the components in the mixture. The intermolecular force between like
molecules (A-A and B-B) is more potent than unlike molecules (A-B), i.e. repulsion is more between
the unlike molecule. This repulsive force enhances the effective vapour pressures of the components at
a given temperature and can lead to a minimum boiling azeotrope. If the azeotrope boils at a
temperature lower than the boiling point of the pure components, it means a positive deviation from
Raoult’s law or ideality [1-3]. Alternatively, it is known as a positive azeotrope. Approximately 90 %
of all azeotropes fall under this category [2]. For example, the ethanol-water system has stronger
repulsion because the CH3-CH2 end of the ethanol molecule differs significantly from the OH end of
the water molecule. The system becomes more nonideal, and a minimum boiling azeotrope arises.

Figure 1.1 presents T-xy and the equilibrium diagram for the minimum boiling azeotropic system.
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1.3.2 Maximum Boiling Azeotrope

In some chemical mixtures, molecules attract each other instead of repulse. The attraction
between different (unlike) molecules (A-B) is more potent than the like molecule. These results in
maximum boiling azeotropes because the molecular attraction reduces the components’ effective
vapour pressures, which mean a negative deviation from Raoult’s law or ideality. Maximum boiling
azeotrope will boil at a higher temperature than the boiling point of pure components. Alternatively, it
is known as a negative azeotrope [2, 3]. Figure 1.1 presents T-xy and the equilibrium diagram for the

maximum boiling azeotrope.

Examples: Nitric acid-water, n-dimethyl acetamide-acetic acid, acetone-chloroform and formic acid-
water.

1.3.3 Homogeneous Azeotrope

If the mixture's constituent has an azeotrope completely miscible or only one liquid phase
exists is called a homogeneous azeotrope. Homogeneous azeotrope may be minimum boiling point

azeotrope or maximum boiling point azeotrope.

Examples: Ethanol-water, THF-water, acetone-methanol and IPA-water etc.

1.3.4 Heterogeneous Azeotrope

If more than one liquid phase is present, the azeotrope is heterogeneous. Consider the example
of n-butanol and water systems. The repulsion between the CH3-CH>-CH= end of n-butanol and the
OH end of the water is more. These form a heterogeneous minimum boiling azeotrope with two liquid
phases in equilibrium with a vapour phase [2]. Heterogeneous binary azeotropes can be separated
without the use of a separating agent. By exploiting the liquid-liquid phase separation, a decanter can

produce high-purity products by feeding the two resulting liquid phases to two separate columns.
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1.4 Different Methods for Separation of Azeotrope

Since there are different types of azeotrope occurring because of the variety of physical
properties of components so; there will be many design methods to achieve separation. The separation
methods of the azeotropic mixture are divided into categories depending on the addition of
differentiating agents, that is, with or without the addition of an entrainer. Multiple methods may be

used to separate homogeneous binary azeotropes of either minimum boiling or maximum boiling.

1.4.1 Using Membrane

If a semipermeable membrane is placed between the vapour and liquid phases, this alters the
vapour-liquid equilibrium (VLE) and allows the separation of the constituents in the mixture. This
method is known as pervaporation (PV), which comprises of the passage of feed components across a
membrane and, subsequently the evaporation at various rates downstream. At high throughput,
pervaporation is likely to be costly in terms of both investment and processing costs [5, 6].

1.4.2 Azeotropic Distillation

Adding a light entrainer into the system, so that other azeotropes can form which assist in
separation is one of the ways to separate mixtures containing an azeotrope. There are two key
characteristics of this supplementary azeotrope; first, the minimum temperatures of all ternary systems
should be azeotropic temperature for one additional azeotrope. Second, this azeotrope should be
heterogeneous so the separation can be done using simple decanter system. In heterogeneous
distillation, a third component called a light entrainer or solvent is added to form a minimum boiling
heterogeneous azeotrope, which splits into two liquid phases in the decanter, one liquid phase from the
feed to the first column and the other liquid phase from the recovery column. In order to produce a
high purity product at the bottom, the recovered entrainer shall be recycled into the first column, while
the lighter component and the entrainer shall be supplied into the second column. Some drawbacks
associated with this method such as distillation boundaries, a high degree of nonlinearity, multiple
steady states, etc. Furthermore, the entrainer must go through the top of the column resulting in

significant energy consumption.
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1.4.3 Pressure Swing Distillation

The content of the azeotrope varies remarkably with pressure in many mixtures (called
pressure-sensitive azeotropes), and the azeotrope may even be eliminated. This phenomenon may be
utilized to separate azeotropic mixtures using pressure swing distillation (PSD) without adding a
separating agent. A pressure-sensitive azeotrope in a binary mixture moves the distillation boundary,
allowing it to be adopted or, sometimes, eliminated at a different pressure. In this a double-column
system operating at different pressure is used to achieve the desired separation. For the minimum
boiling azeotropic system, the fresh binary mixture feed is mixed with a recycled distillate stream from
the second column operating at higher pressure to form the mixed feed stream to the first column
operating at lower pressure. The distillate streams, having compositions close to the azeotropic
composition at lower pressure, are fed to the second column. The distillate stream of the second
column operating at high pressure, containing nearly azeotropic composition at high pressure, is
recycled to the low-pressure column. The shift in azeotropic composition at different pressure will
help to separate the azeotropic binary mixtures. The pure products are withdrawn from the bottom
streams. Pressure swing distillation is applicable only when the azeotropic composition is sensitive to

pressure

1.4.3 Extractive Distillation

The binary mixture is put into the extractive distillation column (EDC) over one of the
intermediate stages of an extractive distillation system. A few levels above the binary feed mixture
stage, the heavier or higher boiling solvent is injected simultaneously. No more azeotrope is
introduced to the original mixture by the solvent addition. The extractive distillation column is divided
into three subsections due to the different locations where solvent and binary feed are fed, including a
rectifying section above the solvent feed stage, an extractive section between the binary feed stage and
the solvent feed stage, and a stripping section below the binary feed stage. The heavy solvent causes
the light component to rise upward in the column and is recovered as a distillate in practically pure
form. The bottom of the EDC is where intermediate boiling and heavy solvent are collected and then
transferred to the solvent recovery distillation column (SRDC) for further separation. Based on their

high relative volatility, medium boiling and heavy solvent may be separated simply in SRDC. The
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distillate is made up entirely of the light component, and the heavy solvent at the bottom of the column
is recycled to the EDC.

To achieve complete separation of azeotropic mixtures, various alternative ways are proposed
to achieve sharp separation, including extractive distillation, azeotropic distillation and pressure swing
distillation. Choosing a distillation method that leads to high product purity with minimum energy
consumption and total annual cost (TAC) is always preferred. In most cases, extractive distillation is
found to be a better option for the separation of the binary azeotropic mixture than pressure swing
distillation (PSD) [7,8] and azeotropic distillation (AD) [9-12] as it leads to less energy requirement
for the given separation. Azeotropic distillation has some disadvantages, such as the generation of two
liquid phases, formation of an additional ternary azeotrope, multiple steady states, and higher energy
requirement, which can be overcome by using the extractive distillation method [9, 10, 13]. PSD can
be used only for azeotropic systems where azeotropic compositions are pressure sensitive. In addition,
azeotrope composition sensitivity should be sufficient to reduce the recycle flows and the column
sizes. The extractive distillation technique is the most preferable over the other one due to its lower

energy requirement, flexibility in entrainer selection, simple operation and high-purity product [14].

1.5 Statement of the Problem

When the azeotropic condition occurs in a distillation column, there is no change in the liquid
and vapor compositions from tray to tray. This makes it hard to get a sharp separation of the feed
mixture using conventional distillation, as an azeotrope acts as a distillation boundary. Therefore,

more advanced distillation techniques are required to separate such mixtures.

Several separation methods can be used to obtain the necessary purity, but the most
appropriate method should be chosen depending on the entire system's economics. Extractive
distillation (ED) and pressure swing distillation (PSD) have been shown to be competitive methods for
separating azeotropic systems, and they require 30% to 40% less energy than azeotropic distillation

[2]. However, the ability of ED or PSD to separate azeotropic systems varies from system to system.

Various solvents have been reported in the literature for the extractive distillation of some
binary azeotropic systems. However, determining a best solvent in terms of operating and capital costs

with the desired product purity has proven difficult due to a lack of a common basis for comparison.

Ph.D. Thesis CSIR-NCL Pune Page 33



Also, the Aspen Plus simulator does not have a built-in binary interaction parameter for many
component pairs, leading to improper simulation and unreliable conceptual design of the process. In
this work, advanced energy-efficient distillation configurations were developed to separate difficult

binary azeotropic and systems that cannot be separated using simple distillation.

The focus of this project is to develop advanced and novel distillation configurations that are
both energy-efficient and effective in separating various binary azeotropic systems. These systems are
often challenging to separate using simple distillation methods, requiring more complex and
innovative approaches. Through our research, we aim to address this challenge by exploring a range of
distillation configurations and developing new solutions that can improve separation efficiency while
reducing energy consumption. By doing so, we hope to contribute to the development of more
sustainable and efficient separation processes across a range of industries. To optimize the conceptual
design of an advanced distillation system, consider essential VLE data, a thermodynamic activity
coefficient model, sensitivity analysis, and techno-economic optimization of design parameters. The
data helps determine optimal operating conditions, while a model accounts for non-ideal behavior.
Sensitivity analysis identifies critical parameters, and techno-economic optimization balances

separation performance and equipment cost.
The objectives of the project are:

e Evaluation of various possible novel entrainers for altering the azeotropic/close-boiling
behaviour of the systems through experimental VLE analysis

e Development of a thermodynamic model and its validation for new entrainer systems
using experimental VLE data.

e Conceptualization, optimization, and modelling of a pressure swing and enhanced
extractive distillation system for industrial applications

e Development of an energy-saving configuration by adopting heat integration

e Development of an optimization approach for the conceptual design of an advanced
distillation configuration, starting from VLE data, activity coefficient model, sensitivity

analysis, and techno-economic parameters.
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1.6 Structure of Thesis

Chapter 2 analyses extractive and pressure-swing distillation methods through steady-state
ASPEN Plus simulations to propose the most economical method for separating an equimolar mixture
of THF-Water. DMSO was identified as the most appropriate solvent for extractive distillation, and
various pressure ranges were explored for pressure swing distillation to achieve minimum TAC. The
optimum designs of extractive and pressure swing distillation with and without heat integration were

compared on a common basis of feed conditions and purity constraints.

Chapter 3 proposes an extractive distillation configuration using sulfuric acid as a solvent for
dehydrating maximum boiling nitric acid water system. Nitric acid / water / sulfuric acid binary and
ternary systems' vapour-liquid equilibrium was thermodynamically modelled utilizing the eNRTL-RK
(Electrolyte Non-Random Two Liquid-Redlich Kwong) thermodynamic property method in the Aspen
Plus process simulator. The model performance was validated by comparing the experimental data
with the data estimated by the eNRTL-RK model. The development of a triple-column extractive
distillation sequence, consisting of a pre-concentrating column, an extractive distillation column, and a
solvent recovery column, is then carried out. The configuration is designed, simulated and optimized
to concentrate dilute nitric acid using sulphuric acid as a solvent to break the nitric acid water
azeotrope. The operational and structural distillation configuration parameters are optimized to

reduce energy consumption and total annual cost (TAC) of the overall configuration.

In Chapter 4, calcium chloride (CaCl.), lithium bromide (LiBr) and zinc chloride (ZnCly) salts
were explored as possible entrainers for breaking the minimum boiling azeotrope of ethanol and water.
Isobaric vapor-liquid equilibrium (VLE) data for the binary systems of water + ethanol and ternary
system of water + ethanol + calcium chloride/lithium bromide and zinc chloride were measured at a
constant pressure of 94.5 kPa. The effect of salts on the relative volatility of ethanol to water as well as
on the vapor phase mole fractions of ethanol were also studied experimentally. Electrolyte nonrandom
two-liquid (eNRTL) model was used to correlate the experimental VLE data. The experimental data

obtained in this work was validated using Van Ness thermodynamic consistency test.

Chapter 5 analyzed the influence of anisole and NEP on the VLE behaviour of
methylcyclohexane and toluene low relative volatility system. The isobaric vapor-liquid equilibrium

(VLE) data for the binary systems of methylcyclohexane + toluene, methylcyclohexane + anisole,
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methylcyclohexane + NEP, toluene + anisole, and toluene + NEP were measured at 92.0 kPa. The

NRTL, UNIQUAC, and Wilson thermodynamic activity coefficient models were used in the

regression of experimental data to obtain the binary interaction parameters. The Van Ness and infinite

dilution tests were used to confirm the thermodynamic consistency of the experimental VLE data.
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Chapter 2 Comparative Analysis of Extractive and Pressure Swing Distillation for

Separation of THF-Water Separation

Abstract

In the present work, extractive and pressure-swing distillation methods are analyzed in detail
through steady-state ASPEN Plus simulations to propose the most economical method for separating
the equimolar mixture of THF-Water. Various solvents were evaluated, and DMSO was identified as
the most appropriate solvent, as it gave minimum total annual cost (TAC) for desired purity. In the
case of pressure swing distillation, various pressure ranges were explored to achieve minimum TAC.
Configurations for extractive and pressure swing distillation with heat integration were also worked
out. The optimum designs of extractive and pressure swing distillation with and without heat
integration were compared on a common basis of feed conditions and purity constraints. Results
indicate that the TAC of extractive distillation with heat integration is 5.2 % less than that of PSD with
partial heat integration.

2.1 Introduction

Tetrahydrofuran (THF) is an industrially useful organic solvent widely used in adhesives,
polymer, paint and pharmaceutical industries. THF (65.97 °C) forms a minimum boiling homogeneous
azeotrope with water (100 °C) at atmospheric pressure and 63.43 °C with the azeotropic composition
of 95.09 wt. % (82.87 mol %) of THF, as shown in Figures 2.1 (a) and (b). Thus, it is impossible to
separate the THF-water mixture by conventional distillation. Hence, various distillation techniques
must be considered for azeotropic mixture separation, such as pressure swing distillation (PSD) and
extractive distillation (ED). Each separation technique may have pros and cons for separating an
azeotropic system. It may be possible to achieve the separation with desired purity by using one or
more separation methods; however, the most appropriate separation method should be selected based

on operating cost and the economics of the overall system.
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Figure 2.1. (a) yx diagram (e) experimental data [20] (—) NRTL model data (b) Txy diagram for THF-
water system at 1 atm pressure (m) Tx data (e)Ty experimental data [20] (—) NRTL model data using

Aspen Plus

Several authors have performed comparative studies of pressure swing and extractive
distillation for various minimum and maximum azeotropic systems. W. L. Luyben [1, 2] studied the
separation of minimum boiling acetone-methanol system and maximum boiling acetone-chloroform
systems through steady-state simulations. He found that extractive distillation was more suitable than
pressure swing distillation in terms of capital cost and energy consumption for both this cases. Similar
studies were carried out for the separation of equimolar di-n-propyl ether and n-propyl alcohol system
[3], isopropyl alcohol and diisopropyl ether [4] and methanol and chloroform [5] by pressure swing
distillation and extractive distillation. All these studies found pressure swing distillation more
economical than extractive distillation in terms of the total annual cost of the complete system for the
respective azeotropic system. The various other reported studies [6-8] indicate that extractive and
pressure swing distillation performance for separation of the azeotropic system varies from system to
system. Hence, both are competitive for separating azeotropic systems for which azeotropic
compositions are pressure-sensitive.

In this chapter, the extractive and pressure swing distillation methods are compared for
separating THF from water. So far, no published data directly compares these two techniques for THF-
water separation. The extractive distillation system considered here comprised of extractive distillation
column (EDC) and solvent recovery distillation column (SRDC). Pressure swing distillation system
comprised of two column configurations operating at different pressures. Four different solvents were

evaluated for extractive distillation to develop the most optimum configuration.

In contrast, six different pressure ranges were analyzed for pressure swing distillation to arrive
at the best pressure range. Configurations with partial and full heat integration were also analyzed for
extractive and pressure swing distillation. Minimum total annual cost (TAC) was taken as the

decision-making criterion for both analyses.

2.2 THF-Water Separation Using Extractive Distillation

In an extractive distillation system, the binary mixture is fed at one of the intermediate stages

of the extractive distillation column (EDC). At the same time, the heavy or higher boiling solvent is
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added at a few stages above the binary feed mixture stage. The addition of solvent does not introduce
any additional azeotrope with the original mixture. Due to the different feed locations of solvent and
binary feed, the extractive distillation column is divided into three subsections, as shown in Figure 2.2,
which are rectifying section above the solvent feed stage, the extractive section in between the binary
feed stage and the solvent feed stage; and stripping section, below the binary feed stage. Heavy solvent
alters the relative volatility of the binary mixture and causes THF to move upward in the column and
is recovered as a distillate in almost pure form. In contrast, water and heavy solvent are collected from
the bottom of the EDC, which is sent to the solvent recovery distillation column (SRDC) for further

separation.

In SRDC, simple binary separation of water and the heavy solvent is achieved based on the
high relative volatility between them. Pure water is recovered as the distillate, and the heavy solvent
from the bottom of the column is then recycled to the EDC. Usually, a cooler is placed in the recycled
loop between the two columns to reduce the solvent feed temperature. A small amount of solvent is
lost along with the water stream, balanced by adding the pure solvent through the solvent makeup

stream.
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Figure 2.2. Extractive distillation flow diagram

An extractive distillation's separation performance depends on the solvent's influence on the
VLE of the binary mixture to be separated. Several authors proposed various solvents for separating
the THF-water mixture based on their simulation or experimental analysis. Xu and Wang [9, 10] used
the 1,2- propanediol to separate THF-water. Using rigorous simulation in the HYSYS simulator and
experimental analysis of batch extractive distillation system, they found that 1,2- propanediol was a
suitable solvent for this separation. Gomez and Gil [11] simulated the dehydration of THF through
extractive distillation by taking 100 kmol/h of azeotropic feed as a basis. Authors claimed purity of
99.95 mole % of THF could be achieved with glycerol as a solvent compared to the other two solvents
considered 1,2-propanediol and 1,4-butanediol. Fan et al. [12], in their simulation work, used ethylene
glycol as an entrainer for the separation of 90 wt % THF and 10 wt % water with a feed rate of 3000
kg/h. They reported a purity of 99.9 wt % THF from the distillate of the EDC.

Zhang et al. [13] developed vapour liquid equilibrium (VLE) data for THF + water + solvent
ternary system at atmospheric pressure with 1,2-propanediol and DMSO as solvents. They found that
DMSO is a more capable solvent for breaking THF-water azeotrope than 1,2-propanediol as the less
amount of DMSO needed to achieve the separation. Deorukhkar et al. [14] performed experiments on
pilot distillation setup in batch, semi-batch and continuous modes with DMSO and 1, 2-propanediol as

solvents. They proposed the DMSO as a better solvent than 1, 2-propanediol.

It was found from the literature that several solvents were reported for the dehydration of THF
based on models and tests. Due to the lack of a standard comparison method, it is challenging to
determine which system is optimum for a whole extractive distillation system, including the solvent
recovery column, in terms of operational and capital expenses. Hence, this section identified the most
suitable solvent for separating THF-water by taking a basis of equimolar feed and a target purity of
99.99 mole % for THF and water. Both capital and operating costs were estimated and presented in the

form of TAC of the complete extractive distillation system with various reported solvents.

2.2.1 Basis of Economical Analysis

All economic calculations to determine TAC were performed according to the equations listed
in Table 2.1, taken from Luyben and Chien [15]. Total annual cost (TAC) is the addition of total
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annual operating cost and total capital cost divided by the payback period. In calculating the capital
cost, only the cost of major pieces of equipment in the distillation system like column shell, reboiler
and condenser was considered, and the cost of reflux drums, pump and valves was neglected as it
would be very negligible as compared to the cost of column and heat exchangers. The “Tray Sizing”
functions with the sieve tray in the Aspen Plus simulator was used to determine the diameter of the
columns. The height of the column was assumed to be 20 % more than the required height for the
trays, and a typical distance of 0.61 m between the trays was considered. As per ASPEN Plus
distillation model (RADFRAC) notation, the first stage is considered a condenser, while the last stage

is a reboiler.
2.2.2 Simulation Analysis of Extractive Distillation System

In this section, the extractive distillation column and solvent recovery column were simulated
simultaneously for the separation of the THF-water mixture with four solvents, DMSO, 1,2-
propanediol (1,2-PDO), glycerol and ethylene glycol to achieve required purity. These simulation
results will form a basis for direct comparison among various solvents to determine the best minimum
TAC. The equimolar feed composition of THF and water (50 mole % of THF and 50 mole % of water)
with a flow rate of 100 kmol/h was taken as the basis for the simulation. The product purity
specification of both the components was set to be at 99.99 mole % of THF and 99.99 mole % of
water in the distillate of the EDC and SRDC, respectively.

Table 2.1. Basis of economics and equipment sizing

Column Diameter (D): Aspen tray sizing

Height (H) of a distillation column,

H=1.2 x 0.61 x (Ns - 2) (D and H are in meters)
Column shell cost ($) = 17640 x (D) 1066 x (H) 9802

Condenser:

Area (m?), Ac = —%
UcXATIm

Heat transfer coefficient (Uc) = 0.852 KW/m2K
Capital cost ($) = 7296 (Ac)

Reboiler:
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2 —_
Area (m )’ Ar = UrxATIm

Heat transfer coefficient (Ur) = 0.568 kW/m?K
Capital cost ($) = 7296 (A/) °®°
Cooler:

1
Area (m?), Acooler = — 220
UcoolerxATIm

Heat transfer coefficient (U cooler) = 0.852 KW/m?K
Capital cost ($) = 7296 (A cooler) °°

Energy costs:

LP steam (433 K) = $7.72 per GJ

MP steam (457 K) = $8.22 per GJ

HP steam (537 K) = $9.88 per GJ

Capital cost
TAC

= E
Payback period  Energy cost

Payback period = 3 years

The activity coefficient model NRTL was used to consider the non-ideality of the liquid phase
and ideal vapour phase behaviour was assumed. The NRTL built-in binary interaction parameters
available in the Aspen data bank were used for the simulation. In contrast, for the component pairs
THF-glycerol and THF-1,2-propanediol, for which no ASPEN built-in interaction parameters were
available, the parameters were estimated through the UNIFAC group contribution method and are

given in Table 2.2.

Table 2.2. Binary interaction parameter estimated by UNIFAC

Component i THF THF
Component | Glycerol 1, 2-Propanediol
Aij 0 0
Aji 0 0
Bij 1298.88 819.92
Bji 75.5122 -41.7627
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Cij 0.3 0.3

This chapter extensively explains a simulation study of extractive distillation using DMSO as
the solvent to explain the simulation technique. While deciding the operating pressure of the columns,
it was ensured that cooling water could be used as a utility with an outlet temperature of 305 K.
Operating EDC at higher pressure would lead to an increase in reboiler temperature and hence, the
operating cost, as high-pressure steam will be required as a utility in the reboiler. According to Luyben
[16], commonly used heuristics for distillation column pressure selection do not always give an
optimum column pressure for the separation under consideration. Hence, the TAC of the extractive
distillation column at various operating pressures was estimated to find out a suitable EDC pressure
with a constraint of having the difference between cooling water return temperature and reflux drum
temperature to be at least 20 K (ATim > 20 K). The pressure was varied from 2 atm and was restricted
to 0.65 atm as below 0.65 atm pressure ATim goes below 20 K. The designs were obtained through
detailed sensitivity analysis of various operating parameters with a fixed number of stages, and the

results are given in Table 2.3.

According to the findings in table 2.3, greater operating pressures are associated with a
considerable rise in the column's TAC. Capital cost increases for below atmospheric column pressures
as vacuum distillation operation demands bigger column diameters and condensers. However, it
decreases the operating cost as, at reduced pressures, relative volatility improves, which leads to
smaller reflux ratios and reboiler duties. In the present system, a similar effect was observed for EDC
at reduced pressures, but no significant reduction in TAC was observed. Also, an additional capital
and operating cost for the vacuum pump will further reduce the TAC advantage of reduced column
pressure operation. Hence, in this case, it was decided to go ahead with atmospheric pressure for the
EDC.

It was proposed to operate the solvent recovery column under vacuum to reduce the reboiler
temperature and, subsequently, the required utility steam pressure. If the operating pressure is lower
than 0.15 atm, the condenser would need chilled water as a cooling utility, consequently increasing the
operating cost. Hence, SRDC was proposed to be operated at 0.15 atm since cooling water can be used

as a cooling utility in the condenser of the column.
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Table 2.3. Comparison of designs of EDC at various operating pressures

EDC Operating Pressure

Parameters 2 atm 1.5atm 1atm 0.9atm 0.8atm 0.7atm  0.65atm
Nt 21 21 21 21 21 21 21

D (m) 0.84 0.63 0.66 0.67 0.68 0.69 0.70

H (m) 13.90 13.90  13.90 13.90 13.90 13.90 13.90
RR 1.71 0.44 0.38 0.36 0.34 0.32 0.31
E/F 0.55 0.35 0.25 0.25 0.25 0.25 0.25
Qr (kW) 1491.6  853.7 750.3 731.1 711.7 691.4 680.80
Ar (M?) 85.88  58.83  30.28 2756  25.02 22.61 21.44
Qc (kW) 1071.5 581.9 573.4 568.1 563.7 559.8 558.07
Ac (m?) 22.00 14.48 19.73 21.57 24.14 27.92 30.56
Total capital (10°$) 0.3079 0.2336  0.2107 0.2112 0.2133  0.2175 0.2209
Total operating (108$/yr) 0.3531  0.1913 0.1681  0.1638 0.1595 0.1549  0.1525
TAC (108 $/yr) 0.4558 0.2691 0.2384 0.2342 0.2306 0.2274 0.2262

The various design variables in the extractive distillation system which need to be determined for

optimum performance are listed below.

Solvent to feed ratio (E/F)

Total number of stages of EDC (N11) and SRDC (Nt2)
Binary mixture feed stage (Ner) for EDC

Solvent feed stage location (Ngr)

Temperature of solvent feed (Ter)
Molar reflux ratio of EDC (RR1) and SRDC (RR2)
Feed stage location of SRDC (Ng).

All these design variables were optimized to achieve the specified purity with minimum TAC.

Sensitivity analysis was used to investigate the effect of all these parameters on the columns' product
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purities and heat duties. It is possible to achieve the desired purity with some minimum reflux ratio
value, below which purity drops and above which purity does not improve significantly but increases
the reboiler duty unnecessarily. Thus, for a distillation column, there will be multiple values of molar
reflux ratio for which desired purity can be achieved. However, there will be a unique value of molar
reflux ratio for which purity is matched, and the reboiler duty is minimum. Hence, the present analysis
considers the molar reflux ratio the design variable. For each combination of total stage number and
feed stage locations, the molar reflux ratio value for which purity constraint is matched with minimum
reboiler duty was worked out. In the present simulation analysis, the molar reflux ratio was estimated
through the Design Spec feature of the ASPEN simulator for both columns. The temperature of solvent
feed (Ter) was found to significantly affect the distillate purity and the reboiler duty of EDC for
different reflux ratios. From the sensitivity analysis results, the solvent feed temperature (Ter) was
fixed at 60 °C, which is in good agreement with the suggestion of Knight and Doherty [17] for solvent
feed temperature.

The EDC's most essential design variables are solvent-to-feed ratio (E/F) and molar reflux ratio
(RR), directly affecting product purity and energy consumption. The effect of solvent-to-feed molar
ratio (E/F) and reflux ratio (RR1) on the distillate THF mole composition (Xp) of EDC with Nty= 21
can be seen from the sensitivity analysis results shown in Figure 2.3. It was observed that at higher
reflux ratios (RRy) and solvent to feed ratios (E/F), the mole fractions of THF in the distillate are
higher because, at higher values of solvent to feed ratio, the dilution of the solvent caused by the reflux
is less which helps to increase the distillate purity. At a fixed value of molar reflux ratio (say
RR1=0.4), solvent to feed molar ratio (E/F) of 0.25 or higher was required to achieve the desired purity
of THF, which is almost constant beyond this value, as shown in Figure 2.3. The reboiler duty (Qr)
increases significantly with the solvent to feed molar ratio (E/F) value. Thus, an optimal E/F value

could be 0.25 because at this value desired purity of THF is achieved with minimum reboiler duty.
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Figure 2.3. Effect of E/F and reflux ratio on the distillate stream THF composition (Xp)

Adding trays in the distillation column improves the separation capacity of the column.
However, it also increases the capital cost, so finding an optimum number of stages in EDC and SRDC
is crucial. The preliminary value of Nt1 and Nrr was fixed by the sensitivity analysis of the various
parameters to achieve the specified product purity with minimum energy consumption. The effect of
the varying total number of stages (Nt) on distillate purity (Xp) for each solvent case is shown in
Figures 2.4 (a) to 2.7 (a). It was seen that, at Nt = 21, the desired product purity (Xp = 0.9999) was
obtained. Beyond this, the composition of distillate does not change significantly concerning the Nt
for the DMSO, ethylene glycol and glycerol as solvents. In the case of the 1, 2-propanidiol as a

solvent, a similar effect was observed at Nt = 22.

Effect binary feed stage (Nrr) on Xp, Qr and Qc is shown in Figure 2.4 (b) to 2.7 (b) for each
solvent case, and it can be observed that the desired product purity was achieved when the binary
mixture is fed at stage Nrr = 17 with minimum energy consumption. Table 2.4 shows the economic
optimization results for EDC having DMSO as a solvent. Similarly, optimum Nt1 and Ngr values for

each solvent case were obtained.
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The solvent feed stage number (Ner) was optimized to achieve the desired purity with
minimum energy consumption. The effect of the total number of stages (Nt) and solvent feed stage
(Ner) on the distillate composition (Xp) was plotted by using sensitivity analysis of EDC and is shown
in Figure 2.8. From this plot, it was observed that at Ner = 5, the maximum purity in the distillate was

achieved concerning the different Nr.

The details of economic optimization results for the DMSO solvent are summarized in Table
2.4. The first total number of EDC (N1) stages was varied to find optimum stages by keeping the
SRDC (Nr2) stages constant. In each case, the optimum binary mixture feed stage (Nrr), solvent feed
stage (Ner), solvent to feed ratio and molar reflux ratio were obtained by minimizing the TAC of the
system. Table 2.4 shows that, for simulation case 2, minimum TAC was obtained with 21 total stages
and a solvent flow rate of 25 kmol/hr (E/F = 0.25). For the SRDC, optimum stages were found by
varying its stages and keeping the number of stages in the EDC constant at optimum value 21 to obtain
minimum TAC. It can be observed from Table 2.5 for case 7, having a total number of stages 14 with
the feed stage location (Nr2) at 6 and a molar reflux ratio of 0.1, giving the minimum TAC. The
steady-state design flowsheet with optimal operating conditions, reboiler and condenser duties, detail

stream information and column diameter is given in Figure 2.9 (a).
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Table 2.4. Economic optimization results for EDC

Parameter Case 1 Case 2 Case 3 Case 4 Case 5

NT1 19 21 23 25 27

N2 14 14 14 14 14

E/F (optimum) 0.25 0.25 0.25 0.2 0.2

Ner (optimum) 16 17 19 21 23

NEer (optimum) 5 5 5 5 5

D (m) 0.70 0.66 0.66 0.66 0.66

RR: (optimum) 0.56 0.38 0.38 0.40 0.40

Qr1 (kW) 821.4 750.5 746.8 744.9 744.6

Qci (kW) 644.5 573.7 570.0 581.5 581.2

Qcooter (KW) 70 70 70 56 56

Total capital (10° $) 0.4786 0.4729 0.4799 0.4849 0.4924

Total operating (10°$) 0.3277 0.3118 0.3110 0.3104 0.3104

TAC (10°$ /yr) 0.4872 0.4695 0.4710 0.4721 0.4745
Table 2.5. Economic optimization results for SRDC

Parameter Case 6 Case 7 Case 8 Case 9

N2 12 14 16 18

NT1 21 21 21 21

RR2 (optimum) 0.13 0.1 0.08 0.08

E/F (optimum) 0.25 0.25 0.25 0.25

Nr2 (optimum) 5 6 7 7

D2 (m) 1.05 1.04 1.03 1.03

Qr2 (kW) 659.0 641.2 629.3 629.4

Qc2 (kW) 671.5 653.7 641.8 641.8

Total capital (10°$) 0.4628 0.4729 0.4837 0.4969

Total operating (10°$) 0.3161 0.3118 0.3092 0.3091

TAC (10°$ /yr) 0.4703 0.4695 0.4704 0.4748
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Table 2.6. Optimized design parameters with TAC of THF-Water extractive distillation system for

various solvents

Parameter

Nt

RR

E/F

Nrr

D (m)

H (m)

Qr (kW)

Ar (M?)

Qc (kW)

Ac (m?)

Qcooler (kVV)
Acooler (M?)
Capital (10°$)
Operating (10° $/yr)
TAC (10°$ /yr)

DMSO Ethylene Glycol Glycerol 1,2-PDO
EDC SRDC EDC SRDC EDC SRDC EDC SRDC
21 14 21 12 21 8 22 12
0.38 0.1 0.34 0.08 0.20 0.05 0.60 0.11

0.25 - 05 - 0.25 - 0.6 -
17 6 17 7 17 4 17 7
0.66 1.04 0.65 0.91 0.61 0.96 0.73 0.97
13.92 8.78 13.90 7.32 13.89 4.39 14.63 7.32
750.5 641.2 846.2 628.9 757.3 719.4 10428 637.7
30.29 36.18 37.54 26.90 29.45 44 .41 47.90 45.00
573.7 6537 5533 641.8 4969 6240 663.3 659.6
19.73 34.64 19.04 34.00 17.10 33.06 22.82 34.95
70.0 185.5 261.3 263.1
1.48 3.61 3.58 5.35
0.4729 0.4481 0.4271 0.5210
0.3118 0.3385 0.3744 0.3765
0.4695 0.4878 0.5167 0.5502
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Figure 2.9. The optimal design flowsheet of the extractive distillation system with DMSO as a solvent

Ph.D. Thesis CSIR-NCL Pune

50.0017 kmol/h
THF= 9.99 e-05

—>Water= 0.9999

DMSO=1 e-05
54°C

24.9983 kmol'h
THF=1.20 e-20
Water= 1.62 e-05
DMSO=0.9999
128.65 °C



C
s
w o o o
h S L S
—

Temperature (°C)

]
(=)
T

Stage

(a) DMSO as a solvent

Temperature (°C)
o
(=)

—
[

1 2 3 4 5 6 7 8 9 10 11 12 13 14

1 2 3 4 5 6 7
Stage

(c) Glycerol as a solvent

— — — — — —
(=] — [ ] (V3] o Ln
[=] [=] o o (=) (=]

Temperature (°C)

el
(=
T

701

60

SO 1 1 1 1 1 1 1 1 1 1 ]
1 2 3 4 5 6 7 8 9 10 11 12
Stage

(b) Ethylene glycol as a solvent

150

140

Temperature (°C)

Stage

(d) 1, 2-propanediol as a solvent

Figure 2.10. SRDC temperature profile

Ph.D. Thesis CSIR-NCL Pune

Page 56



1.0%

=&~ Liquid mole fraction THF
- Liquid mole fraction WATER

0.9r
== Liquid mole fraction DMSO

0.8

Mole fraction
o o o o o
Y . N o -1
' . .

=
[

0.1r

1 6 11 16 21

Stage

Figure 2.11 The composition profiles of the extractive distillation column with DMSO as a

solvent

The complete simulation of extractive distillation systems with Ethylene glycol, Glycerol
and 1, 2- propanediol (1, 2-PDO) as a solvent to achieve desired purity with minimum TAC was
performed in a similar manner as explained above for the THF-water-DMSO system. The
temperature profile of SRDC in each solvent case is shown in Figure 2.10. The composition
profile of the ED column can be seen in Figure 2.11. The solvent is fed into stage 5 while the
binary feed is introduced on stage 17. The main objective of extractive distillation is to remove
water from the rectifying section, and it appears that this goal has been achieved. The binary feed
condition, operating pressures of both columns and required purity specifications of both product
streams were kept the same for direct comparison purposes. The optimized operating conditions,
reboiler and condenser duties, the diameter of the columns and TAC of the complete extractive
distillation system for the respective solvent are summarized in Table 2.6. These results show

that the total operating cost and TAC required for the THF-water-DMSO system are less than all
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other solvent systems. So, it is concluded that DMSO is the best solvent among all considered
solvents for separating equimolar THF-water mixture by extractive distillation in terms of energy
consumption and TAC.

2.2.3 Heat Integration for Extractive Distillation

Heat integration in the extractive distillation can be achieved by utilizing the heat from
the bottom stream of the solvent recovery column in a heat exchanger to preheat the feed
solution. The bottom stream of SRDC contains almost pure high boiling solvent, which is
recycled to the EDC. Preheating the feed solution will reduce the reboiler duty of EDC and
hence, the TAC.

The total number of stages (N1) and purity specifications of the product stream were the
same for the system without thermal integration. The other parameters were optimized similarly
in the previous case to obtain the optimal design of extractive distillation with heat integration.
By utilizing the heat from the bottom stream in the SRDC, the temperature of the feed increases
up to 53.52 °C, which leads to a reduction in the reboiler duty of the extractive distillation
column from 750.53 kW to 683.89 kW. The flowsheet with heat integration is shown in Figure
2.9. (b). Table 2.7 shows a 3.44 % reduction in TAC and a 4.80 % reduction in operating cost in
extractive distillation with thermal integration compared to the design without thermal heat

integration.
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Table 2.7 Economic analysis results for THF-water ED with and without heat integration

ED without HI ED with HI

Parameter

C1 C2 C1 C2
NT 21 14 21 14
D (m) 0.66 1.03 0.66 1.03
H (m) 13.90 8.78 13.90 8.78
Qr (kW) 750.53 641.23 683.69 641.23
Ar (M?) 30.29 36.18 27.59 36.18
Qc (kw) 573.67 653.66 577.02 653.66
Ac (m?) 19.73 34.64 19.85 34.64
Que (kW) 70.02 70.02
Ang(m?) 1.48 1.67
Capital (10°$) 0.2202 0.2527 0.2175 0.2527
Operating (10° /y) 0.1682 0.1437 0.1532 0.1437
TAC (10°$ /y) 0.2416 0.2279 0.2257 0.2279
Capital (10° $) 0.4729 0.4702
Operating (10%%$/y) 0.3118 0.2969
TAC (10° $ 1y) 0.4695 0.4536

2.3 Pressure Swing Distillation (PSD)

In pressure swing distillation, two columns are operated at different pressures, as shown
in Figure 2.11. For the minimum boiling azeotropic system, the fresh binary mixture feed is
mixed with a recycled distillate stream (D2) from the second column operating at higher pressure
(P2) to form the mixed feed stream to the first column operating at lower pressure (P1). The
distillate streams (D1), having compositions close to the azeotropic composition at pressure Py, is
fed to the second column. The distillate stream of the second column (D2), containing nearly
azeotropic composition at pressure P2, is recycled back to the low-pressure column (LPC). The
shift in azeotropic composition at different pressure will help to separate the azeotropic binary

mixtures. The pure products are withdrawn from the bottom streams B1 and Ba.
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Figure 2.12. Pressure swing distillation flow diagram

Abu-Eishah and Luyben [18] explored the partial heat integration of PSD for the THF-
water system through simulations by taking the azeotropic feed composition and pressure P; =1
atm and P> = 7.8 atm. Luyben [19] extended the work of Abu-Eishah and Luyben [18] to a fully
heat-integrated configuration that minimizes energy consumption. In both design cases, the
authors did not consider the TAC of the overall pressure swing distillation system. There is no
sufficient literature data on the optimum design of PSD design based on TAC. Hence, in this
section, the complete optimized design of PSD for separating the equimolar THF-water mixture

is worked out.

2.3.1 Simulation Analysis of Pressure Swing Distillation System

The steady-state Aspen Plus simulator with the RadFrac model and NRTL property
package with built-in binary interaction parameter was used to simulate the PSD system. The
PSD analysis used the same feed circumstances and product purity restrictions as those used for
the extractive distillation system in the preceding section. The distillate composition of LPC is
the azeotropic composition at low pressure, while the distillate composition of HPC is the
azeotropic composition at high pressure. Recycle flow rates were estimated by the system's total

material and component balance.
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2.3.2 Selection of Pressure and Nt for Columns

The effect of pressure on the azeotropic point and the boiling point of both components
estimated using ASPEN simulations are given in Table 2.8. It can be observed that the azeotropic
composition of the THF-water system shifts significantly with the moderate change in pressure.
More significant shifts in the azeotropic composition with pressure will reduce the recycle flow
rate and hence, the reboiler duties of the columns. So, a higher pressure will be preferred in HPC,
but it would lead to a high utility temperature requirement for the reboiler. The operating
pressure of LPC was set at atmospheric pressure. LPC did not prefer the vacuum which would
demand expensive chilled utility for the condenser operation. Atmospheric pressure operation
allows LPC to use cooling water with a temperature of around 305 K as a utility in the

condenser.

The pressure of the HPC was chosen by optimizing the flowsheet at two levels. In the
first level, for the assumed HPC pressure, the number of stages was optimized such that TAC for
the overall separation system obtained was the minimum. In the second level, the TAC of the
overall system for various operating pressure for the HPC were compared, and the pressure with
minimum TAC was taken as the optimum pressure for the HPC. The economic optimization
result for HPC operating at 5 atm is summarized in Tables 2.9 and 2.10. First, the number of
LPC (NT1) stages varied from 12 to 15 while keeping the stages in the HPC (Nt2) the same. Then
the number of HPC (N) stages varied from 14 to 17 while keeping N1 the same to determine
the minimum TAC. The Design Spec function was used to fix the optimum reflux ratio to
achieve the specified purity of the product streams. Sensitivity analysis results obtained the feed
location of both columns to minimize the heat duties of the columns. The results indicate that
LPC having Nt = 13 with a feed stage at 10 and HPC having Nt = 16 with a feed stage at 7 gives

minimum TAC for the complete pressure swing distillation system.
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Table 2.8. Estimated effect of pressure on azeotropic composition for THF-water system using
ASPEN simulations

Pressure Boiling point of  Boiling point  Boiling temperature Azeotrope (mole
(atm) water (°C) of THF (°C)  of azeotrope (°C) fraction of THF)
0.1 46.06 8.9 8.74 0.9551
0.5 81.67 46.09 44.74 0.8732
0.8 93.88 59.26 57.17 0.8437
1 100.02 65.97 63.43 0.8287
2 120.69 89.03 84.54 0.7775
3 134.05 104.32 98.20 0.7442
4 144.16 116.11 108.54 0.7190
5 152.41 125.86 116.98 0.6986
6 159.43 134.25 124.14 0.6814
7 165.57 141.65 130.41 0.6666
8 171.05 148.31 135.99 0.6535
9 176.01 154.38 141.04 0.6418
10 180.55 159.97 145.67 0.6312
11 184.75 165.16 149.93 0.6215

With fixed pressure of 1 atm and a number of stages of 13 in LPC, the optimum pressure
of HPC was fixed in such a way that the TAC of the overall system will be the minimum. HPC at
various pressures was simulated, similar to that for 5 atm pressure, and the results are
summarized in Table 2.11, which includes heat duties, sizing, operating cost, capital cost and
TAC of both columns for various HPC pressures. The results show that the minimum total
operating cost and TAC has obtained at HPC pressure 10 atm. Further, an increase in HPC
pressure above 10 atm would require expensive high-pressure steam, which will increase the
operating cost and, consequently, the TAC of the system. The optimal steady-state design
flowsheet of the pressure swing distillation system with HPC at 10 atm pressure is shown in
Figure 2.13 (a).
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Table 2.9. THF-water PSD economic optimization results for Nt1 (LPC at 1 atm and HPC at 5

atm)

Parameters Case 1 Case 2 Case 3 Case 4
NT1 12 13 14 15

N2 16 16 16 16

NFr1 (optimal) 9 10 11 12
RR1 (optimal) 0.22 0.21 0.21 0.20
D1 (m) 0.96 0.95 0.95 0.95
Qr1 (KW) 1411.3 1401.3 1394.0 1388.5
Qc1 (kW) 1437.8 1427.7 1420.5 1415.0
Total capital cost (10° $) 0.4880 0.4934 0.4990 0.5047
Total operating cost (10° $) 0.5800 0.5778 0.5761 0.5749
TAC (10° $ /yr) 0.7427 0.7423 0.7425 0.7431

Table 2.10. THF-water PSD economic optimization results for Nt2 (LPC at 1 atm and HPC at 5

atm)
Parameters Case 5 Case 6 Case 7 Case 8
NT1 13 13 13 13
N2 14 15 16 17
NFr2 (optimal) 6 6 7 8
RR2 (optimal) 0.30 0.28 0.27 0.26
D2 (m) 0.77 0.77 0.77 0.76
Qr2 (kW) 1199.2 1186.4 1177.4 1172.8
Qc2 (kW) 901.2 888.4 879.4 874.8
Total capital cost (10° $) 0.4857 0.4892 0.4934 0.4973
Total operating cost (10° $) 0.5827 0.5798 0.5778 0.5768
TAC (10° $ /yr) 0.7446 0.7429 0.7423 0.7425
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Table 2.11. THF-water PSD optimization results with various operating pressure of HPC.

Parameters

Pressure (atm)

Nt

NFr (optimal)

RR (optimal)

D (m)

H (m)

Qr (kW)

Ar (M?)

Qc (kW)

Ac (m?)

Total capital (10° $)
Total operating(10°$)
TAC (10°$ /y)

Case 1 Case 2 Case 3 Case 4 Case 5 Case 6
C1 C C1 C C1 Cz C1 Cz C1 Cz Ci C2
1 3 1 5) 1 8 1 9 1 10 1 11
13 16 13 16 13 16 13 16 13 16 13 16
11 9 10 7 11 8 10 8 10 8 11 8
0.20 0.35 0.21 0.27 0.21 0.29 0.22 0.29 0.22 0.29 0.22 0.31
112 104 09 077 08 066 08 064 083 063 082 063
8.05 1023 805 1025 805 1025 805 1025 805 1025 8.05 10.25
1995 1888 1401 1177 1151 966 1108 935 1074 912 1048 899
56.54 59.83 3950 6095 3246 4783 31.30 55.78 30.38 67.14 2966 17.71
2039 1622 1428 879 1171 619 1128 573 1093 536 1065 513
75.77 28,69 53.07 1212 4353 698 4191 6.15 4063 552 3959 512
0.6173 0.4934 0.4240 0.4242 0.4300 0.3599
0.8699 0.5778 0.4865 0.4695 0.4565 0.4907
1.0757 0.7423 0.6279 0.6109 0.5999 0.6107
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2.3.3 Heat Integration of Pressure Swing Distillation

In pressure swing distillation, energy consumption can be further reduced by heat
integration of both columns. From Figure 2.13 (a) for the PSD of the THF/water mixture, it can
be observed that the condenser duty of HPC is 535.5 kW with a top vapour temperature of 418.8
K. The reboiler duty of LPC is 1074.3 kW with a bottom boiling liquid temperature of 370.7 K,
which indicates that heat integration is possible for this system as the temperature difference
between the top vapour of HPC and boiling liquid of LPC is almost 48.1 K, which is suitable for
the heat integration.

The design of a heat integration system can be done in two modes such as partial heat
integration and full heat integration. For designing both options of heat integration for PSD, the
total number of stages and product purity of both columns were kept the same as that obtained
for the PSD without heat integration in section 3.2. All other parameters were optimized

accordingly.

2.3.3.1 Partial Heat Integration

In the Partial heat integration system, the condenser duty (Qc2) of the HPC and reboiler
duty (Qr1) of the LPC are not equal. Therefore, an auxiliary reboiler (AR) is provided to
compensate for the LPC's heat requirement. In PSD configuration, given in Fig 2.13 (a), the
condenser duty of the HPC is not equal to the reboiler duty of the LPC; hence the auxiliary
reboiler of duty Qar = 538.74 kW will be required to meet the heat requirement of the LPC. The

complete design flowsheet PSD with partial heat integration is given in Figure 2.13 (b).

2.3.3.2 Full Heat Integration

In full heat integration, the condenser duty (Qcz) of the HPC is set exactly equal to the
reboiler duty (QR1) of the LPC, and thus auxiliary reboiler is not required. The complete design
flowsheet for PSD with full heat integration is given in Figure 2.13 (c). By adjusting the reflux
ratio (RR2) of the HPC, the Design Spec feature in Aspen Plus was utilized to set both duties to

equal amounts. LPC's reflux ratio (RR1) was varied to minimize energy consumption. Desired
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product purity was achieved by varying the bottom flow rate of the respective columns. The
effect of reflux ratio (RR1) on the RR2, Qc2 and Qr2 is shown in Figure 2.12. It shows that the
optimum reflux ratio (RR1) was 0.12, for which minimum condenser duty was Qc. = 1025.5 kW
and corresponding reboiler duty and reflux ratio were QR> = 1414.2 kW and RR> = 1.26,

respectively.

The cost analysis data and optimum design parameters for three alternatives are given in
Table 2.12. The TAC of the partially heat-integrated process is 0.4786 $/y, and the full heat-
integrated process is 0.4874 $/y. The results show that about 20.2 % and 18.8 % reduction in
TAC was achieved by the PSD with partial and full heat integration, respectively, compared to
the PSD without heat integration. For THF-Water PSD, the partial heat integration configuration
is more attractive than the PSD with full heat integration and without heat integration in terms of
TAC.

1450 1.820
) e | “.-—‘__.—.4-".
1400l 17551 —
1.690 -
1350}
& o1.625¢
T
1300} ©
g = 1.560
Z 5 -4~ QR2 (kW)
5 1250r ey 1495 & RR2
& R
O ] 2 (KW
Nflzoo o 1430 Rt
O &
< P 1365)
1150F B
=
Z1300¢
1100}
1.235
1050F | 120k [T 1 [ 11 M
1000t  1.105

0.10 012 0.14 0.16 0.18 0.20 022 0.24
Reflux Ratio (RR1) of LPC

Figure 2.13. Effect of reflux ratio (RR1) for LPC of fully heat integrated THF-water PSD on the
RRz, ch and QRZ
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63.43 °C
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[ > WATER=0.0001
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911 63 kKW
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30°C WATER=0.999
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(a) THF-water PSD without heat integration
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100 kmol'h
THF=0.5
Water=0.5
i0*C

538.74 kW
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1 atm THF=0.8187 -«
-1093 27 KW WATER=0.1813 50.99 kmol'h
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-
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(b) THF-water PSD with partial heat integration
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(c) THF-water PSD with full heat integration

Figure 2.14. The optimal steady-state design flowsheets of the pressure swing distillation system
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Table 2.12. Economic analysis results for THF-water ED and PSD with and without heat integration

] _ _ PSD partial PSD with fully
ED without HI ED with HI PSD without HI

Parameter HI

C1 C2 C1 C2 C1 C2 C1 C2 C1 C2
NT 21 14 21 14 13 16 13 16 13 16
D (m) 0.66 1.03 0.66 1.03 0.83 0.63 0.83 0.63 0.81 0.79
H (m) 13.90 8.78 13.90 8.78 8.05 10.25 8.05 10.25 8.05 10.25
Qr (kW) 750.53 641.23 683.69 641.23 1074.3 911.63 535.54 911.63 1025.5 1414.5
Ar (M?) 30.29 36.18 27.59 36.18 30.38 67.14 15.14 67.14 28.99 104.14
Qc (kw) 573.67 653.66 577.02 653.66  1093.3 535,54  1093.3 - 1057.2 -
Ac (m?) 19.73 34.64 19.85 34.64 40.63 5.52 40.63 - 39.28 -
QHe (kW) 70.02 70.02 538.74
Ane(m?) 1.48 1.67 15.23
Capital (10°$) 0.2202 0.2527 0.2175 0.2527 0.2255  0.2045 0.2439 0.1823 0.2195 0.2382
Operating (10° /y) 0.1682  0.1437 0.1532 0.1437 0.2407  0.2158  0.1207  0.2158 - 0.3348
TAC (10° $ 1y) 0.2416  0.2279  0.2257 0.2279  0.3159  0.2840 0.2020 0.2766  0.0732  0.4142
Capital (10° $) 0.4729 0.4702 0.4300 0.4263 0.4577
Operating (10%$/y) 0.3118 0.2969 0.4565 0.3365 0.3348
TAC (10°$ 1y) 0.4695 0.4536 0.5999 0.4786 0.4874
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2.4 Comparison of Extractive Distillation and PSD for THF-Water Separation

The most optimum designs of extractive distillation for THF-water separation were
compared with the most optimum design of PSD. The optimized design parameters, with
economical analysis of both extractive distillation and pressure swing distillation, are given in
Table 2.12. Reduction in TAC can be observed with heat integration in both designs. Results
indicate that heat integration in extractive distillation leads to a 3.4 % reduction in TAC, which is
mainly because of saving in operating costs. Partial and full heat integration in the case of PSD
results in a 20.2 % and 18.8 % reduction in TAC, respectively, compared to the basic
configuration without heat integration. PSD configuration with partial heat integration is more
economical than full heat integration because capital cost increases significantly in the case of a
full heat integrated system because of increased heat transfer area requirement for both column
reboilers and higher HPC diameter. Extractive distillation with heat integration requires 5.2 %
less TAC than PSD with partial heat integration.

2.5 Conclusion

In this chapter, steady-state simulation of extractive and pressure swing distillation for
the separation of equimolar THF-water binary mixture was investigated in detail. Designs of
extractive distillation systems with various solvents were worked out and evaluated
economically. DMSO was the best solvent for extractive distillation of THF-water separation as
it gave minimum TAC to achieve product purity. For Pressure swing distillation, LPC pressure
was fixed at 1 atm, and various operating pressures for HPC were analyzed. It was found that
HPC with 10 atm pressure gave minimum TAC. The design of steady-state extractive and
pressure swing distillation with heat integration was also a workout.

As the basis, in terms of feed conditions and constraints in terms of product purity were
the same for the simulation analysis; the optimum configuration of extractive distillation with
and without thermal integration by using DMSO as the solvent was directly compared with the
most optimum configuration of PSD with and without heat integration. Results indicate that
extractive distillation with and without heat integration gives a 24.4 % and 21.7 % reduction in
the TAC and 34.96 % and 31.70 % in the operating cost over the PSD without heat integration.
The TAC of extractive distillation with heat integration is 5.2 % less than that of PSD with
partial heat integration. Hence, extractive distillation with DMSO as solvent is a better option

economically for separating an equimolar THF-water mixture.
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Chapter 3 Extractive Distillation Configuration for Nitric Acid Dehydration

Using Sulphuric Acid as a Solvent

Abstract

In this work, an extractive distillation configuration for the dehydration of nitric acid is
proposed with sulphuric acid as a solvent. Thermodynamic modelling of vapour-liquid-
equilibrium of binary and ternary systems of nitric acid (HNOz)/water/sulphuric acid was carried
out using eNRTL-RK (Electrolyte Non-Random Two Liquid) thermodynamic property method
in the Aspen Plus process simulator. The model performance was validated by comparing the
experimental data with the estimated data by the eNRTL-RK model and found to be in good
agreement. The thermodynamic model is then used for developing a triple-column extractive
distillation sequence comprising a pre-concentrating column, extractive distillation column and
solvent recovery column. The configuration is designed, simulated and optimized to concentrate
dilute nitric acid using sulphuric acid as a solvent to break the nitric acid water azeotrope. The
operating and structural parameters of the distillation configuration are optimized simultaneously

to minimize energy consumption and total annual cost (TAC) overall configuration.

3.1 Introduction

Concentrated nitric acid (HNOz3) is widely used in the nitration process as a nitrating
agent, in the oxidation process as the oxidizing agent and various other agrochemical and
explosive industries processes. Ammonium nitrate required in fertilizer industries is produced
from concentrated nitric acid. There is a significant requirement for concentrated nitric acid
worldwide from various process industries for a wide range of applications. Processes utilizing
concentrated nitric acid lead to an effluent of dilute nitric acid, typically in the range of 15 - 20
mass % nitric acids, which needs to be concentrated and recycled to the process to improve the
overall economy of the plant [1]. However, the concentration of nitric acid by conventional
distillation process is difficult due to the formation of a maximum boiling azeotrope with water.
The azeotropic temperature is 120 °C which is higher than that of the boiling point of pure water

(100 °C) and nitric acid (83 °C) at atmospheric pressure, as shown in Figure 3.1 (a)
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The extractive distillation method is widely used for separating azeotropic systems. It has
good energy efficiency and high product purity with low total annual cost (TAC) compared to
other distillation configurations dealing with azeotropic or closed boiling systems [2, 3]. In the
case of dehydration of the nitric acid, magnesium nitrate and sulphuric acid are proposed as
extracting agents for extractive distillation in the literature [1, 4]. Vailiancourt [5] commented
that magnesium nitrate is a less efficient extractive entrainer than sulphuric acid as it requires a
higher number of stages and reflux ratio and ultimately leads to higher energy consumption and
quantity of entrainer to achieve the same separation. The feasibility of using sulfuric acid to
dehydrate spent nitric acid is already reported [5]. Also, industrial-scale application of sulfuric
acid for dehydrating nitric acid was reported by Thomas et al. [6]

The present work reports an optimized extractive distillation configuration for the
dehydration of nitric acid using sulphuric acid as a solvent. To the best of our knowledge,
detailed parametric analysis for extractive distillation configuration for the dehydration of nitric
acid using sulphuric acid as a solvent is not available in the open literature. Thermodynamic
modelling of the system plays a vital role while designing any distillation configuration using a
process simulator. The present work addresses the crucial aspects of distillation modelling viz,
thermodynamic modelling of phase equilibrium and detailed process simulation analysis with
cost analysis. The development of distillation configuration for the dehydration of dilute nitric
acid is divided into two parts. In the first part, the thermodynamic modelling of nitric acid
(HNO:s) / water / sulphuric acid three component system using reported experimental binary and
ternary vapour-liquid-equilibrium (VLE) data is performed. The binary interaction parameters
for e-NRTL (Electrolyte Non-Random Two Liquid) model are generated using this data in the
Aspen data regression system (DRS). In the second part, the design and optimization of the
complete extractive distillation scheme for the dehydration of nitric acid are performed using the
thermodynamic model developed in the first section with the objective of minimizing the total

annual cost (TAC) of the overall distillation configuration.

3.2 Thermodynamic Framework

Electrolyte Non-Random Two Liquid (eNRTL) model can be represented as eNRTL-SR

and eNRTL-RK. The eNRTL-SR model considers the symmetric reference state for ions as pure
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fused salts in the case of the mixed salt system or a pure liquid in the case of a mixed solvent
system. The eNRTL-RK model considers infinite dilution in an aqueous solution that is the
unsymmetric reference state. Wang et al. [7] reported the suitability of the thermodynamic
eNRTL model with symmetric reference to describe the HNOs-water-sulphuric acid three
components system. The model parameters were inadequate to estimate the experimental vapour-
liquid-equilibrium behaviour of the HNOz/water/sulphuric acid three components system
reported by Ellis and Thwaites [8]. Hence, the present work estimates interaction parameters
using the eNRTL-RK activity coefficient model with experimental vapour-liquid-equilibrium
data to predict binary and ternary vapour-liquid phase equilibrium behaviour. The details of the
thermodynamic modeling are discussed in this section.

3.2.1 Chemical Reactions

The equilibrium reaction of partial dissociation of HNO3z in a single step, H2SO4
dissociation in two-step reactions and the formation of hydronium ion in the aqueous solution

were defined in the chemistry tab of the Aspen Plus simulator. These reactions are given below,

HNO; + H,0 & H,0* + NO3 (R1)
H,S0, + H,0 & H,0* + HSO; (Ry)
H,0 + HSO; & H;0" + SO;2 (R3)

3.2.2 Vapour-Liquid Equilibrium (VLE)

Vapour-liquid equilibrium relationship is represented by the following equation [9],

vi(P—PS
yi®P = v} x O] Bexp [%] ey

Where xi and yi are the liquid and vapour phase mole fractions of component i,
respectively, p and represents the total pressure of the system and the vapour pressure of the pure
component i, the vapour pressure of the pure component was calculated using the extended

Antoine equations by retrieving its coefficients from the Aspen Plus as given in Table 3.1.
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Table 3.1. Coefficients of extended Antoine equation?® of pure components [14]

Parameters C: C Cs Cs GCs Cs Cr GCs Co

HNO3 170.14 -10078 0 0 -22.769 2.73¢e® 2 23155 376.1
H20 73649 -72582 0 0 -7.3037 4.1653e 2 273.16  647.1
H2SO04 14422 -9757.7 0 0 2.3632 3.27¢1 6 283.14  603.2

INp; = Cy; + 2=+ CyyT + CgInT + Co T for Cg; << Co; Where P is in N/m? and T is in K.
31

The fugacity coefficient (®;) for component i in the mixture is calculated using the
Redlich-Kwong equation of state. The critical pressure (Pc), critical temperature (T¢) and acentric
factor (Q) required in the Redlich- Kwong equations of state parameters are given in Table 3.2.

Table 3.2. Redlich-Kwong equation of state parameters [14]

Parameters T (K) Pc (N/m?) Q

HNO;3 520 6.8901e% 0.7144
H20 647.096 2.2064 &% 0.3449
H>SO4 924 6.4 €% 0.9070

Liquid molar volume (Vi) for component i at temperature, T and saturation pressure, P° obtained

from the liquid molar density (p!) calculated by the relationship given below in equation (2),

Vi = 1/p] (2)

The liquid molar density of component i is calculated using the coefficients of respective model

equations as given in Table 3.3.

Table 3.3. Coefficients of liquid molar density model equations [14]

Parameters Ci C Cs Cs Cs Ce C7
HNOz? 1.5895 0.2304 520 0.1933 0 231.55 373.2
H.0" 17.863 58.606 -95.396  213.89 -414.26  273.16 647.1
H2S04° 1.4986 0.2653 924 0.2713 0 283.46 610

T/Co)Ca
i = C11/C;i+(1 TGV for g < T < Gy
T

bpi = Cli + C2i‘f0'35 + C3iT2/3 + C4_iT + CSiT4/3,T =1- T_
C
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cp% =p,; + CliTO.SS + er:lT:ezrms Cmirm_l; t=1- T/Tci
The exponential term in equation (1) is called a pointing correction, and it can be

assumed to be one at low pressure. The liquid phase activity coefficient is represented by vy; can
be calculated from the electrolyte non-random two-liquid model.

3.2.3 eNRTL-RK Activity Coefficient Model

The activity coefficient of component i is obtained from the partial derivative of the

GE/RT with respect to n;given as the following equation [9]

a(n(;zRT)] @3)

T,P,l’l]'-'.ti

Iny, = [

The liquid phase activity coefficient is represented by yican be calculated using the most
versatile electrolyte non-random two-liquid model proposed by Chen et al.[10] and Mock et
al.[11] based on the two assumptions, such as local electro-neutrality and like ion repulsion.

Excess Gibbs free energy is given as,

*E +E,PDH *E,Born *E,lc
Gm _ Gm Gm Gm

RT  RT + RT + RT (4)
This can leads to,
Iny; = Iny; """ + Iny®°™ + Iny; ¢ (5)

Where G:PPH represents the long-range interaction contribution with the Pitzer-Debye-Huckel

model equation [12, 13] for multicomponent electrolyte is,

+«E,PDH

1/2
= @ () (57 en) ®

Where p is the closest approach parameter, A,, is the Debye—Huckel parameter, and Ix is the ionic

strength given by eq. (7) and (8),

A = (e () ™

¢ 3\ 1000 €sKT
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1

Iy == Xiz8x; (8)

T2

Where xi is the mole fraction of component i, Ms represents the molecular weight of solvent, Na
is the Avogadro’s number, ds is the mass density of the solvent, Qe electron charge, T
temperature, k is the Boltzmann constant, z; is charge number of an ion, the dielectric constant of

the solvent represented by Es.

Activity coefficient is,

1/2 2 2:1/2 3/2
«*PDH _ __ 1000 Zi 1/2 Zi Ix —ZIX
Iny;PPH = ( ML ) A, [( > )1n(1 +pL,"%) + BT ] 9)

The Born equations [13] are represented by the following equations

G ™™ _ Q& (2-1)xxt10
RT  2kT \es s Zi ri 10 (10)
InyjBorn = Q& (1_ 1) 102 (11)
i 2kT \eg &5/ T1j

Where Qe is the electron charge, r; is the Born radius, and ew is the dielectric constant of pure
water. Each component's dielectric constants for thermodynamic modelling are given in Table
3.4.

Table 3.4. Coefficients of dielectric constant equation® [14]

Parameters A B C

HNO3 19 0 298.15
H20 78.54 31989.4 298.15
H2S04 101 0 298.15

= a+a()
G;‘nE'lc represents the excess Gibbs energy obtained from short-range interaction modelled with
local composition activity coefficient model NRTL equation. In a generalized version, the

electrolyte system comprising cation (c), anion (a), and molecular species (m) may be stated as,
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«Elc

Gm™ _ 2i XiGimTim Yizc XiGicTic YizaXiGiaTia

nRT Zm nm( 2i XiGim ) + ZC Zele ( Yizc XiGic ) + Za Zalla ( YizaXiGia ) (12)
Xi = CiXi = Ci (%) ,i =m,cCa (13)
n=2ini=2mnm+2cnc+2ana (14)
Gij = exp(ai]- Tij) (15)

Where oijj is the non-randomness factor. t;; represents the binary energy interaction parameter
given as follows,

For molecule- molecule Tt is,

Ti]' = Ci]' + ? (16)
For molecule- electrolyte t;; is,

dj; Trer—T T
Ti]' = Ci]' + ?] + ei]- I:% + In (Tref)] (17)

Treris the reference temperature, and cij, dij, and ej; are adjustable parameters generated by
regression of the vapour-liquid equilibrium data using Aspen Plus. Other physical characteristics
of the essential components, like ideal gas heat capacity and heat of vaporizations, were acquired
by extracting the coefficients of corresponding equations from the Aspen Plus [14], as shown in
Tables 3.5 and 3.6.

Table 3.5. Coefficients of ideal gas heat capacity model equation?® [14]

Parameters Ci C Cs Cs Cs Ce C7
HNO3 33440 70500 1041 44700 473 100 1500
H20 33363 26790 2610.5 8896 1169 100 2273.15
H2S04 40240 109500 943 83700 393.8 100 1500

2Ch; = Cqj + CT + C5iT? + Cy T3 4 C5T* for C; < T < Cyy

Table 3.6. Coefficients of heat of vaporization model equations [14]

Parameters C: C Cs Cs Cs Cs Cs Cs
HNO3? 7.0604e*"  0.6929 0 0 0 23155 359.15
H.0? 5.66e*07 0.6120 -0.6257 0.0399 0 273.16 647.1
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H.SO, 18.3153 0.2065 0.7616 -0.5762 578 4 280 578

AyapHi = Cyi(1 = TG+ CiTrtCTatGsTo for Cgy < T < Cpy 5 Ty = Tlm
bln(AvapHi) =Cy + Z&szrms CmiTrm_erl(l — Tr) ;T = T/Tc
Where AvpHi is heat of vapourization at T, T, and T are reduced and the critical temperature of

component i in Kelvin, respectively.
3.2.4 Data for Regression

The binary interaction parameters of molecule-molecule and molecule-electrolyte pairs,
given in Tables 3.8 and 3.9, are obtained by regression of the experimental VLE data of binary
and ternary system taken from literature in the Aspen DRS using eNRTL-RK thermodynamic
model. The data regression system used the maximum likelihood objective function with the
Britt-Luecke algorithm and Deming Initialization method. The non-randomness factor was fixed
at 0.3 for all molecule-molecule pairs, while it was set at 0.2 for molecule-electrolyte and
electrolyte-electrolyte pairs [10, 11].

The various data sets in the literature for binary and ternary HNOz/water/sulphuric acid
systems cover the different operating pressure ranges. Ellis and Thwaites [8] reported binary and
ternary T-x,y data for HNOs/water pair and HNOz/water/H.SO4 system at atmospheric pressure.
The T-x,y data for HNOz/water binary system with varying pressure, such as 79993 Pa, 59995
Pa, 101325 Pa, was determined by Potier [15], and at pressure 13332 Pa, 26664 Pa, 46663 Pa
was reported by Riveng[16]. Boublik and Kuchynka [17] reported the experimental T-x,y data at
different pressure such as 26664 Pa, 101325 Pa, 6666 Pa, 53329 Pa and 13332.2 Pa. Area
consistency test was applied to all the binary equilibrium data to find out the consistent
thermodynamic data. Thermodynamically consistent data sets proposed by Ellis and Thwaites [8]
are used for the regression exercise to determine binary interaction parameters. While
performing the regression using the eNRTL model for the ternary system of HNOs/water/H2SOs,
initially, all possible molecule-molecule, molecule-electrolyte and electrolyte-electrolyte
interaction parameters, including water-H>SO4 pair were considered. However, it was found that
the eNRTL model needs to fit better into the experimental data and show significant deviation
from the experimental data. It was also not predicting the azeotropic compositions well. Hence,

the regression exercise was completed without the water-H>SO4 molecule-molecule interaction
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parameter. However, their interaction is considered via molecule-electrolyte pairs of (water-
H30+, HSO4- and water- H3O+, SO4-2). The selection of interaction parameters was validated
from previously reported literature about the eNRTL parameters regression comprising water-
H2SO4 pair. It was found that the H2SOs-water pair molecule-molecule interaction parameters
were not considered [18, 19], which validates the selection of the interaction parameters for the

present investigation.

Model parameters were validated by plotting the experimental data of Ellis and Thwaites
[8], Potier [15], and Rivenq [16], with the estimated data based on the regressed parameters
simultaneously. Estimated VVLE data with the regressed parameters shows a good agreement with
experimental data reported in the literature, as shown in Figure 3.1 (a), (b), (c) and (d) and Table
3.7. As shown in Figure 3.1 (a), the azeotropic behaviour of the HNO3 and water system
predicted by the model is well in agreement with the experimental data on the phase equilibrium
diagram. The plot of the vapour-liquid-equilibrium diagram with ternary experimental data of
Ellis and Thwaites[8] and estimated data from the model parameter was drawn on solvent-free
basis composition on both axes and varying solvent concentration from 0 to 69.74 mass % at
atmospheric pressure as shown the Figure 3.1 (b). It can also be seen that more than 50 mass %
composition of H2SO4 is required to eliminate the azeotrope of the HNO3z and water. Thus, it
could be confirmed that estimated binary interaction parameters, given in Tables 3.8 and 3.9
from the regression, can predict the experimental equilibrium behaviour of the system accurately

and is suitable for further modelling and simulation of the extractive distillation process.
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Figure 3.1. VLE diagram of HNOs/water/H2SO4 binary and ternary system with experimental

and estimated data.
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Table 3.7. Average Absolute Deviation (AAD) between Experimental Data and Model Data

Pressure (N/m?) AT Ay Reference

101325 0.0020 0.1451 7

46663 0.0029 0.3171 15

59995 0.0028 - 14

10133 0.0387 - 14
AAD=%Z{-‘:1|ZiZ_—;iMi| Where Z; is the regressed or estimated property value, ZM; is the corresponding

experimental or measured value and k is the total number of data points.

Table 3.8. Molecule-molecule binary interaction parameter for ENRTL-RK thermodynamic
model obtained using regression of experimental data

Componenti  Componentj  Ajj Bij =i 7ij (at 298.15 K)
HNOs3 Water 10.52 -4890.22 0.3 -5.88

Water HNO3 -12.11 4407.67 2.67

HNOs H2S04 3.43 0 0.3 3.43

H2S04 HNOs3 -2.24 0 -2.24

3.3 Extractive Distillation Configuration

Table 3.9. Molecule-electrolyte binary interaction parameter for ENRTL-RK thermodynamic

model obtained using regression of experimental vle data

Componenti  Componentj  Cjj Dijj Eij 7ij ( 298.15 K)
HNO3 H30*, NO3 3.74 997.76 -184.27 7.09
H30", NO3 HNO3 -3.50 -350.78 -16.88 -4.67
Water H30", NO3 8.62 370.77 -73.45 9.86
H30", NO3 Water -5.13 -437.18 5.65 -6.59
HNO3 H30", HSO 0.07 -58.61 6.27 -0.13
H3O", HSO;" HNO3 0.25 -30.27 37.54 0.15
Water H3O", HSO -0.31 -394.07 4,12 -1.64
H30", HSO Water -0.91 -507.84 4.41 -2.62
HNO3 Hs;0*, SO;2 -4.67 -200.02 1840.15 -5.34
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H30", SO32 HNO3 -9.74 4878.19 5841.71 6.62

Water Hs;0*, SO;2 -27.64 -6721.32 275.15 -50.18
HsO*, S0O,2 Water 4.79 1159.76 326.40 8.68
H2SO04 HsO*, HSO, 29.34 341.73 651.87 30.48
HsO*, HSO, H2SO04 -15.31 -8.50 3971.22 -15.33
H2SO04 HsO*, NO3 -5.43 -1.52 -1.75 -5.44
HsO*, NO3 H2SO4 -4.46 -1.75 -1.72 -4.47

In this section, the design, simulation and optimization of the complete nitric acid
dehydration by extractive distillation configuration are performed using sulphuric acid as a
solvent, using the eNRTL-RK thermodynamic model, with the binary interaction parameters
obtained in the previous section. This work considers a feed stream with 20 mass % dilute HNO3
at 100 kg/h mass flow rate at 298 K and 1 atm pressure as a design basis. As it is very dilute, it
must first be concentrated to the azeotropic composition in a pre-concentrating distillation
column (PDC) before sending it to the extractive distillation column (EDC). The process
flowsheet for the complete distillation sequence is shown in Figure 3.2. As nitric acid and water
form a maximum boiling azeotrope at 120 °C and at about 68 mass % of nitric acid
concentration, a mixture containing nearly azeotropic composition is obtained from the bottom
(B1) of the PDC. In contrast, pure water is obtained from the top of the PDC as a distillate (D1).

The azeotropic mixture, obtained from the bottom stream of the PDC, is fed to one of the
intermediate stages of the EDC column. The concentrated sulphuric acid (98 mass %) is fed as a
solvent at an appropriate stage above the azeotropic feed stage. The added solvent alters the
relative volatility of the components such that azeotrope breaks and pure nitric acid is recovered
from the top of the EDC column as a distillate (D2). The mixture of water and sulphuric acid
obtained from the bottom (B2) of the EDC is sent directly to the solvent recovery distillation
column (SRDC), where sulphuric acid is recovered from the bottom stream (B3) is recycled to
the EDC column as a recycle stream. A cooler is placed in the recycle loop before the solvent
gets recycled to the EDC to maintain the desired solvent feed temperature. The minute quantity
of solvent lost from the distillate streams, D> and D3 of the EDC and SRDC, respectively, is

balanced using the makeup stream.
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Figure 3.2. Process flow diagram of distillation column sequence for dehydration of dilute nitric acid
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3.3.1 Basis for TAC Analysis

Table 3.10. Equations for equipment sizing and economics analysis

1. Diameter (D): from the ASPEN packing sizing option

2. Height (H): of a packed distillation column,

H (m) = 1.2 x HETP x (N; — 2)

Where Nt-number of stages of the column

3. Column Capital Cost:

Column cost($) = (M&S/280) x 937.636 x D1:066 x H0802 % (2.18 + F,)
4. Heat Exchanger (HE) Capital Cost:

Heat exchanger cost($) = (M&S/280) x 474.668 x A%%5 x (2.29 +F,)
5. Area of HE (both Condenser and Reboiler):

A=Q/(UXATy)

Heat-transfer coefficient (U) for condenser = 0.852 (kW/ m?K)

Heat-transfer coefficient (U) for reboiler = 0.568 (kW/ m?K)

6. Utility Cost:

LP steam (433 K) = $7.72 /GJ

MP steam (457 K) = $8.22 /GJ

HP steam (537 K) = $9.88 /GJ

Cooling water = $0.354 /GJ

Chilled water = $4.43 /GJ

7. Total Annual Cost (TAC):

Capital Cost

TAC= Payback Period

+ Energy Cost

Payback period = 3 years
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Total operating hours = 8000 hrs.

The economic evaluation of the extractive distillation system is done in terms of total
annual cost (TAC). The diameter of a distillation column is determined by the ‘Packing Sizing’
function of the Aspen Plus simulator using the “Durapack” glass structure packing of standard
dimension available in the Aspen. The basis of economics and equipment sizing and costing
equations are summarized in Table 3.10, which are based on Douglas [20] and Luyben[3] other
costs, such as pumps, valves and pipes, are neglected as a minor fraction of total equipment
cost.2,21 Marshal and Swift index (M&S) [22] value considered for all the calculations equals
t01431.7.

3.3.2 Simulation Analysis and Economic Optimization

Rigorous simulation of extractive distillation of nitric acid dehydration system is
performed using Aspen Plus simulator with Radfrac distillation model. This model performs
rigorous calculations comprising solving mass balance, equilibrium relationship, summation
equation, and enthalpy balance equations, generally known as MESH equations added into the
Supporting Information document. The numerical solution was obtained by simultaneously
solving MESH equations at each stage of the distillation column with the Broyden quasi-Newton
method. The MESH equations are applied and solved for each stage of the distillation column

and each component to obtain the rigorous solution in the Aspen Plus simulator.

Vh, Yn Ln-1, Xn1

[

Fn, zn —> — VA (O

P

Vh+1, Yn+1 Ln, Xn

Figure 3.3. Schematic representations of the input and output to any stage n of the multistage

distillation column.
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Mass Balance Equation: The mass balance equation for any component i on any stage n of the
multistage distillation column given as,

Overall mass balance equation,
Fo+Voyr Ly =W+ Ly (18)
Component balance equation,
Fazn + Vis1Vner + LncaXn-1 = VoY + Lpxy (19)
Equilibrium relationship: vapour-liquid equilibrium relationship for component i is given as,
yi = Kix; (20)
Where K is the chemical equilibrium constant.
Heat (Energy) Balance Equation:
FoHpn + VieiHy nir + Lno1Hyna & @ = ViHy o + Ly Hp 5 (21)

Summation Equation: summation of mole fractions in the liquid and vapour phase should be

unity.

in,n = Zyi,n =1 (22)

Where

Fn - feed flow into stage n.

Vn - vapour flow leave from the stage n.

Vn+1 - vapour flow added to stage n, from the below stage n+1.
Ln- liquid flow leaves from stage n.

Lr-1- liquid flow added to stage n from the above stage n-1.

z - mole fractions of component i in the feed stream;

x - mole fractions of component i in the liquid phase;

y - mole fractions of component i in the vapour phase;

H - specific enthalpy.

gn- heat added or removed from the given stage n.
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The distillate purity of nitric acid and water obtained from the respective columns was set
at 99.99 mass %. The design specification was used to achieve the desired purity of the product
by varying the distillate mass flow rate or the reflux ratio of the respective columns. Sensitivity
analysis [23, 24] was used to determine the effect of various operating parameters on the purity
of the product, reboiler and condenser duty of the column and to minimize the column's total
annual cost (TAC).

The various design variables in the extractive distillation systems, which need to be
determined for optimum performances are listed below. All these parameters were optimized
based on the minimum reboiler duty and TAC to achieve the desired purity product.

* Total number of stages (NT)

* Solvent to feed ratio (E/F)

« Feed stage location (Nf)

* Solvent feed stage location (Ngr)
* Solvent feed temperature (Ter)

* Mass reflux ratio (RR)

The sequential iterative optimization procedure, as discussed below and shown in Figure 3.4, is
used to optimize all the above design parameters,

(1) Select the column pressure.

(2) Select the respective column's total number of stages (Nt) to achieve desired purity.

(3) Select the binary feed stage location (NF) and solvent feed stage location (Nrs).

(4) Select the entrainer to feed (E/F) ratio and solvent feed temperature (Ter).

(5) Vary the reflux ratio and distillate rate to meet desired product purity of the respective
column.

(6) Use sensitivity analysis to determine the optimal range of the N1, E/F, Ner, Nrs, Ter and RR
with optimal Qr and Qc.

(7) Return to step 4 and change E/F until TAC is minimized.

(8) Return to step 3 and change Nrr and Nrs until TAC is minimized.

(9) Return to step 2 and change Nt until TAC is minimized.

(10) Repeat the steps from 7 to 9 to get TAC minimized.
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| Select P;=1atm, P,=1 atm and P;=0.15 atm

| Select a PDC stages (N11) |4—
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| Select a SRDC stages (N13) |17

i

| Select a PDC feed stage (NF1)
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| Select a SRDC feed stages (Nr3)

!
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| Vary RR; and D; to meet design specification
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| Select a E/F ratio I:
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Figure 3.4. Sequential iterative procedure for optimization of design parameters for ED of nitric

acid water system
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3.4 Result and Discussion

3.4.1 Operating Pressure for Column

It was chosen to operate both PDC and EDC columns at atmospheric pressure. In the case
of SRDC, vacuum conditions are preferred as operation at atmospheric pressure will demand
high-temperature utility to operate the reboiler due to the higher boiling point of sulphuric acid.
Below 0.15 atm pressure condenser needs a chilled utility which consequently increases the TAC
of the column significantly because of increased operating cost. Hence, operating the SRDC
column at 0.15 atm pressure is suitable.

3.4.2 Selection of Number of Stages (N)

The selection of a total number of stages is a crucial design parameter in the extractive
distillation system, as it directly influences the TAC and the purity of the product. Nt's effect on
the distillate product's purity is analyzed through the results obtained from sensitivity analysis by
plotting the Nt versus distillate purity (Xp) at different mass reflux ratios. The effect of variation
in the number of stages on the TAC was determined by estimating the TAC of the column to
achieve the desired purity. In the case of the PDC, the distillate product is water. It can be
observed in Figure 3.5. (a) the desired purity of the product in the distillate is attained if the
number of stages of the PDC column is greater than or equal to 10 with a mass reflux ratio (RR)
greater than 0.04. TAC of the PDC column was estimated for different Nt in the range of 9 to 13,
as shown in Table 3.11. It is concluded from the results obtained in Table 3.11 that PDC with 10
stages have minimum TAC and can be considered as the optimum number of stages for the PDC
column.

In the case of EDC, desired product purity of nitric acid was achieved after the Nt = 20
and mass RR greater than 0.58, as shown in Figure 3.5 (b). The estimated TAC for the EDC for
total stages from 16 to 22 indicates a minimum TAC at Nt = 20, as shown in Table 3.12.
Similarly, for SRDC, as seen in Figure 3.5 (c), the desired distillate purity was achieved at Nt =
6. After that, the distillate concentration is almost constant irrespective of the increasing number
of stages. Having additional stages beyond this point increases the capital cost. TAC of the
SRDC column was estimated for the total number of stages from 6 to 10, as shown in Table 3.13,

and it was confirmed that a minimum TAC is obtained for Nt = 6.
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Figure 3.5. Effect of the total number of stages (N1) on distillate purity (Xp) for (a) PDC (b)

EDC (c) SRDC
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Table 3.11. Economic optimization for PDC of nitric acid dehydration ED system for the different total number of stages (Nt1)

NT1 9 10 11 12 13
Pressure (P1) (atm) 1 1 1 1 1
RR: (optimum) 0.140 0.040 0.029 0.022 0.020
Nrr (optimum) 3 4 5 5 6

D (m) 0.2117 0.2064 0.2058 0.2055 0.2054
H (m) 3.36 3.84 4.32 4.8 5.28
Qr (kW) 89.19 84.73 84.23 83.94 83.84
AR 3.98 3.78 3.76 3.74 3.74
Qc (kw) 50.87 46.41 45.91 45.62 45.52
Ac 0.88 0.80 0.79 0.79 0.78
Total capital (10%$) 58.97 58.56 59.99 61.48 63.04
Total operating (10%$/y) 20.50 19.46 19.34 19.27 19.25
TAC (10%$/y) 40.16 38.98 39.34 39.77 40.26
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Table 3.12. Economic optimization for EDC of nitric acid dehydration ED system for the different total number of stages (Nt2)

N2 16 17 18 19 20 21 22
Pressure (P2) (atm) 1 1 1 1 1 1 1
RR: (optimum) 0.75 0.69 0.64 0.61 0.58 0.56 0.55
Nrr (optimum) 6 6 6 6 6 6 6
NFrs (optimum) 4 5 5 5 5 5 5

D (m) 0.0335 0.0326 0.0318 0.0314 0.0309 0.0306 0.03
H (m) 6.72 7.20 7.68 8.16 8.64 9.12 9.60
Qr (kW) 1.93 1.76 1.62 1.54 1.46 1.40 1.36
AR 0.05 0.04 0.04 0.04 0.04 0.04 0.03
Qc (kw) 4.90 4.73 4.59 451 4.42 4.37 4.33
Ac 0.11 0.11 0.11 0.10 0.10 0.10 0.10
Total capital (10%$) 8.75 8.68 8.63 8.68 8.71 8.80 8.91
Total operating (10%$/y) 0.60 0.55 0.51 0.48 0.46 0.44 0.43
TAC (10%$/y) 3.51 3.44 3.39 3.38 3.36 3.38 3.40
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Table 3.13. Economic Optimization of SRDC of nitric acid dehydration ED system for the different total number of stages (N3)

N3 6 7 8 9 10
Pressure (atm) 0.15 0.15 0.15 0.15 0.15
RRs (optimum) 0.05 0.05 0.05 0.07 0.05
Nrr (optimum) 3 3 3 5 3

D (m) 0.1243 0.1241 0.1241 0.1243 0.1241
H (m) 1.92 2.40 2.88 3.36 3.84
Qr (kW) 11.86 11.82 11.82 11.86 11.82
Ar (M?) 0.76 0.76 0.76 0.76 0.76
Qc (kw) 6.48 6.44 6.44 6.48 6.44
Ac 0.34 0.34 0.34 0.34 0.34
Total capital (10%$) 22.80 23.85 24.92 26.02 26.95
Total operating (10%$/y) 3.44 3.43 3.43 3.44 3.43
TAC (10%$/y) 11.04 11.38 11.74 12.11 12.41
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3.4.3 Selection of Solvent to Feed (E/F) Ratio

Solvent-to-feed (E/F) mass ratio is one of the most critical design parameters in designing
of EDC column, which directly affects the heating and cooling duties as well as distillate product
purity, as shown in Figures 3.6 (a) and (b). The effect of the E/F ratio on the distillate purity was
studied through sensitivity analysis. The plot of the E/F ratio versus distillate purity (Xp) with
varying reflux ratios is shown in Figure 3.6 (a). It is observed that at desired purity of the
distillate product is attained around an E/F ratio value of greater than 0.95 and a reflux ratio
value of 0.6. A higher reflux ratio needs a higher E/F ratio due to dilution caused by a reflux
stream at a higher RR. Hence, the optimum value for E/F is 1 with an optimum reflux ratio of

0.58, which leads to the desired purity with minimum energy consumption.
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Figure 3.6. Effect of E/F ratio on (a) Distillate purity (Xp) with different reflux ratios (b) Xp, Qr
and Qc of EDC column of nitric acid dehydration ED system.

In conventional distillation higher value of reflux, ratio gives higher purity with less
number of stages. However, in the case of the EDC column, a higher RR value causes dilution of
the solvent stream extractive section of the column and affects the purity of the top product. So,
the optimum reflux ratio was determined by plotting the Xp, QR and QC versus mass reflux ratio
(RR) with all other parameters constant, as shown in Figure 3.7. The desired distillate purity is
attained between a reflux ratio of 0.56 to 3.10 and continuously decreases after an RR of 3.10. It
can also be observed that a higher reflux ratio increases the reboiler and condenser duty sharply.
Hence, the mass RR is fixed at the lower side, which is at 0.58 in this case which achieved the

desired purity with minimum energy consumption.
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Figure 3.7. Effect of Mass Reflux Ratio (RR) on Xp, Qr and Qc of the EDC column of nitric
acid dehydration ED system

3.4.4 Binary Mixture Feed Stage (Nrr) and Solvent Feed Stage (Ner)

While choosing the optimal total numbers of stages, the optimal binary feed stage (Nrr)
and solvent feed stage (Ner) locations are determined for the desired distillate purity with lower
energy consumption. The effect of binary mixture feed location (NrF) on the distillate purity
(Xp), reboiler (QR) and condenser (QC) duty is shown in Figure 3.8 (a) and (b) for PDC and
SRDC, respectively. It was found that feed stage location at 4 and 3 gives desired distillate purity
with minimum reboiler and condenser duty in the case of PDC and SRDC, respectively. In the
case of the EDC column, the binary feed stage is fixed at Ner = 6 and above. In contrast, the
solvent feed stage is fixed at Ner = 5 as it gives the desired mass fractions of nitric acid in the
distillate of the column with the lowest reboiler and condenser duty, as shown in Figure 3.9 (a)

and (b) which results in the reduction in the TAC as given in Table 3.12.
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3.4.5 Solvent Feed Temperature (Ter)

The effect of solvent feed temperature on the distillate purity and the energy consumption

is also determined, as shown in Figure 3.10. It is observed that as solvent temperature increases

beyond the top temperature of the column, the purity of the product decreases significantly.

Therefore, the solvent feed temperature is kept at 5 to 15 °C below the top temperature of the

EDC column, which agrees with the general rule for selecting the solvent feed temperature

proposed by Knight and Doherty [25]. In this case, the solvent temperature has been kept at 350

K, at which desired purity product is obtained with optimum reboiler and condenser duty.
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dehydration ED system
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3.4.6 Complete Conceptual Design of Proposed of Nitric Acid Dehydration ED System

Configuration

Triple column extractive distillation process flowsheet containing pre-concentration
(PDC), extractive (EDC) and solvent recovery (SRDC) columns for nitric acid dehydration using
sulphuric acid as an extractive solvent with optimized parameters is shown in Figure 3.11. With
the optimized operating and structural parameters, a purity of 99.99 mass % for nitric acid in
distillate (D2) from the extractive column and purity of 99.99 mass % for water from the
distillate (D1) of PDC and up to 99.98 mass % from the distillate (D3) of SRDC column is
achievable. Thus, sulphuric acid can be considered an excellent extractive solvent for the
dehydration of nitric acid. According to the results obtained from the simulation, the E/F mass
ratio around 1.0 is appropriate for desired product purity. A very minute quantity of sulphuric
acid gets lost from the distillate streams due to its high boiling point, which needs to be balanced
by a makeup stream added to the recycle loop of the system. The detailed TAC calculation of the
extractive distillation configuration is given in Table 3.14. The overall TAC of the system is
around $53.82 x10%y. Figures 3.12 and 3.13 provide temperature and composition profiles for
EDC and SRDC columns, respectively. The azeotropic feed is introduced on stage 6. It was
observed that the objective of extractive distillation is achieved by preventing water from

entering the rectifying section.
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Table 3.14. Detail TAC calculations for complete of nitric acid dehydration ED system

Parameter PDC EDC SRDC
Pressure (atm) 1 1 0.15
RR (optimum) 0.04 0.58 0.05
Nrr (optimum) 4 6 3

NFrs (optimum) - 5 -

Trr (feed temperature) (K) 298 393.52 393.52
Trs (solvent temperature) (K) - 350 -

Nt 10 20 6

D (m) 0.21 0.03 0.12
H (m) 3.84 8.64 1.92
Qr (kW) 84.73 1.46 11.86
Ar (M?) 3.78 0.04 0.76
Cost reboiler (10°$) 30.46 1.51 10.75
Qc (kW) 46.41 4.42 6.48
Ac (m?) 0.80 0.10 0.34
Cost condenser (10°$) 11.09 2.91 6.37
Qcooter (KW) - 2.58 -
Acooler(M?) - 0.03 -
Cost cooler(10%3$) - 1.31 -
Column shell cost (10%$) 17.00 4.30 5.68
Capital cost (10° $) 58.56 10.02 22.80
Energy cost (103$/yr) 19.46 0.46 3.44
Total capital cost (103 $) 91.37

Total energy cost (10%$/y) 23.36

TAC (10°$/y) 53.82
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3.5 Conclusions

Thermodynamic modelling and extractive distillation configuration design for nitric acid
dehydration with sulphuric acid as a solvent has been presented in this work. Thermodynamic
modelling of binary and ternary systems of HNOz/water/sulphuric acid vapour-liquid-
equilibrium data using the eNRTL-RK model has been done in the Aspen Plus data regression
system. Validation of the thermodynamic model with the regressed parameters was performed by
plotting the equilibrium diagrams using the experimental literature data and the model estimated
data. It was found that the estimated value shows good agreement with the experimental values.
Hence, the determined eNRTL-RK model parameters suit the simulation work comprising nitric
acid, water and sulphuric acid.

The design and optimization of the continuous distillation column sequence comprising a
preconcentrating column, extractive distillation column and solvent recovery column for dilute
nitric acid dehydration using sulphuric acid as a solvent was performed systematically The
optimal parameters were obtained by optimizing the minimum energy consumption and Total
Annual cost (TAC). With a solvent-to-feed ratio value of 1, sulphuric acid is a suitable solvent

for the dehydration of nitric acid, leading to purity up to 99.99 mass %.
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Chapter 04

Effect of CaClz, ZnCl; and LiBr salts
on Isobaric Vapour-liquid Equilibrium
In Separation of the Azeotropic

Mixture of Ethanol + Water
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Chapter 4 Effect of CaCl,, ZnCl; and LiBr salts on Isobaric Vapour-liquid

Equilibrium in Separation of the Azeotropic Mixture of Ethanol + Water

Abstract

The present work analyzes the potential of calcium chloride (CaClz), zinc chloride
(ZnCl;) and lithium bromide (LiBr) salts as entrainer for breaking the minimum boiling
azeotrope of ethanol and water. Isobaric vapour-liquid equilibrium (VLE) data for the binary
systems of water + ethanol and ternary system of water + ethanol + calcium chloride, water +
ethanol + zinc chloride and water + ethanol + lithium bromide (LiBr) were measured at a
constant pressure of 94.5 kPa. The effect of salts on the relative volatility of ethanol to water as
well as on the vapour phase mole fractions of ethanol, were also studied experimentally.
According to the results of experiments, salts can be added to the ethanol and water system to
eliminate the azeotropic point. Salting out effects in the case of calcium chloride was more than
that of zinc chloride and lithium bromide salts. The results of this study suggested that calcium
chloride would be a more practical option for separating the water and ethanol azeotrope. The
electrolyte non-random two-liquid (eNRTL) model was used to correlate the experimental VLE
data. The model prediction with the regressed parameters agreed well with the experimental data.
The experimental data obtained in this work was thermodynamically consistent using the van

Ness test.

4.1 Introduction

Ethanol has a wide range of applications in the chemical industry. It can be used as a
solvent, reactant or intermediate in producing various paints, perfumes, medicines and food
products [1]. Ethanol is a suitable feedstock for producing various renewable chemicals and
products. Nowadays, anhydrous ethanol is used as a fuel additive [2]. The production of
anhydrous ethanol by conventional distillation technique is complex due to the formation of a
minimum boiling azeotrope of the ethanol-water mixture at atmospheric pressure. At azeotropic
conditions, liquid and vapour phase compositions are equal, leading to equal relative volatility;

hence, conventional distillation is not helpful in purifying the products beyond azeotropic
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compositions. Advanced distillation techniques [3], such as extractive, azeotropic, and pressure-

swing distillations, are required to deal with azeotropic mixture separations.

Extractive distillation technique is the most preferable over the other one due to its lower
energy requirement, flexibility in entrainer selection, simple operation and high-purity product in
case of ethanol dehydration [4]. It is reported that salts are an effective entrainer in altering the
vapour-liquid equilibrium behaviour of the azeotropic mixture so that the azeotrope formation
can be eliminated. Most salts have very low volatility; thus, they are not vaporized in the
extractive distillation process, which results in high-purity distillate products and low energy
consumption [5]. Salts are the preferred entrainer in extractive distillation due to their low cost
and toxicity. The lower entrainer-to-feed ratio leads to less salt required to achieve the separation
in the extractive distillation compared to that with the organic solvent as the entrainer [6].
Extractive distillation process using potassium acetate [5, 7, 8], calcium chloride [6, 9-13], and
magnesium chloride [14] as an entrainer was studied to obtain the anhydrous ethanol. Salts are
added at the appropriate location at the top of the extractive distillation column, which alters the
relative volatility so that a light component is obtained as a distillate and salt with other
components is obtained as the bottom product [5]. Thus, salts have good potential to be
considered entrainer, instead of conventional organic solvents, in the extractive distillation

process.

The VLE data of the binary azeotropic system with the addition of the entrainer has great
importance in the design of the extractive distillation process. For extractive distillation with
salts, information on the change in the VLE behaviour of the system due to the presence of salts,
specifically the change in the vapour phase composition of the mixed solvent system, is essential.
The experimental VLE data is helpful in understanding if the given entrainer can break the
azeotrope or not during the selection of the entrainer. Also, while designing of extractive
distillation system, it is necessary to develop a thermodynamic model with appropriate
parameters for simulation analysis. The accurate experimental VLE data is necessary for

regression of the thermodynamic model parameters.

VLE data is reported in the literature for some salts having the capability to break the

azeotrope of the ethanol-water system, which includes potassium acetate [15-18], strontium
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bromide [19, 20], calcium nitrate [21], cobalt Il chloride [22], and potassium and sodium iodide
[23]. Isobaric VLE data for the ethanol-water system containing calcium chloride at a constant
mass concentration of 16.7 wt % was reported by Nishi [24] at atmospheric pressure, and with
0.974 mol/kg salt at 12.3 kPa pressure was reported by Meyer [25], VLE data at a constant
temperature of 298.15 K were reported by Mishima [26]. To the best of our knowledge, VLE
data for varying concentrations of calcium chloride at constant pressure still needed to be
reported in the literature. No literature on ethanol + water + zinc chloride is reported in the NIST
literature database.

The current study aims to investigate how different calcium chloride, zinc chloride, and
lithium bromide salt concentrations affect the behaviour of ethanol and azeotropic water systems.
This work uses isobaric vapour-liquid equilibrium data for the binary system of ethanol + water,
the ternary system of ethanol + water + calcium chloride, ethanol + water + zinc chloride and
ethanol + water + lithium bromide was determined at 94.5 kPa. The effects of varying
concentrations of salts on the phase equilibrium behaviour of the ethanol + water azeotropic
system were discussed. The van Ness test checked the thermodynamic consistency of the
obtained experimental VLE data. The eNRTL model was used to correlate the experimental VLE
data.

4.2 Experimental

4.2.1 Materials

Changshu Hongsheng Fine Chemical Co. Ltd. supplied ethanol with a mass fraction of
0.999. The mass fraction of ethanol was 0.999, and no impurities were detected by gas
chromatography. Calcium chloride was supplied by Thermo Fisher Scientific India Pvt. Ltd.
Zinc chloride and lithium bromide was supplied by Loba Chemie Pvt. Ltd. The moisture content
of salts was determined by Karl Fisher titration. The mass fraction of water was below 0.006.
Ethanol and salts were used without further purification. The deionized water (conductivity less
than 1.0 uS cm-1) was generated using an ultrapure water system provided by Siemens.

Specifications of chemicals used in the experiments are listed in Table 4.1.
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Table 4.1. Specification of the chemicals used in experiments

Name CAS No. Source Purity Analysis
method
Ethanol 64-17-5 Changshu Hongsheng Fine Chemical 0999 GC?
Co., Ltd.
Calcium chloride 10043-52-4  Thermo Fisher Scientific India Pvt. Ltd >0.98 KFP
Zinc chloride 7646-85-7 Loba Chemie Pvt. Ltd. >0.98 KFP
Lithium bromide 7550-35-8 Loba Chemie Pvt. Ltd. >0.98 KFP

2 GC = gas chromatography.
® KF = Karl Fisher titration.

4.2.2 Experimental Apparatus and Procedure

The glass dynamic circulation VLE apparatus used to generate the vapour-liquid equilibrium
data for binary and ternary systems is schematically shown in Figure 4.1. A detailed description
of the VLE apparatus and its working was reported earlier for generating the VLE data of various
binary systems [27-29]. In the present work, ternary solutions with constant salt concentrations
of 5, 10, and 15 mass percentages and varying concentrations of ethanol were prepared
gravimetrically using an electronic weighing balance with an accuracy of £0.0001g. The solution
was stirred well, using a magnetic stirrer, until all salts were completely dissolved;
approximately 330 ml solution was fed into the boiling chamber of the VLE apparatus to find out

its VLE data. The chilled water circulation was given to the condenser (J).

At the time of determination of this experimental data, the local atmospheric pressure varied
slightly between 95 to 96 kPa. Thus we have used the vacuum pump provided by KNF, Germany
(Model number SC920G), which ensures a constant pressure of 94.5 kPa with an accuracy of +
0.1 kPa throughout the experiment, slightly below the local atmospheric pressure. The condenser
vent valve (K) was connected to a vacuum pump. The heating to the boiling chamber (B) was
started, and vapour and liquid were allowed to flow into the equilibrium chamber (E) through the
Cottrell pump (C). Due to gravity force, liquid flowed back into the mixing chamber (M).
Vapours were allowed to condense into the condenser (J) and flow back to the mixing chamber
via the vapour holding chamber (G), which gets recycled back to the boiling chamber so that

continuous recirculation of vapour and liquid was achieved in the still.
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0 4+—c—]

Figure 4.1. Schematic diagram of experimental vapour-liquid equilibrium setup; (A) electric
heater, (B) boiling chamber, (C) Cottrell tube, (E) equilibrium chamber, (D) drain valve, (F) feed
point, (G) condensate receiver, (H) liquid chamber, (1) liquid sampling point, (J) condenser, (K)
to vacuum pump, (L) magnetic stirrer, (M) mixing chamber, (N) coolant in, (O) coolant out, (P)

temperature sensor, (Q) vapour condensate sampling point.

Once the equilibrium condition was reached, the temperature of the equilibrium chamber was
recorded using the handheld thermometer provided by Wika, India (Model CTH 7000) with an
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accuracy of +0.01 K and a very small quantity of sample was taken from the sampling port to
analyze the composition. The same experimental process was repeated to obtain the VLE data of

various feed compositions with different salt concentrations.
4.2.3 Analysis

The standard samples of ethanol-water binary mixtures covering the whole composition
range from pure ethanol to pure water were prepared gravimetrically, and densities and refractive
indices were measured at 298.15 K, as given in Table 4.2. The density meter provided by
Rudolph Research Analytical, USA (Model number 2911 plus) was used to measure density with
an accuracy of 0.0001. The refractometer from Atago, Japan (Model-RX-7000i) was used to
measure the refractive index with an accuracy of +0.0001 and a resolution of 0.00001. The
calibration curves for density (p) and refractive index (nD) versus mole fraction of ethanol are
plotted; experimental data is also compared with the literature in Figures 4.2 and 4.3. The
findings indicate a strong correlation between experimental and literature data collected at 25 °C.
The appropriate polynomial equation was fitted to the data, and the respective calibration
equation was generated in Table 4.3. These equations were used to estimate the compositions of
ethanol by measuring the density or refractive index of the sample. Estimating the composition
of ethanol at higher concentrations using the refractive index was difficult due to the lower
difference in the refractive indices of the samples at higher concentrations of ethanol. It was
found that the estimation accuracy using density measurement was more even at higher ethanol
concentrations. Hence, the binary system of ethanol and water density measurements was

preferred to obtain the compositions.

In the case of the ternary system of ethanol, water and salt, the vapour phase composition
was analyzed using the density measurement. Salts are highly non-volatile; do not appear in the
vapour phase. The liquid phase composition was estimated using material balance calculations
across the VLE apparatus. Due to salt's extremely low volatility, it was anticipated that the salt

content in the liquid phase would be the same as that of the initially delivered feed.
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Table 4.2. Experimental values of density (p) and refractive index (np), mole fractions of ethanol
(x2) for water (1) + ethanol (2) mixture at 298.15 K. @

X2 p/g.cm™ No
0.000 0.9970 1.3324
0.020 0.9883 1.3354
0.042 0.9803 1.3388
0.076 0.9702 1.3438
0.090 0.9658 1.3458
0.121 0.9576 1.3495
0.143 0.9513 1.3517
0.165 0.9445 1.3537
0.207 0.9316 1.3562
0.240 0.9222 1.3578
0.282 0.9108 1.3593
0.318 0.9008 1.3603
0.362 0.8898 1.3612
0.416 0.8767 1.3620
0.478 0.8639 1.3625
0.532 0.8535 1.3628
0.615 0.8396 1.3629
0.690 0.8271 1.3626
0.780 0.8140 1.3621
0.802 0.8115 1.3619
0.861 0.8006 1.3613
0.885 0.8003 1.3610
0.894 0.7993 1.3609
0.944 0.7928 1.3602
1.000 0.7855 1.3594

a standard uncertainty u (T) = 0.01 K, u(p) = 0.0001, u (hp) = 0.0001

The ternary solution prepared with a known concentration of each component is called
feed solution (f). Once the complete recirculation was achieved in the VLE still, the feed solution
is constituted in three forms boiling mixture, vapour and liquid. The solution in the boiler is
mainly a boiling mixture (b). Vapour mixture (v) exists in the gaseous state before condensation

or in the liquid state after condensation in the vapour sampling chamber. Liquid mixture () exists
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mainly in the flow path between the equilibrium and mixing chambers. So the component mass

balance equations are represented as,

Wp1 = Wrq1 — Wy1 (1)
Wpo = Wro — Wy 2)
Wp3 = Wr3 (3)

Where w is the mass,

The salt weights added to the feed solution remain in the boiling mixture. As salts are highly
non-volatile, the vapour phase contains only a pure solvent or a binary mixture. Thus the mass of

each component in the vapour mixture (wy) is calculated as,

_ y1 My

Wo1 = (J’1M1+3’2M2) Vp (4)
_ Y2 M;

Wo2 = (y1M1+y2M2) Ve (5)

The mole fractions for components 1 and 2 in the vapour phase are y: and Yy, respectively. The
molecular weights of components 1 and 2 are My and Moy, respectively. V and p are the volume

and density of the vapour, and mass fractions of the salt (z3) are calculated as,

25 = () ©

Wp,1+Wp2tWp 3

Mole fractions of more volatile component (2) on salt-free basis is,

Wb,Z/MZ (7)
Wp1/M1+wWp 5/ My

! f—
Xp2 =
Mole fractions of more volatile component (2) on salt-free basis is,

! !
Xp2—Bny2
X2 = —b'f_ 37 (8)
n

Ph.D. Thesis CSIR-NCL Pune Page 125



Where f3;, represents the molar vapour to liquid circulation ratio on salt-free basis, liquid
concentration on salt basis is calculated as,

/
X
— L1
Xl'l B / / 21,3 x;1M1+x;2Mz (9)
xl.1+xl.2+(1—213) M3
x!
_ 12 1
Xl'z / / 21,3 x;1M1+x;2M2 ( 0)
xl.1+xl.2+(1—zl3> M3

Where x;; = 1—x/,

Experiments for ethanol and water without the addition of salts were performed to
validate the method for estimation of liquid phase composition using the material balance. In
these experiments, the liquid phase composition was estimated by a material balance calculation
and was compared with the values obtained by density measurements. The absolute standard
deviation calculated and analyzed liquid phase composition was less than 0.005.
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Figure 4.2. Calibration curve for the water (1) + ethanol (2) system with refractive index (np)

versus mole fraction of ethanol (x2); (#) measured values at 298.15 K, (==) polynomial equation.
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Figure 4.3. Calibration curve for the water (1) + ethanol (2) system with density (p) versus mole

fraction of ethanol (x2); (#) measured values at 298.15 K, (==) polynomial equation.

Table 4.3. Polynomial equation for calibration curves

Figure Polynomial Equation R?
RI Figure 4.2  y=-0.156x* + 0.416x> - 0.418x? + 0.185x + 1.332 0.999
Density  Figure 4.3 y = 0.125x% - 0.332x + 0.995 0.999

4.3 Results and Discussion

4.3.1 Experimental Data

The binary VLE data for the water (1) + ethanol (2) system was produced at 94.5 kPa in
order to validate the VLE still that is currently being utilized in this study, and it is listed in 4. 4.
xi and y; are the mole fractions of component i in liquid and vapour phase, respectively. T is the

equilibrium temperature. The experimental data obtained in this work agrees with the data
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estimated by the NRTL model using the Aspen Plus simulator with in-built binary interaction
parameters. Experimental data also agree with literature data, as shown in Figure 4.4. The
average absolute deviation of equilibrium temperature was 0.15 K, and vapour composition was
0.0037 between the experimental and estimated VLE data by the NRTL model.

Table 4.4. Isobaric vapour-liquid equilibrium data for temperature T, liquid phase mole fraction
Xi, and vapour phase mole fraction yi and relative volatility a for the binary system of water (1)
+ ethanol (2) at 94.5 kPa

T/IK X2 Y2 AT P Ay ¢ a1
349.66 1.000 1.000 0.09 0.000

349.62 0.958 0.955 0.02 0.000 0.923
349.58 0.879 0.882 0.00 -0.002 1.031
349.68 0.786 0.807 0.04 0.002 1.136
350.42 0.614 0.708 0.01 -0.001 1.528
351.49 0.472 0.646 -0.15 0.000 2.043
352.27 0.363 0.609 -0.06 -0.002 2.735
353.27 0.262 0.574 0.03 -0.005 3.789
354.40 0.188 0.539 0.17 -0.008 5.056
356.14 0.124 0.485 0.37 -0.009 6.652
358.39 0.079 0.412 0.59 -0.006 8.143
363.65 0.036 0.263 -0.14 0.007 9.636
367.00 0.018 0.160 -0.41 0.009 10.404
371.20 0.000 0.000 0.00 0.000

2 Standard uncertainty u are u(x)=u(yi)=0.005, u(T)=0.01K, u(P)= 0.1 kPa
b AT = Tcal — Texp

cal exp

CAy, =yi* -y,

The isobaric VLE data for the ternary system of water (1) + ethanol (2) + calcium
chloride (3), water (1) + ethanol (2) + zinc chloride and (3) water (1) + ethanol (2) + lithium
bromide (3) were measured at 94.6 kPa. The data was generated for all salts for the concentration
of 0.05, 0.10, and 0.15, by mass, in each experimental run which is listed in Tables 4.5 - 4.7,

respectively, where , x; is the mole fractions of ethanol in the liquid phase on the salt-free basis,
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y2 is the mole fraction of ethanol in the vapour phase, wz is the mass fractions of salt in the liquid
phase, x1 and x. are the mole fractions (on salt basis) of water and ethanol, respectively. T is the
equilibrium temperature, Y; is the experimental activity coefficient of component i, a1 is the

relative volatility of ethanol (2) to water (1) estimated by using the following equation,
(11)

Where x; (salt-free basis) and y; are mole fractions of component i in the liquid and vapour
phase, respectively.

1.0

08+

0.6

Y2

04+

0.2}

0.06- : : : : ,
0.0 0.2 0.4 0.6 0.8 1.0

X3

Figure 4.4. Isobaric vapour-liquid equilibrium data of the binary system of water (1) + ethanol
(2) at 94.5 kPa. (o) this work, (==) solid line estimated by NRTL model
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Table 4.5. Isobaric ternary vapour-liquid equilibrium data for temperature T, liquid phase mole
fraction salt-free basis X', X1 and X2 are the mole fractions (on salt basis) of water and ethanol,
respectively, liquid phase mass fraction of salt z, vapour phase mole fraction y, activity

coefficient y, relative volatility o21 for water (1) ethanol (2) + calcium chloride (3) at 94.5 kPa. ?

z3 (mass %) T/IK X'2 X1 X2 Y2 vl ¥2 o1
Around 5 %

5.17 349.97 1.000 0.000 0.978 1.000 0.989

5.17 349.92 0.880 0.118 0.862 0.920 1.519 1.036 1.567
5.11 350.01 0.757 0.238 0.743 0.849 1.414 1.107 1.797
5.16 350.31 0.605 0.388 0.595 0.764 1.342 1.231 2.106
5.16 350.79 0.472 0.520 0.465 0.699 1.251 1.419 2.603
5.16 351.58 0.362 0.629 0.358 0.655 1.150 1.678 3.342
5.16 352.48 0.273 0.718 0.270 0.614 1.090 2.012 4.224
4,53 353.60 0.199 0.793 0.197 0.575 1.041 2.480 5.443
5.15 355.12 0.136 0.855 0.134 0.530 1.003 3.160 7.180
5.16 357.66 0.082 0.909 0.081 0.448 1.002 4.030 9.130
5.16 362.77 0.036 0.955 0.036 0.297 0.998 4,941 11.147
5.17 371.43 0.000 0.991 0.000 0.000 0.993

Around 10 %

10.32 350.46 1.000 0.000 0.954 1.000 0.970

10.32 350.21 0.879 0.116 0.842 0.939 1.145 1.046 2.098
10.33 350.27 0.775 0.216 0.745 0.885 1.146 1.116 2.235
10.31 350.55 0.604 0.382 0.583 0.802 1.110 1.283 2.652
10.31 350.85 0.471 0.513 0.456 0.740 1.076 1.502 3.200
10.30 351.30 0.362 0.620 0.352 0.694 1.031 1.801 4.003
10.29 351.90 0.273 0.708 0.266 0.655 0.995 2.202 5.065
10.29 352.97 0.198 0.783 0.193 0.612 0.974 2.713 6.369
10.29 354.41 0.135 0.846 0.132 0.560 0.965 3.448 8.149
10.29 357.09 0.081 0.900 0.079 0.484 0.958 4.482 10.630
10.33 362.71 0.036 0.945 0.035 0.320 0.967 5.416 12.611
10.32 372.04 0.000 0.982 0.000 0.000 0.971

Around 15 %

15.47 351.11 1.000 0.000 0.929 1.000 0.946

15.45 351.04 0.879 0.113 0.821 0.955 0.811 1.030 2.914
15.44 350.98 0.775 0.212 0.727 0.912 0.854 1.119 3.006
15.44 351.03 0.603 0.375 0.571 0.838 0.891 1.317 3.389
15.43 351.14 0.470 0.504 0.447 0.782 0.893 1.571 4.034
15.43 351.41 0.361 0.611 0.345 0.729 0.907 1.888 4,771
15.42 351.83 0.272 0.699 0.261 0.688 0.903 2.324 5.893
15.42 352.70 0.197 0.773 0.190 0.650 0.886 2.925 7.548
15.41 353.99 0.134 0.836 0.130 0.604 0.882 3.804 9.844
15.40 356.29 0.081 0.890 0.078 0.520 0.918 4,998 12.386
15.42 363.66 0.035 0.936 0.034 0.348 0.893 5.903 14.870
15.47 373.31 0.000 0.971 0.000 0.000 0.928

2 Standard uncertainty u are u(x;) = u(yi) = 0.005, u (x'2) = 0.005, u(T) =0.01K, u(P) = 0.1 kPa

Ph.D. Thesis CSIR-NCL Pune Page 130



Table 4.6.1sobaric ternary vapour-liquid equilibrium data for temperature T, liquid phase mole
fraction salt-free basis X', X1 and X2 are the mole fractions (on salt basis) of water and ethanol,
respectively, liquid phase mass fraction salt z, vapour phase mole fraction y, activity coefficient

y, relative volatility o for water (1) ethanol (2) + zinc chloride (3) at pressure of 94.5 kPa. ?

z3 (mass %) T (K) X'2 X1 X2 Y2 i Y2 o1
Around 5 %

5.17 349.99 1.000 0.000 0.982 1.000 0.988

5.17 349.87 0.881 0.117 0.866 0.895 2.012 1.009 1.152
5.17 350.01 0.778 0.219 0.765 0.813 1.907 1.033 1.244
5.16 350.65 0.607 0.388 0.598 0.714 1.605 1.134 1.621
5.16 351.42 0.472 0.522 0.466 0.661 1.373 1.309 2.184
5.16 352.29 0.363 0.630 0.359 0.621 1.230 1.543 2.870
5.16 353.09 0.274 0.719 0.271 0.588 1.134 1.881 3.793
5.15 354.25 0.199 0.793 0.197 0.553 1.066 2.321 4.967
5.15 358.31 0.082 0.911 0.081 0.434 1.002 3.798 8.595
5.16 363.02 0.036 0.957 0.036 0.284 1.006 4.756 10.639
5.16 371.41 0.000 0.993 0.000 0.000 0.994

Around 10 %

10.31 350.41 1.000 0.000 0.963 1.000 0.972

10.31 350.13 0.881 0.115 0.850 0.903 1.827 1.008 1.267
10.32 350.27 0.777 0.216 0.752 0.823 1.786 1.035 1.330
10.33 350.71 0.606 0.382 0.589 0.724 1.543 1.147 1.706
10.31 351.40 0.472 0.515 0.459 0.667 1.349 1.323 2.246
10.30 352.14 0.363 0.622 0.354 0.631 1.203 1.580 3.007
10.29 353.23 0.274 0.711 0.268 0.595 1.108 1.895 3.908
10.28 354.35 0.199 0.785 0.195 0.558 1.049 2.335 5.076
10.28 355.86 0.136 0.849 0.133 0.515 1.005 2.982 6.754
10.28 358.42 0.082 0.903 0.080 0.437 0.992 3.815 8.716
10.29 363.54 0.036 0.949 0.035 0.286 0.983 4,711 10.776
10.31 371.50 0.000 0.985 0.000 0.000 0.990

Around 15 %

15.02 350.98 1.000 0.000 0.944 1.000 0.951

15.44 350.82 0.881 0.113 0.833 0.898 1.871 0.976 1.196
15.45 350.78 0.777 0.211 0.738 0.820 1.773 1.011 1.309
15.44 351.19 0.607 0.376 0.579 0.717 1.556 1.114 1.641
15.43 351.82 0.472 0.507 0.453 0.664 1.339 1.295 2.215
15.44 352.76 0.363 0.614 0.350 0.617 1.219 1.506 2.826
15.42 353.66 0.274 0.702 0.265 0.585 1.117 1.830 3.741
15.42 354.75 0.199 0.777 0.193 0.553 1.043 2.283 4,990
15.42 356.42 0.136 0.840 0.132 0.505 1.002 2.869 6.512
15.41 358.83 0.082 0.894 0.079 0.429 0.990 3.691 8.446
15.42 363.69 0.036 0.940 0.035 0.274 0.995 4.469 10.096
15.45 371.92 0.000 0.976 0.000 0.000 0.975

aStandard uncertainty u are u(x;) = u(yi) = 0.005, u (x'2) = 0.005, u(T) = 0.01K, u(P) = 0.1 kPa
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Table 4.7. Isobaric ternary vapour-liquid equilibrium data for temperature T, liquid phase mole
fraction salt-free basis X', x1 and x. are the mole fractions (on salt basis) of water and ethanol,
respectively, liquid phase mass fraction of salt z, vapour phase mole fraction y for water (1)
ethanol (2) + lithium bromide (3) at pressure of 94.5 kPa. 2

z3 (mass %) T (K) X"2 X1 X2 y2 v1 v2 o2l
Around 5 %

5.16 350.33 1.000 0.000 0.972 1.000 0.977

5.16 350.14 0.881 0.116 0.858 0.896 1.974 1.001 1.161
5.16 350.24 0.777 0.217 0.758 0.821 1.800 1.036 1.318
5.17 350.65 0.606 0.385 0.593 0.728 1.526 1.157 1.735
5.16 351.37 0.472 0.518 0.463 0.664 1.361 1.320 2.215
5.16 352.15 0.363 0.626 0.357 0.627 1.215 1.570 2.950
5.15 352.96 0.274 0.715 0.270 0.596 1.118 1.916 3.909
5.15 354.19 0.199 0.789 0.196 0.563 1.044 2.371 5.174
5.15 355.82 0.136 0.852 0.134 0.512 1.011 2.971 6.680
5.38 358.21 0.082 0.906 0.081 0.440 0.994 3.866 8.808
5.16 363.17 0.036 0.953 0.036 0.277 1.010 4.586 10.216
5.16 371.39 0.000 0.989 0.000 0.000 0.993

Around 10 %

10.31 372.07 0.000 0.977 0.000 0.000 0.969

10.29 363.39 0.036 0.940 0.035 0.289 0.984 4.760 10.874
10.29 358.11 0.082 0.894 0.079 0.451 0.977 3.996 9.267
10.29 355.76 0.136 0.840 0.132 0.522 0.992 3.040 6.964
10.29 354.26 0.199 0.777 0.193 0.574 1.013 2.416 5.430
10.29 353.05 0.273 0.703 0.265 0.609 1.077 1.953 4.133
10.29 352.01 0.363 0.614 0.350 0.650 1.147 1.637 3.259
10.30 351.29 0.471 0.508 0.453 0.694 1.242 1.386 2.550
10.30 351.05 0.605 0.377 0.579 0.763 1.303 1.197 2.100
10.30 350.90 0.776 0.213 0.738 0.854 1.427 1.050 1.683
10.30 351.01 0.776 0.212 0.738 0.852 1.434 1.044 1.664
10.31 350.30 1.000 0.000 0.943 1.000 0.978

Around 15 %

15.44 351.08 1.000 0.000 0.912 1.000 0.948

15.46 352.00 0.880 0.110 0.807 0.928 1.243 0.965 1.772
15.43 352.33 0.776 0.207 0.716 0.867 1.219 1.009 1.888
15.44 352.47 0.605 0.368 0.563 0.783 1.124 1.162 2.360
15.43 352.60 0.470 0.497 0.441 0.721 1.075 1.367 2.904
15.43 352.82 0.362 0.602 0.342 0.669 1.048 1.635 3.558
15.42 353.46 0.273 0.690 0.259 0.626 1.012 1.979 4.456
15.41 354.37 0.198 0.764 0.189 0.590 0.970 2.478 5.819
15.41 355.90 0.135 0.827 0.129 0.542 0.946 3.147 7.560
15.40 358.63 0.081 0.881 0.078 0.467 0.930 4.065 9.892
15.42 363.98 0.036 0.927 0.034 0.298 0.950 4.869 11.519

a Standard uncertainty u are u(x;) = u(yi) = 0.005, u (x'2) = 0.005, u(T) = 0.01K, u(P) = 0.1 kPa.
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Figure 4.5. Isobaric y-x' diagram for the system of water (1) ethanol (2) + calcium chloride (3) at

94.5 kPa; (o) salt free, (m) 5%, (A) 10 % and (e) 15 % wi/w salt; solid line correlated by

eNRTL model, x', liquid phase mole fraction (salt-free basis); y, vapour phase mole fraction.
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Figure 4.6. Isobaric y-x' diagram for the system of water (1) ethanol (2) + zinc chloride (3) at
94.5 kPa; (o) salt free, (m) 5%, (A) 10 % and (e) 15 % w/w salt; solid line correlated by

eNRTL model, x', liquid phase mole fraction (salt-free basis); y, vapour phase mole fraction.
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Figure 4.7. Isobaric y-x' diagram for the system of water (1) ethanol (2) + lithium bromide (3) at
94.5 kPa; (o) salt free, (m) 5%, (A) 10 % and (e) 15 % w/w salt; solid line correlated by

eNRTL model, x', liquid phase mole fraction (salt-free basis); y, vapour phase mole fraction.
4.3.2 Correlation of the VLE Data

Vapour-liquid phase equilibrium for component i can be expressed with following
equation 12, [30]

Vi(P-P§
yi®P = yix@fBeexp 101 (12)
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Where liquid and vapour mole fractions of a more volatile component i are represented
by xi and vyi, respectively. P is the system pressure, and the exponential term represents the
Poynting factor which is equal to one for the low-pressure system; thus above equation is

simplified to,
yiP = 7,x;P° (13)

WhereP®, is the saturation vapour pressure of the pure component i at temperature T,
which can be calculated by extended Antoine equation,

Cai

In(P? /kPa) = Cy; + /o~

+ CyT + CyInT + C, TS for Cgy << Cy

(14)

Where Cy; to Coi are the coefficients of pure components i, Csi and Coi represents the temperature
range limits, which were retrieved from the Aspen databank [31] and given in 4. 8.

Table 4.8. Parameters of the extended Antoine equation® of pure components [31]

Parameters C1 C, C:s Cs G5 Cs C; GCs Co
ethanol 66.3962 -7122.3 O 0 -7.1424  29¢e% 2 159.0 514
water 66.7412 -7258.2 O 0 -7.3037 4.2e% 2 273.16 647.1

@ \Where P is in kPa, and T is in K.

The Activity coefficient for a component i can be obtained by taking the partial derivative

of the excess Gibbs free energy model with respect to n; as follows [30]

Iny, = [@] (15)

T,P,n]- #i

The liquid phase activity coefficient (yi) can be calculated using the electrolyte non-
random two-liquid model (e-NRTL) proposed by Chen et al. [32] and Mock et al.[33] for mixed
solvent electrolyte systems based on two fundamental assumptions like ion repulsion and local

electro-neutrality. The following equation gives the Excess Gibbs free energy model,
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G /RT = (G""/RT) + (Gi”®°™ /RT) + (Gjv'*/RT)
(16)

This can lead to,

*Born
i

Iny; = lny;‘PDH + Iny + lny;klc (17)

In multicomponent electrolyte systems, the long-range interaction contribution accounts
with the Pitzer-Debye-Huckel (PDH) [34] formula, which can be represented by the following

expression,
G:EPDH /RT — (3, %,)(1000,/M,)*/2 (4A¢Ix/p) In(1 + pI;/Z) (18)

Where xi is the mole fraction of component i, Ms is the molecular weight of solvent, p is
the closest approach parameter, A,is the Debye-Huckel parameter. is given by the following

expression,

A, = (1/3)(2nN4ds/1000)*/%(Q2/€KT)3/2 (19)
And Iy is the ionic strength as given by,

I, = (1/2) ;%22 (20)

Where Na is the Avogadro’s number, k is the Boltzmann constant, ds is the mass density
of solvent, € is the dielectric constant of the solvent, Q. is the electron charge, T is the

temperature , z; is charge number of ion, The expression for activity coefficient is given as,

InyPPH = —(1000/M)?A,[(222/p)In(1 + ply/?) + (221/% — 217/%) /(1 +p1/*)]  (21)
The Born are equations represented by the following equations, [34]

GiEBor™ /RT = (Q3/2KDI(1/e5) — (1/64)] £ 22 1072 (22)

An expression derived for the activity coefficient of from born equation [35] is,
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Iny;Por™ = (QZ/2kT)[(1/e5) — (1/e)]1(z{/1;)1072 (23)
Where &w is the dielectric constant of water, ri is the Born radius, dielectric constants for
each component used for thermodynamic modeling are given in Table 4.9

Table 4.9. Coefficients of dielectric constant equation?

Parameters A B C
Ethanol 24.1113 12601.6 298.15
H,O 78.54 31989.4 298.15

T

The local interaction contribution excess Gibbs energy obtained with local composition NRTL
equation. For electrolyte system containing molecular species (m), cation (c), and anion (a) can

be expressed as follow,

*E,lc

e = En i () + Eerene (E5E0) + Zomama (20e) @
Where

X; =Cx; =C; (%) ,i=m,ca (25)
N =N = YyNy + XN+ Xang (26)
Gy = exp(ai]- ‘Ci]-) (27)

Where t; is binary energy parameter and aij is the non-randomness factor, represent the binary

energy interaction parameter

For molecule- molecule T is,

il (28)

Ti]' = Cij + T

For molecule- electrolyte tj; is,
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Tj = G + % + € [@ + In (T;Fef)] (29)

Where Tres is the reference temperature, cij, dij, and ej; are adjustable parameters obtained
from regression of the VLE data in Aspen Plus. Other physical properties of the components
required, such as ideal gas heat capacity and heat of vaporizations, were obtained by retrieving
the coefficients of the respective equation from the Aspen Plus [31], given Tables 4.10 and 4.11,
respectively.

Table 4.10. Coefficients of ideal gas heat capacity model equation®

Parameters C: C Cs Cs Cs Cs

Ethanol 9014.18 214.071  -0.0839035 1.37327¢%® 0 0

H20 33738.1 -7.01756 0.0272961  -1.66465¢%  4.2976e®°  -4.1696e13
Parameters Cy Cs Co Cuo Cu

Ethanol 300 1318.4 33256 5.6902 1.5161

H20 200 3000 33256 1.8978e¢*°  9.2846

€ = Cyj + Cyy T+ C5T2 + €4y T3 + C5T* + CT® for €5 < T < Cy

C;g = Coj + Cyi T2 for T < C;

Table 4.11. Coefficients of heat of vaporization model equations

Parameters AyapH;(Ty) T: ai bi Tmin
Ethanol 3.87698¢*"" 351.5 0.387894 0 159.1
H.0? 4.06831e*"" 373.2 0.310646 0 273.2

1_T/Tci )ai+bi(1—T/Tci)

 AyapHi (T) = Ay By (Ty) (1_T1 . for T > Tynin

Where A,,,H;(T;) = Heat of vapoursization at reference temperature T;

AvapHi (T) is heat of vaporization at temperature T, Ty and T are reduced and critical temperatures of

component i, respectively.

The binary interaction parameters for the electrolyte-NRTL model are determined using

experimental vapour-liquid equilibrium data in the Aspen data regression system (DRS) in Table
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4.12. While performing the regression of the VLE data maximum likelihood principle was used
as an objective function with the Deming initialization method and Britt-Luecke algorithm.

Table 4.12. Binary interaction parameter for the eNRTL Model

Component i Component j Tij Tij ojj
ethanol water 0.02 1.49 0.3
Water CaCl 12.23 -5.49 0.2
ethanol CaCl 27.26 -13.88 0.051
water ZnCl 10.30 -4.88 0.2
ethanol ZnCl 114.13 -57.16 0.012
water LiBr 11.47 -5.45 0.2
ethanol LiBr 55.0 --26.96 0.0275

Table 4.13. The root-mean-square deviation (RMSD) for the equilibrium temperature (T) and

vapour phase mole fraction (y1) for the eNRTL model

Salt ws (%0) RMSP
Y1 T/IK
Calcium Chloride 5 0.010 0.23
10 0.005 0.15
15 0.006 0.34
Zinc Chloride 5 0.008 0.24
10 0.008 0.25
15 0.009 0.44
Lithium Bromide 5 0.006 0.15
10 0.007 0.24
15 0.006 0.41
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The root-mean-square deviation (RMSD) between the experimental and calculated values
for the equilibrium temperature (T) and vapour phase mole fraction of ethanol (y.) are expressed

as follows,
RMSD (Tl) — ( %\Izl(Tical _ Tiexp)Z/N)O.S (30)
RMSD (yp) = (I, (v - y{™®)"/ N)o'5 (31)

The values for RMSD (y) and RMSD (T) are given in Table 4.13, which are less than 0.01 and
0.44 K, respectively. According to the calculated values of RMSD for equilibrium temperature
and vapour phase mole fraction, the eNRTL model is suitable for the VLE analysis of the ternary

system of water + ethanol + salts.
4.3.3 Thermodynamic Consistency Test

The thermodynamic consistency of all experimental results was examined using the van
Ness test to ensure the accuracy of the VLE data acquired [36, 37]. The following is the Van

Ness test equation

1

Ay = T Ay = T, 100]yf — y 7| (32)

N is the number of experimental the data and, y* and yf* the mole fraction of
component i in the vapour phase obtained experimentally and calculated by the eNRTL model,
respectively. According to this method, the measured VLE data are to be thermodynamically
consistent if Ay is less than one. The results obtained for van Ness test [36, 37] for Ay are 0.854,
0.413 and 0.473 for a system of water + ethanol + calcium chloride, 0.765, 0.672, 0.666 for the
system of water + ethanol + zinc chloride, 0.462, 0.503, 0.414 for the system of water + ethanol
+ lithium bromide at a constant salt concentration of 0.05, 0.1 and 0.15 (mass fraction),
respectively. As each value of Ay obtained for all the salt system are less than 1, it indicates that
the experimental vapour-liquid equilibrium results obtained in this work are thermodynamic

consistency.

4.3.4 Effect of Salts on Vapour-Liquid Equilibrium
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The isobaric y-x' and -x diagrams for ternary systems of water + ethanol + calcium
chloride, water + ethanol + zinc chloride, and water + ethanol + lithium bromide were included
and plotted, respectively, to study the impact of salt concentration on the vapour-liquid
equilibrium of the ethanol and water azeotropic system. It can be seen from these figures that the
equilibrium curve intersects the diagonal line at the azeotropic point before the addition of the
entrainer. As water is highly polar, the interaction between salt and water becomes much
stronger with increasing salt concentration than between salt and ethanol. Thus ethanol
concentration shifts from azeotropic composition to pure ethanol. As shown in Figure 4.5, the
ethanol concentration in the vapour phase increases with the addition of the calcium chloride
salt, this result in the upward shifting of the equilibrium curve with the addition of calcium
chloride. As the content of calcium chloride increases, the degree of curve shift increases. It
means that calcium chloride exhibited a stronger salting-out effect on ethanol, which leads to the
complete elimination of the azeotropic point. On the other hand, zinc chloride and lithium
bromide exhibited a significantly less salting-out effect on ethanol, resulting in a slight shift in

azeotropic composition at higher concentrations of zinc chloride.

16

Xz
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Figure 4.8. Relative volatility (a21) for the system of water (1) ethanol (2) + calcium chloride (3)
at 94.5 kPa; (o) salt free, (m) 5 %, (A) 10 % and (e) 15 % w/w salt; solid line correlated by
eNRTL model, x', liquid phase mole fraction (salt-free basis).

The effects of all the salts on the relative volatility of ethanol to water are presented in
Figs.8-10. The relative volatility can also express the separation ability for all salts. The higher
the relative volatility better is the separation of the azeotrope. The calcium chloride salt could
eliminate the azeotrope formed by ethanol and water, while zinc chloride could not help when
the mass fraction of zinc chloride was up to 0.05; only a slight shift in azeotropic composition
was observed in the case of zinc chloride as entrainer. Thus, calcium chloride can be a better
entrainer choice than zinc chloride and lithium bromide in separating ethanol and water

azeotropic systems.

12

10 |

U1
o

Xz

Figure 4.9. Relative volatility (a21) for the system of water (1) ethanol (2) + zinc chloride (3) at
94.5 kPa; (o) salt free, (m) 5%, (A) 10 % and (e) 15 % w/w salt; solid line correlated by

eNRTL model, x', liquid phase mole fraction (salt-free basis).
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Figure 4.10. Relative volatility (o21) for the system of water (1) ethanol (2) + lithium bromide (3)
at 94.5 kPa; (o) salt free, (m) 5 %, (A) 10 % and (e) 15 % wi/w salt; solid line correlated by

eNRTL model, x', liquid phase mole fraction (salt-free basis).

Ph.D. Thesis CSIR-NCL Pune Page 144



V2

x;

Figure 4.11. Isobaric y-x' diagram for water (1) ethanol (2) + salt (3) system, ( o ) salt free, (A)
15 % ZnCl, and (e ) 15 % CaCl, w/w salt (this study), (o) 16.7 % CaCl, w/w salt [24], (A) 0.04
molar concentration of MgCl, [14] X', liquid phase mole fraction (salt-free basis); y, vapour

phase mole fraction.

For water+ ethanol+ salt ternary system equilibrium diagram is plotted for comparing the
experimental data with literature data as shown in Fig 11; the result shows that experimental data
is in good agreement with the literature data. It is observed that from Fig 12, the shift in
equilibrium curve in the case of CaCl, was more as compared to ZnCl, and LiBr when all salts
have the same concentration of 15 %, So it can be concluded that CaCl, will act as a good

entrainer as compared to ZnCl, and LiBr for separation of ethanol + water azeotropic mixture.
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Figure 4.12. Isobaric y-x' diagram for water (1) ethanol (2) + salt (3) system, ( o) salt free, (m)
15 % ZnClp, and (e ) 15 % CaCl, w/w salt, ( A ) 15 % LiBr w/w salt X', liquid phase mole

fraction (salt-free basis); y, vapour phase mole fraction.
4.3.5 Extractive Distillation Configuration

An Extractive distillation configuration is proposed with CaCl, salt as an extractive
entrainer and analyzed through the steady state simulations for feasibility of the separation of an
ethanol and water mixture, as shown in Fig 13. The binary interaction parameter obtained in this
work was utilized as the basis for the simulation. This method involves directly introducing the
aqueous ethanol solution having 85 mole % of ethanol composition with a flow rate of 100
kmol/h at intermediate stage and salt with flow rate of 3.4 kmol /h fed at the top stage of the salt
extractive distillation column, where the anhydrous ethanol is produced as a distillate. The

operating conditions of the salt extractive distillation column utilized in the concentrated ethanol
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feed process are also shown in Table 4.14. It was found that almost 99.9 mole % of ethanol was
obtained from the distillate stream, as shown in Table 4.15. The salt distillation column's bottom
product, essentially an aqueous solution containing calcium chloride, may be recovered using the

evaporation system.

> SALT
|::> FEED

Figure 4.13. EDC column using CaCl; as an entrainer

Table 4.14. Preliminary EDC column configuration

Parameter Value
NT 37
NTs 2

NTF 31

RR (molar) 0.4
S/F Molar ratio 0.034
P (atm) 1
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Table 4.15. Preliminary stream results for EDC column

Parameter Units FEED SALT DIST BOT
Temperature C 78 75 78.35 156.08
Mole Flows kmol/hr 100 34 85 18.4
Ethanol 0.85 0 0.9993 0.0031
mole fractions
Water 0.15 0 0.0007 0.8122
CaCl, 0 1 1.53E-26 0.1848

4.4 Conclusions

The isobaric vapour-liquid equilibrium (VLE) data for binary ethanol + water and ternary
system of ethanol + water + calcium chloride and ethanol + water + zinc chloride and ethanol +
water + lithium bromide with constant mass fractions of salts of 0.05, 0.1 and 0.15, respectively,
were determined at 94.6 kPa. The experimental data was found to be thermodynamically
consistent using the van Ness test. Comparing the experimental data of binary and ternary
systems showed that the azeotropic point of the ethanol-water system shifts with the addition of

salt. In the case of adding CaCl and LiBr, complete elimination of azeotrope was observed.

In contrast, a slight shift in azeotropic point was observed in the case of ZnCly, so it can
be concluded that CaCl, can be a better entrainer in separating ethanol and water using extractive
distillation. After performing a preliminary design of the salt extractive distillation column, it
was found that the distillate stream contained over 99.9 moles percent ethanol. The electrolyte
non-random two-liquid (eNRTL) model was used to correlate the VLE for the ternary system of
water + ethanol + CaCly/ ZnCl/LiBr result showed that the eNRTL model agreed well with

experimental data.
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Chapter 05

Isobaric Vapour-Liquid Equilibrium
Measurements and Modeling of Binary
Systems of Methylcyclohexane with

Toluene, Anisole, and NEP at 92 kPa
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Chapter 5 Isobaric Vapour-Liquid Equilibrium Measurements and Modeling
of Binary Systems of Methylcyclohexane with Toluene, Anisole, and NEP at

92 kPa

Abstract

Methylcyclohexane and toluene are challenging to separate by simple distillation; thus,
anisole and NEP were explored as separating agents for the extractive distillation of this mixture.
The influence of the anisole and NEP on the VLE behaviour of the system was analyzed. The
isobaric vapour-liquid equilibrium (VLE) data for the binary systems methylcyclohexane +
toluene, methylcyclohexane + anisole, toluene + anisole, methylcyclohexane + NEP, toluene +
NEP were measured at 92.0 kPa. The NRTL, UNIQUAC, and Wilson thermodynamic activity
coefficient models were used in the regression of experimental data to obtain the binary
interaction parameters. All three activity coefficient models were able to correlate the
experimental VLE behaviour. The Van Ness and the infinite dilution test confirmed the

thermodynamic consistency of the experimental VLE data.
5.1 Introduction

Aromatic compounds are fundamental building blocks for creating synthetic rubber,
plastic, fiber, and other materials [1]. The chemical industry's primary challenge
is separating aromatic and non-aromatic mixtures. Due to numerous aromatic and non-aromatic
components being close to boiling and showing azeotropic behaviour, conventional distillation is
not a viable solution for this type of separation. Several solvent-based processes, such as liquid-
liquid extraction, azeotropic distillation, and extractive distillation, can be used to achieve this.
However, extractive distillation was often a better option when compared to alternative

technologies [1].

A highly polar organic solvent called 1-Ethyl-2-pyrrolidinone (NEP) can be used in
several industrial separation procedures due to its excellent physical characteristics, high boiling
point, low volatility, and solubility [2]. Despite being used in numerous industrial applications,
additional information on thermodynamic vapour-liquid equilibrium for systems generating

binary combinations with NEP must be included in the literature. Anisole has been widely used
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as an industrial solvent in distillation separation [3]. In this study, we investigated using NEP and
anisole as extractive entrainers to separate the binary combination of methylcyclohexane and

toluene.

The literature reports the isobaric VLE data for the binary system of methylcyclohexane
+ toluene at various constant pressures [4-9]. For the binary system of toluene + anisole [3],
isobaric VLE data is presented at 101.325 kPa. NIST [10] data bank confirmed no isobaric VLE
data for methylcyclohexane + anisole, methylcyclohexane + NEP, and toluene + NEP published
in the literature. The VLE data for each component with both entrainers is necessary to derive
the binary interaction parameter of the activity coefficient models, which is used in the design
and modelling of distillation configurations to separate methylcyclohexane and toluene.

This study aims to examine potential entrainers on the VLE behaviour of
methylcyclohexane and toluene systems for extractive distillation, including the effects of
anisole and NEP. The isobaric VLE data for a binary mixture of methylcyclohexane + toluene,
methylcyclohexane + anisole, toluene + anisole, methylcyclohexane + NEP, toluene + NEP were
measured at 92.0 kPa. Van Ness test [11] and Infinite dilution test [12] can be applied to check
the thermodynamic consistency of the experimental data. The measured VLE data was regressed
by the nonrandom two-liquid (NRTL) [13], universal quasi-chemical (UNIQUAC) [14], and
Wilson [15] thermodynamic activity coefficient model to obtain the binary interaction

parameters.

The isobaric VLE data for a binary mixture of methylcyclohexane + toluene,
methylcyclohexane + anisole, toluene + anisole, methylcyclohexane + NEP, toluene + NEP were
measured at 92.0 kPa. Van Ness test [11] and Infinite dilution test [12] can be applied to check
the thermodynamic consistency of the experimental data. The measured VLE data was regressed
by the nonrandom two-liquid (NRTL) [13], universal quasi-chemical (UNIQUAC) [14], and
Wilson [15] thermodynamic activity coefficient model to obtain the binary interaction

parameters.

Ph.D. Thesis CSIR-NCL Pune Page 155



5.2 Experimental
5.2.1 Materials/Chemicals

Methylcyclohexane, toluene, anisole and NEP used in this work were analytical reagents
purchased from commercial sources. All of these chemicals are used as it is without any further
purification. The details of the reagents, such as CAS number, molecular weight, refractive index

and purity, are listed in Table 5.1.

Table 5.1. Detailed specification of chemicals used

MW/g np at 298.15 K?
Component CAS No.  Source o purity

mol Exp Lit
Methylcyclohexane 108-87-2  Loba Chemie Pvt. Ltd. 98.19 0.990 1.42052 1.42058 [6]
Toluene 108-88-3  Loba Chemie Pvt. Ltd. 92.14 0.998 1.49348 1.49413[6]
Anisole 100-66-3  Loba Chemie Pvt. Ltd. 108.14 0.990 1.51440 1.5143][3]
NEP 2687-91-4 Spectrochem Pvt. Ltd. 113.16 0.990 1.46427

aStandard uncertainties u for np measurements are u (np) = 0.0001, u (T) = 0.01 K.
5.2.2 Apparatus and Procedure

Glass dynamic circulation equipment operating at 92.0 kPa was used to determine the
binary VLE data. We previously reported on the VLE apparatus's specifications and reliability
[16, 17]. We used a vacuum pump SC920G Model from KNF, Germany, to maintain a consistent
pressure of 92.0 kPa during the experimental runs. This pump validated the pressure of 92.0 kPa
with an accuracy of 0.1 kPa throughout the experiments. During the experimental run, liquid and
vapour phases continuously recirculated to attain equilibrium. The constant temperature reading
confirmed the equilibrium condition for at least 30 to 60 min. The temperature at the equilibrium
state was noted using a thermometer (CTH 7000 model) supplied by Wika, India, with an
accuracy of £0.01 K. A small sample of both vapour and liquid phases was withdrawn through a

sampling knob using a glass syringe for analysis.

Ph.D. Thesis CSIR-NCL Pune Page 156



5.2.3 Analysis

The equilibrium compositions of the binary mixtures in vapour and liquid phases were
measured with the help of refractive index measurement. The calibration curve for each binary
system is generated by measuring the refractive index of gravimetrically prepared standard
binary samples using an electronic weighing balance having an accuracy of £0.0001g, covering
the entire composition range. The refractive index for every standard sample was measured at
298.15 K using Atago, Japan (Model-RX-7000i), having an accuracy of £0.0001 and a resolution
of 0.00001. Figures 5.1 to 5.5 show the calibration curves produced for each binary system. The
second-order polynomial equation fitted to the refractive index vs mole fractions of more volatile
components data for each binary pair is listed in Table 5.2. These equations back-calculate the
mole fractions of more volatile components in each binary mixture from its refractive index of
298.15 K.
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Figure 5.1. Calibration curve for the methylcyclohexane (1) + toluene (2) system with refractive
index (np) versus mole fraction of methylcyclohexane (x1); (m) measured values at 298.15 K,

(==) polynomial equation.

Ph.D. Thesis CSIR-NCL Pune Page 157



1.520

1.500 -

1.480 -

o 1460 -

1.440 -

1.420 - g

1.400

0.0 0.2 0.4 0.6 0.8 1.0
Mole fractions of Methylcyclohexane, x;

Figure 5.2. Calibration curve for the methylcyclohexane (1) + anisole (2) system with refractive

index (np) versus mole fraction of methylcyclohexane (X1); (m) measured values at 298.15 K,

(==) polynomial equation.
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Figure 5.3. Calibration curve for the methylcyclohexane (1) + NEP (2) system with refractive
index (np) versus mole fraction of methylcyclohexane (x1); (m) measured values at 298.15 K,

(==) polynomial equation.
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Figure 5.4. Calibration curve for the toluene (1) + NEP (2) system with refractive index (np)

versus mole fraction of toluene (x1); (w) measured values at 298.15 K, (==) polynomial equation.
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Figure 5.5. Calibration curve for the toluene (1) + anisole (2) system with refractive index (np)

versus mole fraction of toluene (x1); () measured values at 298.15 K, (==) polynomial equation.
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Table 5.2. Fitted polynomial equation for calibration curves

System Figure Polynomial Equation R?

Methylcyclohexane (1) + Toluene (2) Figure 5.1 y=0.0212x? - 0.0940x + 1.4933  1.0000
Methylcyclohexane (1) + Anisole (2)  Figure 5.2 y=0.0220x? - 0.1161x + 1.5145  1.0000
Methylcyclohexane (1) + NEP (2) Figure 5.3 y=0.0017x?- 0.0463x + 1.4648  0.9997
Toluene (1) + NEP (2) Figure 5.4 y=-0.0098x? + 0.0395x + 1.4639 0.9997

Toluene (1) + Anisole (2) Figure 5.5 y=-0.0025x? - 0.0182x + 1.5143  1.0000

5.3 Results and Discussion

5.3.1 Experimental Results

The isobaric vapour liquid equilibrium data for the binary mixtures of methylcyclohexane
+ toluene, methylcyclohexane + anisole, toluene + anisole, methylcyclohexane + NEP, toluene +
NEP were measured at 92.0 kPa. Table 5.3 - 5.7 lists the measured VLE values, and Figure 5.6 -
5.10 displays Txy diagrams. Table 5.3 - 5.7 also includes relative volatility and activity
coefficient information. The Txy plot in Figure 5.6 shows that the methylcyclohexane and
toluene system exhibits a pinch towards pure methylcyclohexane due to decreased relative
volatility values. Therefore, simple distillation to separate this binary combination requires a
very high reflux ratio. Adding different stages also increases energy consumption and capital
costs. Extractive distillation with the right entrainer may be a viable choice to separate this low
relative volatility system. As shown in Figure 5.7 - 5.10, no azeotropic behaviour is observed
between methylcyclohexane + anisole, methylcyclohexane + NEP, toluene + anisole and toluene
+ NEP, which indicates that they can be used as an entrainer in extractive distillation of

methylcyclohexane and toluene.
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Table 5.3. Vapour-liquid equilibrium data for the binary system of methylcyclohexane (1) +
toluene (2) temperature T in K, liquid phase mole fraction (x1), vapour phase mole fraction (y1),
activity coefficients (y;) and relative volatility (a12) at 92.0 kPa.

T(K) X1 Y1 y1 Y2 12
380.44 0.0000 0.0000 1.0008

379.43 0.0433 0.0698 1.2553 1.0021 1.66
378.35 0.0954 0.1445 1.2147 1.0061 1.60
376.8 0.1891 0.2613 1.1564 1.0145 1.52
375.43 0.2895 0.3709 1.1137 1.0272 1.45
374.4 0.3817 0.4612 1.0810 1.0427 1.39
373.42 0.4827 0.5531 1.0538 1.0648 1.33
372.64 0.5828 0.6385 1.0301 1.0936 1.26
371.88 0.6922 0.7308 1.0143 1.1298 1.21
371.31 0.7911 0.8145 1.0054 1.1673 1.16
370.87 0.8941 0.9037 0.9995 1.2117 1.11
370.65 0.9494 0.9535 0.9994 1.2328 1.09
370.48 1.0000 1.0000 1.0000

aStandard uncertainties u are u(x1) = 0.001, u(y:) = 0.001, u(T) = 0.1 K, u(P) = 0.1 kPa.

Table 5.4. Vapour-liquid equilibrium data for the binary system of methylcyclohexane (1) +
anisole (2) temperature T in K, liquid phase mole fraction (x1), vapour phase mole fraction (yi,

activity coefficients (yi) and relative volatility (a12) at 92.0 kPa.

T(K) X1 Y1 V1 V2 a2
423.42 0.0000 0.0000 1.0002

414.21 0.0357 0.2586 2.4023 0.9964 9.42
403.49 0.0959 0.4964 2.1934 0.9933 9.29
397.78 0.1417 0.6008 2.0598 0.9914 9.12
387.19 0.2875 0.7608 1.6772 1.0130 7.88
382.16 0.4205 0.8292 1.4267 1.0575 6.69
380.11 0.4923 0.8542 1.3265 1.1075 6.04
377.87 0.5897 0.8798 1.2123 1.2237 5.09
375.79 0.6956 0.9070 1.1222 1.3759 4.27
373.74 0.8086 0.9380 1.0573 1.5727 3.58
372.00 0.9062 0.9676 1.0223 1.7888 3.09
371.24 0.9529 0.9827 1.0090 1.9570 2.81
370.48 1.0000 1.0000 1.0000

aStandard uncertainties u are u(x1) = 0.001, u(y1) = 0.001, u(T) = 0.1 K, u(P) = 0.1 kPa
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Table 5.5. Vapour-liquid equilibrium data for the binary system of methylcyclohexane (1) + NEP
(2) temperature T in K, liquid phase mole fraction (x1), vapour phase mole fraction (y1), activity

coefficients (yi) and relative volatility (a12) at 92.0 kPa.

T(K) X1 y1 V1 V2 o1
370.48 1.0000 1.0000 1.0000

371.57 0.9568 0.9920 1.0049 7.6607 5.60
372.24 0.9368 0.9891 1.0040 6.9252 6.12
373.45 0.8169 0.9833 1.1061 3.4716 13.20
375.07 0.7138 0.9796 1.2050 2.5274 19.25
376.18 0.6264 0.9773 1.3283 2.0531 25.68
379.02 0.4917 0.9716 1.5560 1.6716 35.37
384.11 0.3823 0.9635 1.7313 1.4292 42.65
389.56 0.2940 0.9529 1.9327 1.2945 48.58
408.01 0.1446 0.9044 2.3858 1.0840 55.96
431.14 0.0725 0.7883 2.5176 1.0255 47.64
44211 0.0515 0.7062 2.5564 0.9989 44.27
486.77 0.0000 0.0000 1.0000

aStandard uncertainties u are u(xi1) = 0.001, u(y:) = 0.001, u(T) = 0.1 K, u(P) =0.1 kPa

Table 5.6. Experimental VLE data for the binary system of toluene (1) + NEP (2) temperature T
in K, liquid phase mole fraction (x1), vapour phase mole fraction (y1), activity coefficients (i)

and relative volatility (a:2) at 92.0 kPa.

T(K) X1 Y1 V1 V2 a
380.44 1.0000 1.0000 1.0008

381.48 0.9701 0.9991 1.0002 0.8119 34.22
383.01 0.9236 0.9976 1.0039 0.7951 34.38
386.41 0.8294 0.9937 1.0114 0.8131 32.44
389.58 0.7501 0.9892 1.0195 0.8379 30.51
393.49 0.6600 0.9821 1.0345 0.8755 28.26
399.86 0.5374 0.9670 1.0576 0.9310 25.22
408.25 0.4079 0.9407 1.0965 0.9632 23.03
416.1 0.3210 0.9089 1.1139 0.9827 21.10
432.55 0.2016 0.8135 1.0943 1.0046 17.27
458.39 0.0820 0.5488 1.0742 1.0029 13.62
465.91 0.0558 0.4352 1.0874 1.0005 13.04
486.75 0.0000 0.0000 1.0005

aStandard uncertainties u are u(x1) = 0.001, u(y1) = 0.001, u(T) = 0.1 K, u(P) = 0.1 kPa
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Table 5.7. Experimental VLE data for the binary system of toluene (1) + anisole (2) temperature

T in K, liquid phase mole fraction (x1), vapour phase mole fraction (y1), activity coefficients (i)

and relative volatility (o12) at 92.0 kPa.

T(K) X1 y1 V1 yz a2
380.44 1.0000 1.0000 1.0008

381.66 0.9501 0.9833 0.9999 1.2220 3.09
382.62 0.9143 0.9709 0.9980 1.1989 3.13
385.06 0.8171 0.9352 1.0036 1.1496 3.23
387.71 0.7212 0.8959 1.0113 1.1070 3.33
390.55 0.6227 0.8496 1.0272 1.0746 3.42
394.09 0.5100 0.7859 1.0542 1.0486 3.53
397.56 0.4133 0.7175 1.0834 1.0336 3.61
401.55 0.3191 0.6326 1.1156 1.0217 3.67
406.87 0.2140 0.5041 1.1590 1.0152 3.73
414.48 0.1002 0.2959 1.2072 1.0062 3.77
418.37 0.0532 0.1754 1.2297 1.0024 3.79
423.42 0.0000 0.0000 1.0002

aStandard uncertainties u are u(xi1) = 0.001, u(y:) =0.001, u(T) = 0.1 K, u(P) =0.1 kPa
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Figure 5.6. Txy diagram for methylcyclohexane (1) + toluene (2) at 92 kPa. (@) T-x experimental
(m) T-y experimental; (- - - -) NRTL, (—) Wilson, (...) UNIQAC model.
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Figure 5.7. Txy diagram for methylcyclohexane (1) + anisole (2) at 92 kPa. (®) T-x experimental
(m) T-y experimental; (- - - -) NRTL, (—) Wilson, (...) UNIQAC model.
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Txy diagram for methylcyclohexane (1) + NEP (2) at 92 kPa. (®) T-x experimental
(m) T-y experimental; (- - - -) NRTL, (—) Wilson, (...) UNIQAC model.
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Figure 5.9. Txy diagram for toluene (1) + NEP (2) at 92 kPa(®) T-x experimental (m) T-y
experimental; (- - - - ) NRTL, (—) Wilson, (...) UNIQAC model.
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Figure 5.10. Txy diagram for toluene (1) + anisole (2) at 92 kPa. (®) T-x experimental (m) T-y
experimental; (- - - -) NRTL, (—) Wilson, (...) UNIQAC model.

5.3.2 Data Regression

The relationship for vapour-liquid phase equilibrium of any binary mixture containing

component i can be expressed by equation [18].

v;(P-P}
yi®{P = v}x®{Pexp [%] 1)

Liquid and vapour phase mole fractions for component i are denoted by xi and yi,

respectively. P denotes the total pressure of the system. In this case, the exponential term
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representing the Poynting factor is equal to one, as the experimental data was determined at low
pressure. yi denotes to activity coefficient. The fugacity coefficients (®Pi) for a component i in
both the vapour phase and liquid phase is assumed to be unity due to low pressure; thus above

equation is simplified to,
yiP = 7,x;P° (2)

The saturated vapour pressure (P°) at temperature T of any pure component i was
determined by the extended Antoine equation,

Cai

In(P? /kPa) = Cy; + /o~

+ C4iT + CsilnT + C6iTC7i for C8i <T< C9i (3)

Where Ci; to Coi are the parameters for the extended Antoine equation for pure components i,
obtained from the Aspen physical property databank and are listed in Table 5.8, Cgi and Coi sShow
the limits of temperature range used in Eq.(3),

Table 5.8. Parameters of the extended Antoine equation

Parameter Ci C Cs Cs GCs Cs C: Cs Co
Methylcyclohexane 85.7762 -7080.8 0 0 -10.695 8.14E-06 2 146.58 572.1
Toluene 70.0372 -67298 0 0 -8.179 530E-06 2 178.18 591.75
Anisole 121.152 -9307.7 0 O -16.693 0.014919 1 235.65 645.6
NEP 08.8222 -10022 0 O -12.153 6.28E-06 2 266.7 736.1

The experimental isobaric VLE data were regressed by NRTL [13], UNIQUAC [14] and
Wilson [15] thermodynamic model using the Aspen plus V10 data regression system; the
obtained binary interaction for binary systems is given in Table 5.9. The regression of binary
VLE data to the resulting binary interaction parameter was performed using the maximum

likelihood objective function, which is defined as,

T.exP_Tical
OF = Zﬁvzl I( : >

or

2 2 2

2
N (Piexz;_Pical> + (xlfzxp_xical> + <yiexp_yical> I (4)
P Oy O'y
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T, P, y and x denote the equilibrium temperature, pressure, and mole fractions in the vapour and
liquid phases. ¢ stands for the standard deviation.

The deviation in experimental and calculated data can be calculated using the average
absolute deviation (AAD) and root-mean-square deviations (RMSD) of equilibrium temperature
(T) and vapour phase mole fraction (y) of a more volatile component using the following

equations,

RMSD (T) = (ZN, (Te - Tf"p)z/N)O's (5)
.5

RMSD (v) = (ZN, (! —yf”“”)z/N)0 (6)

AAD (T) = 3N, |1 — TP|/N (7

AAD (y) = X4y -y |/N ©)

For all binary pairs, the calculated values for RMSD and AAD are listed in Table 5.9
RMSD (y), and AAD (y) values are lower than 0.005, whereas the values of RMSD (T) and
AAD (T) are less than 0.26 and 0.18 respectively. According to these results, all three models

can fit the experimental isobaric VLE data.
The relative volatility of binary mixture can be calculated as,

_ YV1/%1
U2 = Va/%s 9)

Where y and x are mole fractions of the components in vapour and liquid phases, respectively
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Table 5.9. Regressed binary interaction parameters of the NRTL, UNIQUAC, and Wilson
models and RMSD and AAD

Binary interaction parameters Root mfaar? square Averag_e a_bsolute
Model deviations deviations

A A B, B, Ci RMSD RMSD AAD AAD

(y) (T/K) (y1) (T/K)

Methylcyclohexane (1) + Toluene (2)
NRTL -13.200 17.349 4784.370  -6210.06 0.3 0.001 0.012 0.001 0.009
UNIQUAC  0.476 -0.345  -135.479  53.103 0.001 0.015 0.001 0.012
Wilson -11.982 9.023 4273.460  -3285.90 0.001 0.011 0.001 0.008
Methylcyclohexane (1) + Anisole (2)
NRTL 10.762  1.996 -3434.270 -930.259 0.3 0.003 0.018 0.002 0.014
UNIQUAC  -5.745  0.794 1817.990  -129.914 0.003 0.019 0.002 0.014
Wilson -3.081 -4.646 1175880  1312.680 0.005 0.014 0.005 0.012
Methylcyclohexane (1) + NEP (2)
NRTL -12.071  7.612 5578.100  -3132.23 0.2 0.005 0.043 0.004 0.023
UNIQUAC  2.975 -1.849  -1474.150 827.448 0.005 0.039 0.004 0.022
Wilson 0.133 1.011 -163.241  -1088.32 0.005 0.032 0.004 0.022
Toluene (1) + NEP (2)
NRTL 15547 -0.900 -4842.540 -434.497 0.2 0.002 0.179 0.001 0.133
UNIQUAC  -9.293  1.432 3091.240  -238.566 0.002 0.219 0.001 0.181
Wilson 0.659 -23.206 117.011 8321.650 0.002 0.262 0.002 0.165
Toluene (1) + Anisole (2)

NRTL 7.129 -5.332  -2769.150 2143.980 0.2 0.001 0.008 0.001 0.005
UNIQUAC  -2.460 2.051 985.898 -852.579 0.001 0.008 0.001 0.005
Wilson 2.519 -4.359  -1034.890 1675.970 0.001 0.008 0.001 0.005

5.3.3 Thermodynamic Consistency Test

The Van Ness test and infinite dilution test [11] were used in this study to verify the
thermodynamic consistency of the observed VLE data for the binary system. Equation (10) and
(11) defines the Van Ness test as,

1

Ay =~ TN, Ay; = ST, 100]yf! -y (10)

N
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cal exp
P; _Pi

exp
i

AP =—3N, AP = <%, 100 (11)

Where N consider the number of experimental data points, the superscripts “cal” and “exp”
denotes values calculated using NRTL, UNIQUAC and Wilson thermodynamic activity
coefficients model and determined experimentally. As seen from Table 5.10, the values obtained
for Ay and AP are less than one, representing that the data obtained experimentally are

thermodynamically consistent.

Table 5.10. Van Ness thermodynamic consistency test results

NRTL UNIQUAC Wilson
System

Ayr AP Ay1 AP Ay1 AP
Methylcyclohexane (1) + Toluene (2) 0.080 0.003 0.089 0.004 0.073 0.003
Methylcyclohexane (1) + Anisole (2) 0.201 0.004 0.201 0.005 0.462 0.004
Methylcyclohexane (1) + NEP (2) 0.448 0.009 0.442 0.008 0.397 0.008
Toluene (1) + NEP (2) 0.133 0.053 0.103 0.066 0.160 0.077
Toluene (1) + Anisole (2) 0.092 0.002 0.092 0.002 0.091 0.002

The infinite dilution test proposed by Kojima and co-workers [12] is used to test the

thermodynamic consistency of the measured data, which is expressed as an equation,

GE /(x1%2RT)-In(y, /7,)
I, =100 Ll 12
1 ln(Yl/Yz) x1=0 ( )
GE /(x1%2RT)-In(y, /7,)
I, =100 L 13
z ln(Yz/Y1) X2=0 ( )
Where,
GE
RT . X1X2 [c1 + (X1 — Xp) + c3(X1 — %)% + ¢4 (%1 — %3)7] (14)
ln (Z_l) == dl + dz (XZ - Xl) + d3(6X1X2 - 1) + d4(X2 - Xl)(]‘ - 8X1X2) (15)
2
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Equation (14) and (15) represents extended Redlich-Kister’s equations, and their constant
can be determined from the experimental values of and. The constants of Redlich-Kister’s

equations for all binary pairs are listed in Table 5.11.

In the infinite dilution consistency test, if the values for 1:.< 30 and 1,<30, the binary data
set passes the consistency test. The results for 11 and I, presented in Table 5.12 showed that
experimental data measured for all binary systems passed the infinite dilution test, as the values

obtained for Iy and I are less than 30 in each pair.

Table 5.11. Estimated parameters of extended Redlich-Kister’s model for infinite dilution test

System C1 C2 C3 Ca d: d> ds ds

Methylcyclohexane (1) + Toluene (2) 0.229 -0.022 0.023 -0.025 -0.013 0.236 -0.019 0.005
Methylcyclohexane (1) + Anisole (2)  0.780 0.074 0.085 -0.028 0.132 0.849 0.042 -0.010
Methylcyclohexane (1) + NEP (2) 1.916 0066 -0.212 0580 -0.256 1.489 0.358 0.238
Toluene (1) + NEP (2) 0.006 -0.333 -0.078 0.200 0.146 -0.097 -0.020 0.017
Toluene (1) + Anisole (2) 0202 -0.077 0.044 0.055 0.006 0.223 0.07 0.003

Table 5.12. Infinite dilution consistency check results for binary VLE systems

System I1 I2
Methylcyclohexane (1) + Toluene (2) 21.18 12.85
Methylcyclohexane (1) + Anisole (2) 11.77 21.50
Methylcyclohexane (1) + NEP (2) 4.96 0.39
Toluene (1) + NEP (2) 28.83 16.97
Toluene (1) + Anisole (2) 18.41 1.25

5.3.4 Effect of Solvent on VLE Methylcyclohexane and Toluene System

In the case of methylcyclohexane and toluene systems, the equilibrium curve is very
close to the diagonal line, as shown in Figurell. Due to its low relative volatility points, its
mixture cannot be separated using simple distillations and need enhanced distillation, such as
extractive distillation with a suitable entrainer. For evaluation of the effect of entrainer such as

anisole and NEP on the VLE behaviour of the methylcyclohexane + toluene system, we have
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plotted the equilibrium diagram for methylcyclohexane + toluene system with and without the
addition of the entrainers as shown in Figurell. It was observed that both the entrainers can be
able to shift the equilibrium curve from diagonal significantly. This means fewer stages are
required to separate the methylcyclohexane and toluene using these entrainers. Also, relative
volatility between the toluene and NEP is more which obviously reduce the solvent recovery cost
during the extractive distillation operation. The equilibrium curve in the case of NEP shows a
more significant deviation from the diagonal line than anisole, so it can be concluded that NEP

can be a better extractive agent in separating methylcyclohexane and toluene systems.
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Figure 5.11. Effect on VLE for the system methylcyclohexane (1) + toluene (2) with different
entrainers. (®) Experimental value without entrainer, (—) calculated by NRTL model without
entrainer, (===) calculated by NRTL model with anisole, (- - - -) calculated by NRTL model with
NEP.

Ph.D. Thesis CSIR-NCL Pune Page 174



5.4 Conclusions

The isobaric experimental vapour-liquid equilibrium data for the binary systems
consisting of methylcyclohexane + toluene, methylcyclohexane + anisole, toluene + anisole,
methylcyclohexane + NEP, toluene + NEP were measured at 92.0 kPa. Then the experimental
VLE data regressed to obtain the binary interaction parameters for NRTL, UNIQUAC and
Wilson activity coefficient models. The RMSD and AAD values are reasonably low, indicating
that all three models can predict the VLE behaviour of all binary systems. Infinite dilution and
Van Ness tests for thermodynamic consistency were implemented to validate the consistency of
the laboratory VLE results. NEP shows a more significant deviation from the diagonal line than
anisole, so it can be concluded that NEP can be a better extractive agent in separating
methylcyclohexane and toluene systems. Separating methylcyclohexane and using extractive
distillation with anisole and NEP as entrainers is feasible. According to the results, extractive
distillation configuration for separating difficult to separate combination of methylcyclohexane
and toluene may be further optimized and simulated using the acquired binary interaction

parameter.
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Chapter 6 Conclusions and Recommendations

6.1 Conclusions

Separating azeotropic mixtures can be a complex process that requires specialized
distillation techniques. Different chemical manufacturing sectors often encounter minimum and
maximum boiling azeotropes, which can vary in composition and amount. To address this
challenge, we conducted a study to design energy-efficient distillation configurations for
separating azeotropic mixtures. In our work, we developed innovative distillation configurations
that could effectively separate difficult binary azeotropic systems and those that could not be
separated using simple distillation methods.

Our focus was on developing advanced and novel distillation configurations that were
both energy-efficient and effective in separating various binary systems, including minimum
boiling azeotropic systems like THF + water, ethanol + water, and maximum boiling azeotropic
systems like nitric acid + water. Tetrahydrofuran (THF) is an industrially useful organic solvent
widely used in adhesives, polymer, paint and pharmaceutical industries. Ethanol can be used as a
solvent, reactant or intermediate in producing various paints, perfumes, medicines and food
products. Ethanol is a suitable feedstock for producing various renewable chemicals and
products. Nowadays, anhydrous ethanol is used as a fuel additive Concentrated nitric acid
(HNO3) is widely used in the nitration process as a nitrating agent, in the oxidation process as
the oxidizing agent and various other agrochemical and explosive industries processes.
Ammonium nitrate required in fertilizer industries is produced from concentrated nitric acid. We
also explored systems like methylcyclohexane + toluene that are difficult to separate using

simple distillation through VLE analysis.

Our research identified a range of distillation configurations that can improve separation
efficiency while reducing energy consumption. By doing so, we hope to contribute to the
development of more sustainable and efficient separation processes across a range of industries.
To optimize the conceptual design of an advanced distillation system, it is essential to consider
VLE data, a thermodynamic activity coefficient model, sensitivity analysis, and techno-
economic optimization of design parameters. The VLE data helps determine optimal operating

conditions, while the model accounts for non-ideal behavior. Sensitivity analysis identifies
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critical parameters, and techno-economic optimization balances separation performance and

equipment cost.

The economic feasibility of using extractive distillation and pressure swing distillation to
separate an equimolar mixture of THF-water was compared. Four solvents, namely DMSO, 1, 2-
propanediol (1, 2-PDO), glycerol, and ethylene glycol, were evaluated for the extractive
distillation system. The results indicated that DMSO is the best solvent for extractive distillation,
as it requires the least amount of TAC to achieve the necessary product purity. Heat integration
was utilized to reduce the total annual cost of the system. For pressure swing distillation, the
LPC pressure was fixed at 1 atm, and various operating pressures for HPC were analyzed. It was
found that HPC with 10 atm pressure gave the minimum TAC. The findings suggest that
extractive distillation, with or without heat integration, decrease TAC by 24.4% and 21.7%,
respectively, and reduce operating costs by 34.96% and 31.70% compared to PSD without heat
integration. TAC is 5.2% lower in extractive distillation with heat integration than PSD with
partial heat integration. As a result, extractive distillation with DMSO as the solvent provides a

more cost-effective method of separating an equimolar THF-water combination.

Thermodynamic modelling of binary and ternary systems of nitric acid HNO3 / water /
sulphuric acid vapour-liquid-equilibrium data was carried out using the eNRTL-RK model, with
the Aspen Plus data regression system. The regressed parameters of the thermodynamic model
were validated by comparing equilibrium diagrams with experimental literature data, and the
model-predicted data showed good agreement with the experimental values. The eNRTL-RK
model parameters obtained are appropriate for the simulation work, including nitric acid, water,
and sulfuric acid. For dilute nitric acid dehydration with sulphuric acid as a solvent, a continuous
distillation column sequence consisting of a preconcentrating column, extractive distillation
column, and solvent recovery column was systematically designed and optimized. The best
values were found by minimizing energy usage and total annual cost (TAC). Sulphuric acid is an
appropriate solvent for the dehydration of nitric acid, resulting in a purity of up to 99.99 mass %

at a solvent-to-feed ratio of one.

Experimental data was generated for the isobaric vapour-liquid equilibrium (VLE) at 94.6

kPa for binary ethanol + water and ternary systems of ethanol + water + calcium chloride,
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ethanol + water + zinc chloride, and ethanol + water + lithium bromide. The mass fractions of
salts were kept constant at 0.05, 0.1, and 0.15, respectively. The data was found to be
thermodynamically consistent using the van Ness test. Comparison of the binary and ternary
experimental data showed that the addition of salt changes the azeotropic point of the ethanol-
water system. The azeotrope was eliminated when CaCl2 and LiBr were added. CaCl2 was
found to be a better entrainer than ZnCI2 in extractive distillation due to the modest change in
the azeotropic point seen in ZnCI2. A preliminary design showed that the distillate stream of the
salt extractive distillation column contained more than 99.9 moles of ethanol. The electrolyte
non-random two-liquid (eNRTL) model was used to correlate the VLE for the ternary system of
water, ethanol, CaCl2, ZnCI2, and LiBr. The eNRTL model correlated well with experimental
data.

The experimental vapour-liquid equilibrium data for binary systems such as
methylcyclohexane + toluene, methylcyclohexane + anisole, toluene + anisole,
methylcyclohexane + NEP, and toluene + NEP was generated at 92.0 kPa. The binary interaction
parameters for the activity coefficient models, namely NRTL, UNIQUAC, and Wilson, were
obtained by analyzing the experimental VLE data. The low RMSD and AAD values indicate that
all three models can accurately predict the VLE behavior of all binary systems. To ensure the
consistency of the laboratory VLE results, thermodynamic consistency tests such as infinite
dilution and VVan Ness tests were used. Based on the results, it can be inferred that NEP is a more
effective extractive agent for separating methylcyclohexane and toluene systems compared to
anisole. Hence, it is possible to separate methylcyclohexane and toluene systems using extractive

distillation with entrainers such as anisole and NEP.

In our research, we explored energy-efficient distillation configurations for separating
azeotropic mixtures, which can be quite challenging. We have identified distillation
configurations that can improve separation efficiency while also reducing energy consumption.
Our goal was to contribute to the development of more sustainable and efficient separation
processes across industries. To optimize the conceptual design of an advanced distillation
system, one must consider VLE data, a thermodynamic activity coefficient model, sensitivity
analysis, and techno-economic optimization of design parameters. The reliability of a good

distillation system mainly depends on the basic equilibrium data considered during its design,
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thus, generation of VLE data is an inherent part of the advanced distillation design. This study is
a testament to the power of scientific inquiry and its potential to solve complex problems in a
practical and efficient way. Overall, our research findings can contribute significantly to the
development of energy-efficient extractive distillation configurations. We hope that our work
will be useful to researchers and practitioners across industries who are interested in improving

the efficiency and sustainability of separation processes.

6.2 Recommendations for Future Work

Extractive distillation has undergone significant advancements over the years, and there
are still immense opportunities for innovation, cost reduction, and energy efficiency. By
exploring various process intensification concepts, we can identify new ways to optimize the
extractive distillation process and reduce costs. To achieve this, it is essential to focus on
research areas such as incorporating divided wall columns for extractive distillation systems and
discovering new separating agents with high separation ability and low TAC. We can explore
optimization based on TAC for ethanol-water separation, employing salt entrainers and
identifying potential heat integration opportunities to minimize energy usage.

The experimental findings of this study indicate that the implementation of the
discovered binary interaction parameter can significantly enhance the efficiency of the extractive
distillation configuration for separating methylcyclohexane and toluene. Furthermore, utilizing
binary interaction parameters has the potential to further optimize the extractive distillation
configuration, offering a promising approach to improve the separation of these two chemical
compounds. This approach could have significant implications for industrial processes that
require efficient separation of these substances, making it a highly viable and effective solution.

Extractive distillation's performance is largely dependent on the choice of solvent and the
correct optimization of the system's design parameters. Energy can be saved in the system by
utilizing heat integration and advanced distillation configurations such as EDWC and VRC-
assisted extractive distillation. However, more effort is required for practical implementation as
most studies are limited to simulation analysis. Several advanced extractive distillation
configurations need to be taken one step further towards pilot experimental analysis to establish
proof-of-concept and enable their further adoption for commercial applications. It is, therefore,
crucial to invest more effort and resources in experimental studies to help establish the practical

viability of these innovative extractive distillation techniques.
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1. Introduction

Tetrahydrofuran (THF) is an industrially useful organic sol-
vent widely used in adhesives, polymer, paint and pharmaceutical
industries. THF (boiling point 65.97°C) forms a minimum boil-
ing homogeneous azeotrope with water (boiling point 100°C) at
atmospheric pressure and 63.43 °C with azeotropic composition
of 95.09 wt.% (82.87 mol%) of THF as shown in Fig. 1 (a) and (b).
Thus, it is not possible to separate THF-water mixture by con-
ventional distillation, Hence; various distillation techniques for
azeotropic mixture separation such as pressure swing distillation
(PSD), extractive distillation (ED) have to be considered. Each sepa-
ration techniques may have its own pros and cons for separation of
an azeotropic system. It may be possible to achieve the separation
with desired purity by using one or more separation methods; how-
ever the most appropriate separation method should be selected
based on operating cost and economics of the overall system.

Several authors have performed comparative study of pres-
sure swing distillation and extractive distillation for various
minimum and maximum boiling azeotropic systems. W. Luyben
(2008a, 2013) studied the separation of minimum boiling acetone-
methanol system and maximum boiling acetone-chloroform
systems through steady state simulations. He found that extrac-

* Corresponding author.
E-mail address: na.mali@ncl.res.in (N.A. Mali).

http://dx.doi.org/10.1016/j.compchemeng.2017.03.019
0098-1354/© 2017 Elsevier Ltd. All rights reserved.

tive distillation was more suitable than pressure swing distillation
in terms of both capital cost and energy consumption for both this
cases. Similar studies were carried out for separation of equimo-
lar di-n-propyl ether and n-propyl alcohol system (Lladosa et al.,
2011),isopropyl alcohol and diisopropyl ether (Luo et al.,2014) and
methanol and chloroform (Hosgor et al., 2014) by pressure swing
distillation and extractive distillation. All these studies found pres-
sure swing distillation more economical than extractive distillation
in terms of total annual cost of complete system for respective
azeotropic system. The various other reported studies (Wang et al.,
2012; Yu et al., 2012; Wei et al., 2013) indicate that performance
of extractive and pressure swing distillation, for separation of
azeotropic system, varies from system to system. Hence, both are
competitive with each other for the separation of azeotropic system
for which azeotropic compositions are sensitive to pressure.

In this work, a comparative study of the extractive distilla-
tion and pressure swing distillation for THF-water separation is
performed. To best of our knowledge, there is no literature data
available on direct comparison of these two methods for THF-
water separation. Extractive distillation system considered here
comprised of extractive distillation column (EDC) and solvent
recovery distillation column (SRDC). Pressure swing distillation
system comprised of two column configuration operating at dif-
ferent pressures. For extractive distillation, four different solvents
were evaluated to come up with the most optimum configura-
tion, whereas for pressure swing distillation, six different pressure
ranges were analyzed to arrive at the best pressure range. Config-
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Fig. 1. (a) xy equilibrium diagram (b) Txy diagram for THF-water system at 1 atm pressure.

urations with partial and full heat integration were also analyzed
for extractive and pressure swing distillation. For both the analy-
sis, minimum Total Annual Cost (TAC) was taken as the decision
making criterion.

2. THF-water separation using extractive distillation

In an extractive distillation system, the binary mixture is fed at
one of the intermediate stage of the extractive distillation column
(EDC); while the heavy or higher boiling solvent is added at few
stages above the binary feed mixture stage. The addition of sol-
vent doesn’t introduce any additional azeotrope with the original
mixture. Due to different feed locations of solvent and binary feed,
extractive distillation column is divided into three subsections, as
shown in Fig. 2, which are rectifying section, above the solvent feed
stage; extractive section, in between the binary feed stage and sol-
vent feed stage; and stripping section, below the binary feed stage.
The presence of heavy solvent alters the relative volatility of the
binary mixture and causes THF to move upward in the column and
is recovered as a distillate in almost pure form, while water and
heavy solvent are collected from the bottom of the EDC which is
send to the solvent recovery distillation column (SRDC) for further
separation.

In SRDC, simple binary separation of water and heavy solvent is
achieved based on the high relative volatility between them. Pure
water is recovered as the distillate and the heavy solvent from the
bottom of the column, which is then recycled back to the EDC.
Usually, a cooler is placed in the recycled loop, between the two
columns, to reduce the solvent feed temperature. A small amount
of solvent is lost along with water stream, which is balanced by
adding the pure solvent through solvent makeup stream.

Separation performance of an extractive distillation depends on
the influence of the solvent on VLE of the binary mixture to be sepa-
rated. Several authors proposed various solvents for the separation
of THF-water mixture based on their simulation or experimental
analysis. Xu and Wang (2006a,b) used the 1, 2-Propanediol as a
solvent for the separation THF-water. Using rigorous simulation

in HYSYS simulator and experimental analysis of batch extractive
distillation system they found that 1, 2-Propanediol was suitable
solvent for this separation. Gomez and Gil (2009) simulated dehy-
dration of THF through extractive distillation by taking 100 kmol/h
of azeotropic feed as basis. Authors claimed purity of 99.95 mol%
of THF can be achieved with glycerol as an solvent as compared to
other two solvent considered 1, 2-propanediol and 1,4-butanediol.
Fan et al. (2013), in their simulation work, used the ethylene glycol
as an entrainer for the separation of 90 wt% THF and 10 wt% water
with the feed rate of 3000 kg/h. They reported purity of 99.9 wt%
THF from the distillate of the EDC.

Zhang et al. (2014) developed vapour liquid equilibrium (VLE)
data for THF + Water + Solvent ternary system at atmospheric pres-
sure with 1, 2-propanediol and DMSO as a solvents. They found
that DMSO is more capable solvent for the breaking of THF-water
azeotrope than that of 1, 2-propanediol as the less amount of DMSO
needed to achieve the separation. Deorukhkar et al. (2016) per-
formed experiments on pilot distillation setup in batch, semi-batch
and continuous modes with DMSO and 1, 2-propanediol as sol-
vents. They proposed the DMSO as better solvent as compared to
1, 2-propanediol.

From the literature, it was found that for dehydration of THF,
various solvents were reported based on simulations and exper-
iments. But, it is difficult to conclude which one is the best for
complete extractive distillation system including solvent recov-
ery column, in terms of operating and capital cost, due to lack of
common basis for the comparison. Hence, in this section, the most
suitable solvent for separation of THF-water was identified by tak-
ing a basis of equimolar feed and target purity 0of 99.99 mol% for THF
and water. Both capital and operating costs were estimated and
presented in the form of TAC of the complete extractive distillation
system with various reported solvents.

2.1. Basis of economical analysis
All economical calculations to find out TAC were performed

according to the equations listed in Table 1, taken from Luyben and
Chien (2011). Total annual cost (TAC) is the addition of total annual
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Table 1
Basis of economics and equipment sizing.

Column Diameter (D): Aspen tray sizing
Height (H) of a distillation column,

H=1.2 x0.61 x (Ns —2) (D and H are in meters)
Column shell cost ($)=17640 x (D) 1966 x (H) 0802
Condenser:

Area (m?), Ac = 5%

Heat transfer coefficient (Uc)=0.852 kW/m2K
Capital cost ($)=7296 (A) %6°

Reboiler:

Area (m?), Ar = Urxqﬁ

Heat transfer coefficient (U;)=0.568 kW/m?K
Capital cost ($)=7296 (A,) ©6>

Cooler:

Area (m?) Acooler = a0l __

Heat transfer coefficient (U cogler) =0.852 kW/m2K
Capital cost ($)=7296 (A cooler) %%°

Energy costs:

LP steam (433 K)=$7.72 per GJ

MP steam (457 K) = $8.22 per GJ

HP steam (537 K) =$9.88 per GJ

TAC = % + Energycost

Payback period = 3 years

operating cost and total capital cost divided by payback period. In
calculating the capital cost, only the cost of major equipments in
distillation system like column shell, reboiler and condenser were
considered and the cost of reflux drums, pump and valves were
neglected as it would be very negligible as compared to cost of col-
umn and heat exchangers. The “Tray Sizing” functions with sieve
tray in the Aspen plus simulator was used to determine the diam-
eter of the columns. The height of column was assumed to be 20%
more than that required height for the trays and a typical distance
of 0.61 m between the trays was considered. As per ASPEN Plus
distillation model (RADFRAC) notation, first stage is considered as
a condenser while the last stage as a reboiler.

Table 2
Binary interaction parameter estimated by UNIFAC.
Component i THF THF
Component j Glycerol 1, 2-Propanediol
Aij 0 0
Aji 0 0
Bij 1298.88 819.92
Bji 75.5122 —41.7627
Cij 0.3 0.3

2.2. Simulation analysis of extractive distillation system

In this section, extractive distillation column and solvent recov-
ery column were simulated simultaneously for separation of
THF-water mixture with four solvents, DMSO, 1, 2-Propanediol (1,
2-PDO), Glycerol and Ethylene glycol to achieve required purity.
This simulation results will form a basis for direct comparison
among various solvents to find out the best one, in terms of min-
imum TAC. The equimolar feed composition of THF and water
(50mol% of THF and 50 mol% of water) with the flow rate of
100 kmol/h was taken as the basis for the simulation. The prod-
uct purity specification of both the components was set to be at
99.99 mol% of THF and 99.99 mol% of water in the distillate of the
EDC and SRDC, respectively.

The activity coefficient model NRTL was used to take into
account the non-ideality of the liquid phase and ideal vapour
phase behavior was assumed. The NRTL built-in binary interaction
parameters available in the Aspen data bank were used for the sim-
ulation, while for the component pairs, THF-Glycerol and THF-1,
2-Propanediol, for which no ASPEN built-in interaction parameters
were available, the parameters were estimated through UNIFAC
group contribution method and are given in Table 2.

Simulation analysis of extractive distillation with DMSO as the
solvent is discussed in detail here to elaborate the simulation
approach. While deciding the operating pressure of the columns, it
was ensured that cooling water can be used as an utility with outlet
temperature of 305 K. Operating EDC at higher pressure would lead
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Table 3
Comparison of designs of EDC at various operating pressures.
Parameters EDC Operating Pressure
2atm 1.5atm Tatm 0.9atm 0.8 atm 0.7 atm 0.65atm
Nt 21 21 21 21 21 21 21
D (m) 0.84 0.63 0.66 0.67 0.68 0.69 0.70
H (m) 13.90 13.90 13.90 13.90 13.90 13.90 13.90
RR 1.71 0.44 0.38 0.36 0.34 0.32 0.31
E/F 0.55 0.35 0.25 0.25 0.25 0.25 0.25
Qr (kW) 1491.6 853.7 750.3 731.1 711.7 691.4 680.80
Ag (m?) 85.88 58.83 30.28 27.56 25.02 22.61 21.44
Qc (kW) 1071.5 581.9 573.4 568.1 563.7 559.8 558.07
Ac (m?) 22.00 14.48 19.73 21.57 2414 27.92 30.56
Total capital cost (10° §) 0.3079 0.2336 0.2107 0.2112 0.2133 0.2175 0.2209
Total operating cost (106 $/yr) 0.3531 0.1913 0.1681 0.1638 0.1595 0.1549 0.1525
TAC (106 $/yr) 0.4558 0.2691 0.2384 0.2342 0.2306 0.2274 0.2262

to increase in reboiler temperature and hence, the operating cost,
as high pressure steam will be required as an utility in the reboiler.
According to Luyben (2016), commonly used heuristics for distilla-
tion column pressure selection, does not always give an optimum
column pressure for the separation under consideration. Hence,
TAC of extractive distillation column at various operating pressures
was estimated to find out a suitable EDC pressure with a constraint
of having difference between cooling water return temperature and
reflux drum temperature to be at least 20 K (AT, > 20K). The pres-
sure was varied from 2 atm and was restricted to 0.65 atm as below
0.65 atm pressure ATy, goes below 20 K. The designs were obtained
through detail sensitivity analysis of various operating parameters
with fixed number of stages and the results are given in Table 3.

From the results in Table 3, it was observed that the TAC of the
column increases significantly at higher operating pressures. For
below atmospheric column pressures, capital cost increases as vac-
uum distillation operation demands bigger column diameter and
larger condensers, but it decreases the operating cost as at reduced
pressures relative volatility improves which leads to smaller reflux
ratios and reboiler duties. In the present system, similar effect was
observed for EDC at reduced pressures, but no significant reduc-
tion in TAC was observed. Also, an additional capital and operating
cost for the vacuum system will further reduce the TAC advantage
of reduced column pressure operation. Hence, in this case, it was
decided to go ahead with atmospheric pressure for the EDC.

It was proposed to operate the solvent recovery column under
vacuum to reduce the reboiler temperature and subsequently the
required utility steam pressure. If the operating pressure is lower
than0.15 atm, condenser would need chilled water as a cooling util-
ity, which consequently would increase the operating cost. Hence,
SRDC was proposed to be operated at 0.15 atm since cooling water
can be used as a cooling utility in the condenser of the column.

The various design variables in extractive distillation system
which needs to be determined for optimum performance are as
listed below.

¢ Solvent to feed ratio (E/F)

e Total number of stages of EDC (Ntq) and SRDC (Nr;)
¢ Binary mixture feed stage (Ngg) for EDC

¢ Solvent feed stage location (Ngg)

e Temperature of solvent feed (Tgf)

® Molar reflux ratio of EDC (RR{) and SRDC (RR5)

e Feed stage location of SRDC (Ng).

All these design variables were optimized to achieve the spec-
ified purity with minimum TAC. Sensitivity analysis was used to
investigate the effect of all these parameters on product purities
and heat duties of the columns. It is possible to achieve the desired
purity with some minimum reflux ratio value, below which purity

8 0.944
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Fig. 3. Effect of E/F and reflux ratio on the distillate stream THF composition (Xp).

drops and above which purity does not improve significantly, but
increases the reboiler duty unnecessarily. Thus, for a distillation col-
umn, there will be multiple values of molar reflux ratio for which
desired purity can be achieved, but there will be a unique value of
molar reflux ratio for which not only purity is matched, but also
the reboiler duty is minimum. Hence, in the present analysis molar
reflux ratio is considered as a design variable as for each combi-
nation of total stage number and feed stage locations, the molar
reflux ratio value for which purity constraint is matched with mini-
mum reboiler duty, was worked out. In present simulation analysis,
the molar reflux ratio was estimated through Design Spec feature
of ASPEN simulator for both the columns. The temperature of sol-
vent feed (Tgr) was found to have significant effect on the distillate
purity and the reboiler duty of EDC for different reflux ratios. From
the sensitivity analysis results, the solvent feed temperature (Tgg)
was fixed at 60 °C which is in good agreement with the suggestion
of Knight and Doherty (1989) for solvent feed temperature.

For the EDC, the most important design variables are solvent to
feed ratio (E/F) and molar reflux ratio (RR), as it directly affects the
product purity and the energy consumption. The effect of solvent
to feed molar ratio (E/F) and reflux ratio (RR) on the distillate THF
mole composition (Xp) of EDC with Nt; =21 can be seen from the
sensitivity analysis results shown in Fig. 3. It was observed that, at
higher reflux ratios (RR;) and solvent to feed ratios (E/F), the mole
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Fig. 5. (a) Effect of total number of stages (N1) on the distillate purity (Xp). (b) Effect of binary feed stage (Ngr) on Xp, Qg and Q¢ for Ethylene Glycol as a solvent.

fractions of THF in the distillate are higher because, at higher values
of solvent to feed ratio, the dilution of the solvent caused by the
reflux is less which helps to increase the distillate purity. At fixed
value of molarreflux ratio (say RRy = 0.4), solvent to feed molar ratio
(E/F) of 0.25 or higher was required to achieve the desire purity of
THF which is almost constant beyond this value as shown in Fig. 3.
The reboiler duty (Qr) increases significantly with increasing value
of solvent to feed molar ratio (E/F). Thus, an optimal E/F value could
be 0.25 because at this value desired purity of THF is achieved with
minimum reboiler duty.

Addition of trays in the distillation column improves the sepa-
ration capacity of the column, but it also increases the capital cost,
so it is important to find out optimum number of stages in EDC
and SRDC. Preliminary value of Nt; and Ngg was fixed by doing the
sensitivity analysis of the various parameters to achieve the speci-
fied product purity with minimum energy consumption. The effect
varying total number of stages (Nt) on distillate purity (XD) for
each solvent case are as shown in Figs. 4-7(a) . It was seen that,
at Nt =21, the desired product purity (XD =0.9999) is obtained and
beyond this the composition of distillate does not change signif-
icantly with respect to the Nt for the DMSO, Ethylene glycol and
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Fig. 7. (a) Effect of total number of stages (Nt) on the distillate purity (Xp). (b) Effect of binary feed stage (Ngr) on Xp, Qg and Qc for 1, 2-Propanediol as a solvent.

Glycerol as solvents. In case of the 1,2-Propanidiol as a solvent,
similar effect was observed at Nt =22.

Effect binary feed stage (Ngg) on Xp, Qg and Q¢ is shown in Figs.
4-7 (b) for each solvent case and it can be observed that, the desired
product purity was achieved when binary mixture is fed at stage
Npp=17 with minimum energy consumption. Table 4 shows the
economic optimization results for EDC having DMSO as solvent. In
similar manner optimum Nt and Ngg values for each solvent case
were obtained.

The solvent feed stage number (Ngr) was optimized to achieve
the desired purity with minimum energy consumption. The effect
of total number of stages (Nt) and solvent feed stage (Ngr) on the
distillate composition (XD) was plotted by using sensitivity analysis

of EDC and is as shown in Fig. 8. From this plot, it was observed that,
at Ngg =5, the maximum purity in the distillate was achieved with
respect to the different Nt.

The details of economic optimization results for DMSO solvent
are summarized in Table 4 and 5. First total number of stages of the
EDC (Nt1) was varied to find out optimum stages by keeping the
stages of the SRDC (Nt ) constant. In each case, the optimum binary
mixture feed stage (Ngg), solvent feed stage (Ngg), Solvent to feed
ratio and molar reflux ratio were obtained by minimizing the TAC of
the system. From Table 4, it can be observed that, for simulation case
2, minimum TAC was obtained with 21 total number of stages and
solvent flow rate of 25 kmol/hr (E/F = 0.25). For the SRDC, optimum
stages were found by varying its stages and keeping number of
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Table 4

Economic optimization results for EDC.
Parameter Case 1 Case 2 Case 3 Case4 Case5
Nr1 19 21 23 25 27
N2 14 14 14 14 14
E/F (optimum) 0.25 0.25 0.25 0.2 0.2
N (optimum) 16 17 19 21 23
Ngr (optimum) 5 5 5 5 5
D (m) 0.70 0.66 0.66 0.66 0.66
RR; (optimum) 0.56 0.38 0.38 0.40 0.40
Qr1 (kW) 8214 750.5 746.8 744.9 744.6
Qcy (kW) 644.5 573.7 570.0 581.5 581.2
Qcooler (KW) 70 70 70 56 56
Total capital cost (10° §) 04786 0.4729 04799 04849 04924
Total operating cost (10° $)  0.3277 0.3118 03110 03104 03104
TAC (106 $/yr) 04872 04695 04710 04721 0.4745
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Fig. 8. Effect of solvent feed stage (Ngr) with respect to total number of stages (Nr)
on the distillate composition (XD) for DMSO as solvent.

Table 5

Economic optimization results for SRDC.
Parameter Case 6 Case 7 Case 8 Case 9
Nt 12 14 16 18
Nty 21 21 21 21
RR; (optimum) 0.13 0.1 0.08 0.08
E/F (optimum) 0.25 0.25 0.25 0.25
NF; (optimum) 5 6 7 7
D; (m) 1.05 1.04 1.03 1.03
Qg2 (kW) 659.0 641.2 629.3 629.4
Qc2 (kW) 671.5 653.7 641.8 641.8
Total capital cost (10° §) 0.4628 0.4729 0.4837 0.4969
Total operating cost (10° $) 0.3161 0.3118 0.3092 0.3091
TAC (106 $/yr) 0.4703 0.4695 0.4704 0.4748

stages in the EDC constant at optimum value 21 to obtain minimum
TAC. It can be observed from Table 5, for the case 7, having total
number of stages 14 with the feed stage location (Ng,) at 6 and
molar reflux ratio of 0.1, gives the minimum TAC. The steady state
design flowsheet with optimal operating conditions, reboiler and
condenser duties, detail stream information and column diameter
is given in Fig. 9 (a).

The complete simulation of extractive distillation systems with
Ethylene glycol, Glycerol and 1, 2-Propanediol (1, 2-PDO) as a sol-
vent, to achieve desired purity with minimum TAC, were performed

in a similar manner as explained above for the THF-water-DMSO
system. Temperature profile of SRDC in each solvent case is shown
in Fig. 10. The binary feed condition, operating pressures of both
columns and required purity specifications of both product streams
were kept same for the direct comparison purpose. The optimized
operating conditions, reboiler and condenser duties, diameter of
the columns and TAC of complete extractive distillation system for
the respective solvent is summarized in Table 6. From these results,
it can be observed that total operating cost and TAC required for the
THF-water-DMSO system is less in comparison with all other sol-
vent systems. So, it was concluded that DMSO is the best solvent
among all considered solvents for the separation of equimolar THF-
water mixture by extractive distillation, in terms of both energy
consumption and TAC.

2.3. Heat integration for extractive distillation

Heat integration in the extractive distillation can be achieved by
utilizing the heat from the bottom stream of the solvent recovery
column in a heat exchanger to preheat the feed solution. Bottom
stream of SRDC contains almost pure high boiling solvent which is
recycled to the EDC. Preheating the feed solution will reduce the
reboiler duty of EDC and hence, the TAC.

The total number of stages (N1) and purity specifications of both
the product stream were kept same as that for the system without
heat integration. The other parameters were optimized in simi-
lar manner as in the previous case, to obtain the optimal design
of the extractive distillation with heat integration. By utilizing the
heat from the bottom stream in the SRDC, the temperature of feed
increase up to 53.52 °C, which leads toreduction in the reboiler duty
of extractive distillation column from 750.53 kW to 683.89 kW.
The flowsheet with heat integration is shown in Fig. 9 (b). From
Table 11, 3.44% reduction in TAC and 4.80% reduction in operating
cost, is observed in extractive distillation with heat integration as
compared to the design without heat integration.

3. Pressure swing distillation (PSD)

In pressure swing distillation, two columns are operated at dif-
ferent pressures as shown in Fig. 11. For the minimum boiling
azeotropic system, the fresh binary mixture feed is mixed with
recycled distillate stream (D, ) from the second column operating at
higher pressure (P;), to form the mixed feed stream to the first col-
umn operating at lower pressure (P1). The distillate streams (Dq),
having compositions close to the azeotropic composition at pres-
sure Py, is fed to the second column. Distillate stream of second
column (D, ), containing nearly azeotropic composition at pressure
P,, is recycled back to the low pressure column (LPC). The shift
in azeotropic composition at different pressure will help to achieve
the separation of the azeotropic binary mixtures. The pure products
are withdrawn from the bottom streams By and B,.

Abu-Eishah and Luyben (1985) in their simulation work
explored the partial heat integration of PSD for THF-water system
by taking the azeotropic feed composition and pressure P; =1atm
and P, =7.8 atm. Luyben (2008b) extended the work of Abu-Eishah
and Luyben (1985) to fully heat integrated configuration which
minimizes the energy consumption. In both the design cases,
authors did not consider TAC of the overall pressure swing distilla-
tion system. There is no sufficient literature data on the optimum
design of PSD design based on TAC. Hence, in this section, the
complete optimized design of PSD for the separation of equimolar
THF-water mixture is worked out.
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Table 6
Optimized design parameters with TAC of THF-Water extractive distillation system for various solvents.
Parameter DMSO Ethylene Glycol Glycerol 1,2-PDO
EDC SRDC EDC SRDC EDC SRDC EDC SRDC
Nr 21 14 21 12 21 8 22 12
RR 0.38 0.1 0.34 0.08 0.20 0.05 0.60 0.11
E/F 0.25 - 0.5 - 0.25 - 0.6 -
Nrr 17 6 17 7 17 4 17 7
D (m) 0.66 1.04 0.65 0.91 0.61 0.96 0.73 0.97
H (m) 13.92 8.78 13.90 7.32 13.89 4.39 14.63 7.32
Qr (kW) 750.5 641.2 846.2 628.9 757.3 719.4 1042.8 637.7
Ag (m?) 30.29 36.18 37.54 26.90 29.45 4441 47.90 45.00
Qc (kW) 573.7 653.7 553.3 641.8 496.9 624.0 663.3 659.6
Ac (m?) 19.73 34.64 19.04 34.00 17.10 33.06 22.82 34.95
Qcooler (KW) 70.0 185.5 261.3 263.1
Acooler (mM?) 1.48 3.61 3.58 535
Total capital cost (10° §) 0.4729 0.4481 0.4271 0.5210
Total operating cost (106 $/yr) 0.3118 0.3385 0.3744 0.3765
TAC (106 $/yr) 0.4695 0.4878 0.5167 0.5502
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Fig. 9. The optimal design flowsheet of extractive distillation system with DMSO as a solvent.

3.1. Simulation analysis of pressure swing distillation system

The steady state Aspen Plus simulator with RadFrac model and
NRTL property package with built-in binary interaction parameter

was used for simulation of PSD system. The same feed conditions
and product purity constraints were taken as a basis for the PSD
analysis as that taken for the extractive distillation system in the
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Fig. 10. SRDC Temperature profile.

previous section. The distillate composition of LPC is the azeotropic
composition at low pressure while the distillate composition of HPC
is the azeotropic composition at high pressure. Recycle flow rates
were estimated by total material and component balance of the
system.

3.2. Selection of pressure and Nt for columns

The effect of pressure on the azeotropic point and the boil-
ing point of both the components are as given in Table 7. It can
be observed that the azeotropic composition of THF-water system
shifts significantly with a moderate change in pressure. Larger shifts
in the azeotropic composition with pressure will reduce the recycle
flow rate and hence, the reboiler duties of the columns. So, higher
pressure will be preferred in HPC, but it would lead to high utility
temperature requirement for the reboiler. The operating pressure
of LPC was set at atmospheric pressure. Vacuum was not preferred
for LPC as it would demand expensive chilled utility for the con-
denser operation. Atmospheric pressure operation allows LPC to

use cooling water with temperature of around 305K to be used as
utility in the condenser.

The pressure of the HPC was chosen by optimizing the flowsheet
at two levels. In the first level, for the assumed HPC pressure, the
number of stages was optimized such that TAC for the overall sepa-
ration system obtained was the minimum. In the second level, TAC
of the overall system for various operating pressure for the HPC
were compared and the pressure with minimum TAC was taken as
the optimum pressure for the HPC.

The economic optimization results for HPC operating at 5 atm,
is summarized in Tables 8 and 9. First, the number of stages of LPC
(Nt1) was varied from 12 to 15 while keeping the stages in the HPC
(N12) same. Then the number of stages of HPC (N1,) was varied
from 14 to 17 while keeping Nt; same, to find out the minimum
TAC. The Design Spec function was used to fix the optimum reflux
ratio to achieve the specified purity of the product streams. Feed
location of both the columns was obtained by sensitivity analy-
sis result to minimize the heat duties of the columns. The results
indicates that, LPC having Nt =13 with feed stage at 10 and HPC
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Recycle

D, D,
A
Feed » LPC 1 HPC
B B.
Fig. 11. Pressure Swing Distillation Flow Diagram.

Table 7

Effect of pressure change on Azeotropic composition for THF-water system.

Pressure (atm) Boiling point of Boiling point of Boiling Azeotropic

Water (°C) THF (°C) temperature of Composition (mole
Azeotrope (°C) fraction of THF)

0.1 46.06 8.9 8.74 0.9551
0.5 81.67 46.09 44.74 0.8732
0.8 93.88 59.26 57.17 0.8437
1 100.02 65.97 63.43 0.8287
2 120.69 89.03 84.54 0.7775
3 134.05 104.32 98.20 0.7442
4 144.16 116.11 108.54 0.7190
5 152.41 125.86 116.98 0.6986
6 159.43 134.25 124.14 0.6814
7 165.57 141.65 130.41 0.6666
8 171.05 148.31 135.99 0.6535
9 176.01 154.38 141.04 0.6418
10 180.55 159.97 145.67 0.6312
11 184.75 165.16 149.93 0.6215

Table 8 Table 9

Economic Optimization Results for Nt; (LPC at 1atm and HPC at 5 atm). Economic Optimization Results for N1, (LPC at 1 atm and HPC at 5 atm).
Parameters Case 1 Case 2 Case 3 Case 4 Parameters Case 5 Case 6 Case 7 Case 8
Nty 12 13 14 15 Ny 13 13 13 13
N2 16 16 16 16 N2 14 15 16 17
Nr1 (optimal) 9 10 11 12 Ng (optimal) 6 6 7 8
RR; (optimal) 0.22 0.21 0.21 0.20 RR; (optimal) 0.30 0.28 0.27 0.26
D (m) 0.96 0.95 0.95 0.95 D; (m) 0.77 0.77 0.77 0.76
Qr1 (kW) 14113 1401.3 1394.0 1388.5 Qra (kW) 1199.2 1186.4 1177.4 1172.8
Qc1 (kW) 1437.8 1427.7 1420.5 1415.0 Qc2 (kW) 901.2 888.4 879.4 874.8
Total capital cost (10° §) 0.4880 0.4934 0.4990 0.5047 Total capital cost (10° $) 0.4857 0.4892 0.4934 0.4973
Total operating cost (106 $) 0.5800 0.5778 0.5761 0.5749 Total operating cost (10° $) 0.5827 0.5798 0.5778 0.5768
TAC (106 $/yr) 0.7427 0.7423 0.7425 0.7431 TAC (106 $/yr) 0.7446 0.7429 0.7423 0.7425

having Nt =16 with the feed stage at 7 gives minimum TAC for the
complete pressure swing distillation system.

With fixed pressure of 1 atm and number of stages of 13 in LPC,
the optimum pressure of HPC was fixed in such a way that the TAC
of the overall system will be the minimum. HPC at various pressures
was simulated, similar to that for 5 atm pressure and the results are
summarized in Table 10 which includes heat duties, sizing, operat-
ing cost, capital cost and TAC of both the columns for various HPC
pressures. The results show that, the minimum total operating cost

and TAC was obtained at HPC pressure 10 atm. Further increase in
HPC pressure above 10 atm, would require expensive high pressure
steam which will increase the operating cost and consequently, the
TAC of the system. The optimal steady state design flowsheet of
pressure swing distillation system with HPC at 10 atm pressure is
as shown in Fig. 13 (a).
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Table 10
Optimization results of PSD with various operating pressure of HPC.
Case 1 Case 2 Case 3 Case 4 Case 5 Case 6
C] Cz C] Cz C] Cz C] Cz C] Cz C] Cz
Pressure (atm) 1 3 1 5 1 8 1 9 1 10 1 11
I\ 13 16 13 16 13 16 13 16 13 16 13 16
Nr (optimal) 11 9 10 7 11 8 10 8 10 8 11 8
RR (optimal) 0.20 0.35 0.21 0.27 0.21 0.29 0.22 0.29 0.22 0.29 0.22 0.31
D (m) 1.12 1.04 0.95 0.77 0.86 0.66 0.85 0.64 0.83 0.63 0.82 0.63
H(m) 8.05 10.23 8.05 10.25 8.05 10.25 8.05 10.25 8.05 10.25 8.05 10.25
Qr (kW) 1995.1 1887.5 1401.3 1177.4 1150.7 966.1 1108.1 9345 1074.3 911.6 1047.8 899.6
Ag (m?) 56.54 59.83 39.50 60.95 32.46 47.83 31.30 55.78 30.38 67.14 29.66 17.71
Qc (kw) 2038.6 1621.6 1427.7 879.4 11711 619.0 1127.7 572.5 1093.3 535.5 1065.2 513.2
Ac (m?) 75.77 28.69 53.07 12.12 43.53 6.98 41.91 6.15 40.63 5.52 39.59 5.12
Total capital cost (10° §) 0.6173 0.4934 0.4240 0.4242 0.4300 0.3599
Total operating cost (10°%) 0.8699 0.5778 0.4865 0.4695 0.4565 0.4907
TAC (10%$/yr) 1.0757 0.7423 0.6279 0.6109 0.5999 0.6107
Table 11
Economic analysis results for Extractive Distillation and Pressure Swing Distillation with and without heat integration.
Parameter ED without heat ED with heat PSD without heat PSD with partial PSD with fully
integration integration integration heat integration heat integration
C1 2 C1 C2 C1 2 C1 c2 C1 C2
NT 21 14 21 14 13 16 13 16 13 16
D (m) 0.66 1.03 0.66 1.03 0.83 0.63 0.83 0.63 0.81 0.79
H(m) 13.90 8.78 13.90 8.78 8.05 10.25 8.05 10.25 8.05 10.25
Qr (kW) 750.53 641.23 683.69 641.23 1074.3 911.63 535.54 911.63 1025.5 1414.5
Ag (m?) 30.29 36.18 27.59 36.18 30.38 67.14 15.14 67.14 28.99 104.14
Qc (kw) 573.67 653.66 577.02 653.66 1093.3 535.54 1093.3 - 1057.2 -
Ac (m?) 19.73 34.64 19.85 34.64 40.63 5.52 40.63 - 39.28 -
Que (kW) 70.02 70.02 - 538.74 -
Ape(m?) 1.48 1.67 - 15.23 -
Capital cost (10° $) 0.2202 0.2527 0.2175 0.2527 0.2255 0.2045 0.2439 0.1823 0.2195 0.2382
Operating cost ~ (105/yr) 0.1682 0.1437 0.1532 0.1437 0.2407 0.2158 0.1207 02158 - 0.3348
TAC (108 $/yr) 0.2416 0.2279 0.2257 0.2279 03159 0.2840 0.2020 0.2766 0.0732 0.4142
Total capital cost  (10° $) 0.4729 0.4702 0.4300 0.4263 0.4577
Total operating cost (106 $/yr) 0.3118 0.2969 0.4565 0.3365 0.3348
TAC (108 $/yr) 0.4695 0.4536 0.5999 0.4786 0.4874
3.3. Heat integration of pressure swing distillation 1450 1.8207
. M
. e . 1400L 1755}
In pressure swing distillation, energy consumption can be fur-
ther reduced by heat integration of both the columns. From Fig. 13 1.690 |
(a) for the PSD of THF/water mixture, it can be observed that con- 13507 0 p—
denser duty of HPC is 535.5 kW with top vapour temperature of T
. . . - O
418.8K and the reboiler duty of LPC is 1074.3 kW with bottom S 13001 2 1.560
.y . . . . . 3 - ¥
boiling liquid temperature of 370.7 K, which indicate that the heat & 1950l 3 -4~ QR2 (kW)
integration is possible for this system as the temperature differ- o o 14951 - RR2
ence between top vapour of HPC and boiling liquid of LPC is almost S 200k % 1.430 L == QC2 (kW)
48.1 K, which is suitable for heat integration. g 3
Design of heat integrated system can be done in two modes such 1150| 1365
. . . . . . . 3
as, partial heat integration and full heat integration. For designing S 1300
both options of heat integration for PSD, the total number of stages 11001 %
and product purity of both the columns were kept same as that 1.235
obtained for the PSD without heat integration in Section 3.2 and all 1050F | 140
other parameters were optimized accordingly. Y
1000 L 1.105 1 1 1 1 1 1 1 1 1 1 1 1 1 1 1
0.10 0.12 0.14 0.16 018 020 022 024
Reflux Ratio (RR1) of LPC

3.3.1. Partial heat integration

In Partial heat integration system, condenser duty (Qc;) of the
HPC and reboiler duty (Qg) of the LPC are not equal. Therefore, to
compensate the heat requirement of the LPC, an auxiliary reboiler
(AR) is provided. In PSD configuration, given in Fig. 13 (a), the con-
denser duty of the HPC is not equal to the reboiler duty of LPC, hence
the auxiliary reboiler of duty Qagr =538.74kW will be required to
meet the heat requirement of the LPC. The complete design flow-
sheet PSD with partial heat integration is given in Fig. 13 (b).

Fig. 12. Effect of reflux ratio (RR;) of LPC on the RRy, Q2 and Qgz.

3.3.2. Full heat integration

In full heatintegration, condenser duty (Qc; ) of HPCis set exactly
equal to the reboiler duty (Qg; ) of the LPC and thus auxiliary reboiler
is not required. The complete design flowsheet for PSD with full
heat integration is given in Fig. 13 (c). To achieve this, Design Spec
function in Aspen Plus was used to set both duties equal by varying
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RECI1

63.43°C

= 10 am 50.99 kamolt
-535.54 kW THF=0.6412
WATER=0.3588
100.95 kmol'h 145.67°C
1 am THF=0.8187
-1093.27kW WATER=0.1813

[IXER

1074.28 kW

50.05 kanol'h
THF=0.0001
WATER=0.999
97.59°C

911.63 kW

(a) THF-water PSD without heat integration

49.96 kmol'h

159.94°C

RECI
100.95 kmolh 10 atm
1atm THF=0.8187 <
-1093.27 kW WATER=0.1813 50.99 kmolh
63.43°C NT=16 THF=0.6412
WATER=0.3588

145.67°C

PUMP
49.96 kmol'h
"r;.-(x)r:osm 911.63 kW THF=0.9999
- WATER=0.0001
Water=0.5  538.74 kW 535.54 kW 159.94°C
30°C
50.05 kmolh
& C> THF=0.001
WATER=0.999
97.59°C
(b) THF-water PSD with partial heat integration
RECI
105.41 kaolh 10 atm
1am THF=0.8060
-1057.17 kW WATER=0.1940 55.46 kamol'h
63.44°C NT=16 THF=0.6313
RR=126  WATER=03687
145.67°C

PUMP
49.95 kmol'h
1414.16 kW THF=0.9999
WATER=0.0001
1025.48 kW 159.94°C

(c) THF-water PSD with full heat integration

Fig. 13. The optimal steady state design flowsheets of Pressure Swing Distillation system.

columns. The effect of reflux ratio (RR;) on the RR;, Q¢ and Qg3 is
as shown in Fig. 12. It shows that optimum reflux ratio (RR;) was
0.12 for which minimum condenser duty was Qc; = 1025.5 kW and

the reflux ratio (RRy) of the HPC. The reflux ratio (RRy) of LPC was
varied to minimize the energy consumption. Desired product purity
was achieved by varying the bottom flow rate of the respective
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corresponding reboiler duty and reflux ratio were Qg; = 1414.2 kW
and RR; = 1.26, respectively.

The cost analysis data and optimum design parameters for three
alternatives are given in Table 11. The TAC of the partially heat
integrated process is 0.4786 $/yr, and full heat integrated pro-
cess is 0.4874 $/y. The results show that about 20.2% and 18.8%
reduction in TAC was achieved by the PSD with partial and full
heat integration, respectively as compared to the PSD without heat
integration. For THF-Water PSD, the partial heat integration con-
figuration appears to be more attractive over the PSD with full heat
integration and without heat integration, in terms of TAC.

4. Comparison of extractive distillation and PSD for
THF-Water separation

The most optimum designs of extractive distillation were com-
pared with the most optimum design of PSD. The optimized design
parameters with economical analysis of both, extractive distillation
and pressure swing distillation, are given in Table 11. Reduction in
TAC can be observed with heat integration in both designs. Results
indicate that heat integration in extractive distillation leads to 3.4%
reduction in TAC, which is mainly because of saving in operat-
ing cost. Partial and full heat integration in case of PSD results
in 20.2% and 18.8% reduction in TAC, respectively as compared
to basic configuration without heat integration. PSD configuration
with partial heat integration is more economical as compared to
fully heat integration because capital cost increases significantly in
case of fully heat integrated system because of increased heat trans-
fer area requirement for both column reboilers along with higher
HPC diameter. Extractive distillation with heat integration requires
5.2% less TAC than that of PSD with partial heat integration.

5. Conclusion

In this paper, steady state simulation of extractive and pressure
swing distillation for the separation of equimolar THF-water binary
mixture was investigated in detail. Designs of extractive distilla-
tion system with various solvents were worked out and evaluated
economically. DMSO was found to be the best solvent for extrac-
tive distillation of THF-water separation as it gave minimum TAC
to achieve the desired purity of products. For Pressure swing dis-
tillation, LPC pressure was fixed at 1atm and various operating
pressures for HPC were analyzed. It was found that HPC with 10 atm
pressure gave minimum TAC. Design of steady state extractive and
pressure swing distillation with heat integration was also workout.

As the basis, in terms of feed conditions and constraints in terms
of product purity were same for the simulation analysis, the opti-
mum configuration of extractive distillation with and without heat
integration by using DMSO as the solvent was directly compared
with the most optimum configuration of PSD with and without
heat integration. Results indicate that extractive distillation with
and without heat integration gives 24.4% and 21.7% reduction in

the TAC and 34.96% and 31.70% in the operating cost, respectively,
over the PSD without heat integration. TAC of extractive distilla-
tion with heat integration is 5.2% less than that of PSD with partial
heat integration. Hence, extractive distillation with DMSO as sol-
vent appears to be better option economically for separation of
equimolar THF-water mixture.
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Present work analyzes potential of calcium chloride (CaCl,) and zinc chloride (ZaCl,) salts as entrainer
for breaking the minimum boiling azeotrope of ethanol and water. Isobaric vapor-liquid equilibrium (VLE)
data for the binary systems of water + ethanol and ternary system of water + ethanol + calcium chloride,
and water + ethanol + zinc chloride were measured at a constant pressure of 94.5 kPa. The effect of salts
on the relative volatility of ethanol to water as well as on the vapor phase mole fractions of ethanol were

Keywords: also studied experimentally. From the experimental results, it is observed that with addition of salts, the
Vapor-liquid equilibrium azeotropic point of the ethanol and water system can be eliminated. Salting out effects in case of calcium
Ethanol chloride was more than that zinc chloride salt. The results obtained in this work showed that calcium
Water chloride could be a better choice for separation of the water + ethanol azeotrope. Electrolyte nonrandom
Azeotrope two-liquid (eNRTL) model was used to correlate the experimental VLE data. The model prediction with
i;}l;l the regressed parameters was found in well agreement with the experimental data. The experimental

data obtained in this work was found thermodynamically consistent using van Ness test.

© 2021 Elsevier B.V. All rights reserved.

1. Introduction

Ethanol has wide range of application in the chemical industry.
It can be used as a solvent, reactant or intermediate in produc-
tion of various paints, perfumes, medicines and food product [1].
Ethanol is used as a reasonable feed stock for producing various re-
newable chemicals and products. Nowadays, anhydrous ethanol is
used as a fuel additive [2]. The production of anhydrous ethanol by
conventional distillation technique is difficult due to the formation
of minimum boiling azeotrope of ethanol-water mixture at atmo-
spheric pressure. At azeotropic condition, liquid and vapor phase
compositions are equal leading to relative volatility equal to one;
hence, conventional distillation is not useful to purify the prod-
ucts beyond azeotropic compositions. Advanced distillation tech-
niques [3] such as extractive distillation, azeotropic distillation and
pressure=swing distillations are required to deal with azeotropic
mixture separations.

Extractive distillation technique is the most preferable over the
other distillation technique due to its lower energy requirement,
flexibility in entrainer selection, simple operation and high purity
product in case of dehydration of ethanol [4]. It is reported that
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salts are effective entrainer in altering the vapor-liquid equilib-
rium behavior of the azeotropic mixture in such a way that the
azeotrope formation can be completely eliminated. Mostly salts are
having very low volatility, thus they are not vaporized in the ex-
tractive distillation process which results in high purity distillate
product and low energy consumption [5]. Salts are preferred en-
trainer in extractive distillation due to its low cost and less toxic-
ity. The lower entrainer to feed ratio leads to less amount of salt
required to achieve the separation in the extractive distillation as
compared to that with the organic solvent as entrainer [G]. Ex-
tractive distillation process using potassium acetate [5,7,8], calcium
chloride [6,9-13], and magnesium chloride [14] as an entrainer was
studied to obtain the anhydrous ethanol. Salts are added at the ap-
propriate location in the top of the extractive distillation column,
which alter the relative volatity in such a way that light compo-
nent obtained as a distillate and salt with other component is ob-
tained as bottom product [5]. Thus, salts have good potential to
be considered as entrainer, instead of the conventional organic sol-
vents, in the extractive distillation process.

The VLE data of binary azeotropic system with addition of the
entrainer has great importance in design of the extractive distilla-
tion process. For extractive distillation with salts, information on
change in the VLE behavior of the system due to presence of salts;
specifically change in the vapor phase composition of the mixed
solvent system is important. The experimental VLE data is help-
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List of symbols

X, mole fractions of component i in the liquid phase
on salt free basis

X mole fractions of component i in the liquid phase

Vi mole fractions of component i in the vapor phase

yiP experimental mole fraction of component i in vapor
phase

yf“’ calculated mole fraction of component i in vapor
phase

T equilibrium temperature

TP experimental temperature

TiCéll temperature calculated by ENRTL model

P total pressure in the equilibrium system

P saturated vapor pressure of pure component i at
equilibrium temperature

u standard uncertainties

Z3 mass fraction of salts in the liquid phase

Y; activity coefficient of component i

091 relative volatility of ethanol to water

P density

np refractive index

ful to understand if the given entrainer is capable to break the
azeotrope or not while selection of the entrainer. Also, while de-
signing of extractive distillation system, it is necessary to develop
the thermodynamic model with appropriate parameters for simu-
lation analysis. The accurate experimental VLE data is necessary for
regressing the thermodynamic model parameters.

VLE data is reported in the literature for some salts having
capability to break the azeotrope of ethanol water system which
includes potassium acetate [15-18] strontium bromide [19,20],
calcium nitrate [21], cobalt II chloride [22], and potassium and
sodium iodide [23]. Isobaric VLE data for ethanol water system
containing calcium chloride at constant mass concentration of 16.7
wt% was reported by Nishi [24] at atmospheric pressure, and with
0.974 mol/kg salt at 12.3 kPa pressure was reported by Meyer [25],
VLE data at constant temperature of 298.15 K was reported by
Mishima [26]. To the best of our knowledge, VLE data for vary-
ing concentration of calcium chloride at constant pressure was
not yet reported in the literature. No literature is reported for
ethanol + water + zinc chloride in the NIST literature data base.

The aim of present study is to investigate the effect various
concentration of calcium chloride and zinc chloride salts on the
azeotropic behavior of ethanol and water azeotropic system. In
this work, isobaric vapor-liquid equilibrium data for binary sys-
tem of ethanol + water, ternary system of ethanol + water + cal-
cium chloride, ethanol + water + zinc chloride were determined at
94.5 kPa. The effects of varying concentration of salts on the phase
equilibrium behavior of ethanol + water azeotropic system were
discussed. Thermodynamic consistency of the obtained experimen-
tal VLE data was checked by van Ness test. The eNRTL model was
used to correlate the experimental VLE data.

2. Experimental
2.1. Materials

Ethanol was supplied by Changshu Hongsheng Fine Chemical
Co. Ltd. with mass fraction of 0.999. The mass fraction of ethanol
was 0.999 and no impurities were detected by gas chromatogra-
phy. Calcium chloride was supplied by Thermo Fisher Scientific In-
dia Pvt. Ltd. and zinc chloride was supplied by Loba Chemie Pvt.
Ltd. The moisture content of salts was determined by Karl Fisher
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titration and mass fraction of water was below 0.006. Ethanol and
salts were used without further purification. The deionized water
(conductivity less than 1.0 uS cm~!) was generated using ultra-
pure water system provided by Siemens. Specifications of chemi-
cals used in the experiments are listed in Table 1.

2.2. Experimental apparatus and procedure

The glass dynamic circulation VLE apparatus used to generate
the vapor-liquid equilibrium data for binary as well as ternary sys-
tem. The detail description of VLE apparatus and its working was
reported earlier for generating the VLE data of various binary sys-
tems [27-29]. In the present work, ternary solution with constant
salt concentration of 5, 10, 15 mass percentage and with varying
concentration of ethanol were prepared gravimetrically using elec-
tronic weighing balance with an accuracy of +0.0001g. The solu-
tion was stirred well, using magnetic stirrer, until all salts were
completely dissolved, Approximately 330 ml solution was fed into
the boiling chamber of VLE apparatus to find out its VLE data.

At the time of determination of this experimental data, the local
atmospheric pressure was varying slightly between 95 to 96 kPa.
Hence, we have used a vacuum pump provided by KNF, Germany
(Model number SC920G) which ensures the constant pressure of
94.5 kPa with accuracy of + 0.1 kPa throughout the experiment,
which is slightly below the local atmospheric pressure. Once the
equilibrium condition was reached, the temperature of equilibrium
chamber was recorded using the hand held thermometer provided
by Wika, India (Model CTH 7000) with an accuracy of +0.01 K and
a very small quantity of sample was taken from sampling port to
analyze the composition.

2.3. Analysis

The standard samples of ethanol-water binary mixtures cov-
ering whole composition range from pure ethanol to pure water
were prepared gravimetrically and densities and refractive indices
were measured at 298.15 K, given in Table S1 (Supplementary In-
formation). The density meter provided by Rudolph Research Ana-
lytical, USA (Model number 2911 plus) was used to measure den-
sity with an accuracy of 0.0001. The refractometer from Atago,
Japan (Model-RX-7000i) was used to measure the refractive in-
dex with an accuracy of +£0.0001 and resolution of 0.00001. The
calibration curves for density (o) and refractive index (np) verses
mole fraction of ethanol are plotted, experimental data (Table S1)
is also compared with literature data as shown in the Figs. S1 and
S2 (Supplementary material), respectively, which shows the good
agreements of the experimental data with literature data measured
at 25 OC. The appropriate polynomial equation was fitted to the
data and respective calibration equation was generated given in Ta-
ble S2 (Supplementary Information). These equations were used to
estimate the compositions of ethanol by measuring density or re-
fractive index of the sample. It was observed that estimation of
composition of ethanol at higher concentration using refractive in-
dex was quite difficult due lower difference in the refractive in-
dices of the samples at higher concentration of ethanol. It was
found that accuracy of the estimation using density measurement
was more even at higher concentration of ethanol, hence, for bi-
nary system of ethanol and water density measurements was pre-
ferred to obtained the compositions.

In case of the ternary system of ethanol, water and salt, the
vapor phase composition was analyzed using the density measure-
ment, as salts are highly non-volatile, they do not appear in the
vapor phase. The liquid phase composition was estimated by using
material balance calculations across the complete VLE apparatus.
The salt concentration in the liquid phase was assumed to be the
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Table 1
Specification of the chemicals used in experiments.
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Name CAS No. Source Mass fraction purity  Analysis method
Ethanol 64-17-5 Changshu Hongsheng Fine Chemical Co., Ltd.  0.999 GC?
Calcium chloride 10043-52-4  Thermo Fisher Scientific India Pvt. Ltd >0.98 KFP
Zinc chloride 7646-85-7 Loba Chemie Pvt. Ltd. >0.98 KF®

2 GC = gas chromatography.
b KF = Karl Fisher titration.

same as that of the initially introduced feed because all salt remain
in liquid phase due to its very low volatility.

To validate the method for estimation of liquid phase compo-
sition using the material balance, experiments for ethanol + wa-
ter without addition of salts were performed. In these experiments
the liquid phase composition was estimated by a material balance
calculation and was compared with the values obtained by den-
sity measurements. The absolute standard deviation between the
compositions estimated using mass equations and the composition
estimated using the density calibration curve, was found to be less
than 0.005.

3. Results and discussion
3.1. Experimental data

To verify the reliability of the VLE still used in this work, the
binary VLE data for water (1) + ethanol (2) system was generated
at 94.5 kPa which is listed in the Table S3 (supplementary mate-
rial). x; and y; are the mole fractions of component i in liquid and
vapor phase, respectively. T is the equilibrium temperature. The ex-
perimental data obtained in this work is found in good agreement
with the data estimated by the NRTL model using the Aspen Plus
simulator with in-built binary interaction parameters. The experi-
mental data is also in good agreement with the literature data, as
shown in the Fig. S3 (Supplementary Information). The average ab-
solute deviation of equilibrium temperature was 0.15 K and vapor
composition was 0.0037 between experimental and estimated VLE
data by NRTL model.

The isobaric VLE data for the ternary system of water
(1) + ethanol (2) + calcium chloride (3) and water (1) + ethanol
(2) + zinc chloride (3) were measured at 94.5 kPa. The data was
generated for both salts for concentration of 0.05, 0.10, and 0.15, by
mass, in each experimental run which are listed in Tables 2 and 3,
respectively, where, x} is the mole fractions of ethanol in the lig-
uid phase on salt free basis, y, is the mole fraction of ethanol in
vapor phase, z3 is the mass fractions of salt in the liquid phase, x;
and x, are the mole fractions (on salt basis) of water and ethanol,
respectively. T is the equilibrium temperature.

3.2. Correlation of the VLE data

Vapor-liquid phase equilibrium for component i can be ex-
pressed with Eq. (1). [30]

V(P P)
Vi®{P = y’xi®;Pjexp| ———= (1)
RT

where, liquid and vapor mole fractions of a more volatile com-
ponent i represented by x; and y;, respectively. P is the system
pressure and exponential term represents Poynting factor which is
equal to one for low pressure system.

P$, is the saturation vapor pressure of the pure component i at
temperature T, which can be calculated by extended Antoine Eq.

(2),

Table 2

Isobaric ternary vapor-liquid equilibrium data for temper-
ature T, liquid phase mole fraction salt free basis X', x;
and x, are the mole fractions (on salt basis) of water
and ethanol, respectively, liquid phase mass fraction of
salt z, vapor phase mole fraction y for water (1) ethanol
(2) + calcium chloride (3) at pressure of 94.5 kPa.?

z3 (%)  T/K X'y X1 X2 V2

About 5 %

5.17 349.97 1.000 0.000 0.978 1.000
5.17 349.92 0.880 0.118 0.862  0.920
5.11 350.01 0.757 0238 0.743  0.849
5.16 350.31 0.605 0388 0.595 0.764
5.16 350.79 0472 0520 0.465 0.699
5.16 351.58 0362 0629 0358 0.655
5.16 35248 0.273 0.718 0.270 0.614
4.53 353.60 0.199 0793 0.197 0.575
5.15 35512  0.136 0855 0.134 0.530
5.16 357.66 0.082 0.909 0.081 0.448
5.16 362.77 0.036 0955 0.036 0.297
5.17 37143 0.000 0991 0.000 0.000
About 10 %

10.32 35046  1.000 0.000 0.954 1.000
10.32 350.21 0879 0.116 0.842 0.939
10.33 350.27 0.775 0216 0.745 0.885
1031 350.55 0.604 0382 0.583 0.802
10.31 350.85  0.471 0513  0.456  0.740
1030 35130 0362 0620 0352 0.694
1029 35190 0.273 0.708 0.266  0.655
1029 35297 0.198 0.783 0.193 0.612
1029  354.41 0.135 0.846 0.132  0.560
10.29 357.09 0.081 0.900 0.079 0484
10.33 362.71 0.036 0945 0.035 0.320
10.32 372.04 0.000 0982 0.000 0.000
About 15 %

1547  351.11 1.000 0.000 0.929 1.000
15.45 351.04 0879 0.113 0.821 0.955
1544 35098 0.775 0212 0727 0912
1544 351.03 0.603 0375 0.571 0.838
15.43 351.14 0470 0504 0.447 0.782
15.43 351.41 0.361 0.611 0345 0.729
15.42 351.83 0.272 0.699 0.261 0.688
15.42 352,70 0.197 0773 0.190 0.650
15.41 353.99 0.134 0836 0.130 0.604
1540  356.29  0.081 0890 0.078  0.520
15.42 363.66 0.035 0936 0.034 0.348
1547 37331 0.000 0.971 0.000 0.000

2 Standard uncertainty u are u(x;) = u(y;) = 0.005,
u(z;) = 0.01%, u (x'3) = 0.005, u(T) = 0.01K, u(P) = 0.1 kPa.

In(P;/kPa) = Cy; + S + C4iT + CsiInT + Cg T for Cgi << Cy;
! T+ C3i
(2)

where, Cq; to Cqo; are the coefficients of pure components i, Cg;
and Cq; represents the limits of temperature range, which were re-
trieved from the Aspen databank [31] and given in Table 4.

The Activity coefficient for a component i can be obtained by
taking the partial derivative of the excess Gibbs free energy model
with respect to n; as given in Eq. (3), [30]

d(nGE/RT
Iny; = A{nc/RT) I ) 3)
: T,P,nj#i
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Table 3

Isobaric ternary vapor-liquid equilibrium data for temper-
ature T, liquid phase mole fraction salt free basis X', x;
and x, are the mole fractions (on salt basis) of water and
ethanol, respectively, liquid phase mass fraction salt z, va-
por phase mole fraction y for water (1) ethanol (2) + zinc
chloride (3) at pressure of 94.5 kPa.?

z3 (%) T (K) X2 X1 X2 V2

About 5 %

517 349.99 1.000 0.000 0.982 1.000
517 349.87 0.881 0.117 0.866 0.895
5.17 350.01 0.778 0.219 0.765 0.813
5.16 350.65 0.607 0.388 0.598 0.714
5.16 351.42 0.472 0.522 0.466 0.661
5.16 352.29 0.363 0.630 0.359 0.621
5.16 353.09 0.274 0.719 0.271 0.588
5.15 354.25 0.199 0.793 0.197 0.553
5.15 358.31 0.082 0.911 0.081 0.434
5.16 363.02 0.036 0957 0.036 0.284
5.16 371.41 0.000 0.993 0.000 0.000
About10 %

10.31 350.41 1.000 0.000 0.963 1.000
10.31 350.13 0.881 0.115 0.850 0.903
10.32 350.27 0.777 0.216 0.752 0.823
10.33 350.71 0.606 0.382 0.589 0.724
10.31 351.40 0.472 0.515 0.459 0.667
10.30 352.14 0.363 0.622 0.354 0.631
10.29 353.23 0.274 0.711 0.268 0.595
10.28 35435 0.199 0785 0.195 0.558
10.28 355.86 0.136 0.849 0.133 0.515
10.28 358.42 0.082 0.903 0.080 0.437
10.29 363.54 0.036 0.949 0.035 0.286
10.31 371.50 0.000 0.985 0.000 0.000
About 15 %

15.02 350.98 1.000 0.000 0.944 1.000
15.44 350.82 0.881 0.113 0.833 0.898
15.45 350.78 0.777 0.211 0.738 0.820
15.44 351.19 0.607 0.376 0.579 0.717
15.43 351.82 0472 0507 0453 0.664
15.44 352.76 0.363 0.614 0.350 0.617
15.42 353.66 0.274 0.702 0.265 0.585
15.42 354.75 0.199 0.777 0.193 0.553
15.42 356.42 0.136 0.840 0.132 0.505
15.41 358.83 0.082 0.894 0.079 0.429
15.42 363.69 0.036 0.940 0.035 0.274
15.45 371.92 0.000 0.976 0.000 0.000

@ Standard uncertainty u are u(x;) = u(y;) = 0.005, u
(x’3) = 0.005, u(z;) = 0.01%, u(T) = 0.01K, u(P) = 0.1 kPa.

Table 4

Parameters of the extended Antoine Equation® of pure components [31].
Parameters C; Cy G G G Cg C; GCg Co
Ethanol 66.3962 -71223 0 0 -7.1424 29e% 2 1590 514
Water 66.7412 -72582 0 0 -7.3037 42e% 2 27316 647.1

2 Where, P is in kPa and T is in K.

The liquid phase activity coefficient (y;) can be calculated using
electrolyte non-random two liquid model (e-NRTL) proposed by
Chen et al. [32] and Mock et al.[33] for mixed solvent electrolyte
system which is based on the two fundamental assumptions such
as like ion repulsion and local electro-neutrality. The Excess Gibbs
free energy model leads to Eq. (4),

«PDH «Born

Iny; =Iny™" 4 Iny 2™ 4 Iny ¢ (4)

In multicomponent electrolyte system the long range inter-
action contribution accounts with the Pitzer-Debye-Huckel (PDH)
[34] formula, so the expression for activity coefficient is given by

Eq. (5),
Iy = _ (1000/Ms)'2A, [ (227/p)In(1 + ply/?)
HZW? - 287)/(1 4+ pl)] ®)
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Table 5

Binary interaction parameter for the eNRTL model.
Component i ~ Component j  Tj Tj ajj
Ethanol Water 0.02 1.49 0.3
Water CaCl, 12.23 -5.49 0.2
Ethanol CaCl, 27.26 -13.88  0.05
Water ZnCl, 10.30 -4.88 0.2
Ethanol ZnCl, 11413  -57.16  0.01

where, x; is the mole fraction of a component i, Ms is the molecu-
lar weight of solvent, p is the closest approach parameter, Ayis the
Debye-Huckel parameter.

Expression derived for activity coefficient of from born equation
[35] is given by Eq. (6),

Iny;™™ = (Q2/2KT)[(1/e5) — (1/ew)](2/1,) 102 (6)

where, ¢ is the dielectric constant of water, r; is the Born radius,
dielectric constants for each component used for thermodynamic
modeling are given in the Supporting material, Table S4

The local interaction contribution excess Gibbs energy obtained
with local composition NRTL equation. For electrolyte system con-
taining molecular species (m) cation (c), and anion (a) can be ex-
pressed as follow by Eqs. (7)-(12).

GEle T i XiGim Tim N Z 2 i XiGicTic
nRT - Zl X Glm Zi;&c XiGic

> iza XiGiaTia
+3 zan, [ Zizatiiati (7)
Xa: o ( 2izaXiGia

where,

Xi = Gxi :Cl<%>,1:m, C a (8)

n=>"n=y nn+Y nc+y (9)

Gij = exp(aij Tij) (10)

where, 7; and «j; is are binary energy parameter and is the non-
randomness factor respectively, represent the binary energy inter-
action parameter

For molecule- molecule tj is,

d::
Tij = Gj + TU (11)
For molecule- electrolyte t; is,
djj Ter =T T
Tij = Cij + TU + ejj [71-6%, + ln<ﬁ>:| (12)
rel

where, Ty is the reference temperature, ¢;, dj, and ej; are ad-
justable parameters obtained from regressing the VLE data in As-
pen plus. Other physical properties of the components required
such as, ideal gas heat capacity and heat of vaporization were ob-
tained by retrieving the coefficients of respective equation from the
Aspen plus [31], given the supporting materials, Tables S5 and S6,
respectively.

The binary interaction parameters for electrolyte-NRTL model
are determined using experimental vapor-liquid equilibrium data
in the Aspen data regression system (DRS) is given in the Table 5.
While performing the regression of the VLE data maximum like-
lihood principle was used as an objective function with Deming
initialization method and Britt-Luecke algorithm. The root - mean
- square deviation (RMSD) between the experimental and calcu-
lated values for the equilibrium temperature (T) and vapor phase
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Table 6

The root-mean-square deviation (RMSD) for the
equilibrium temperature (T) and vapor phase
mole fraction (y;) for the eNRTL model.

Salt ws (%)  RMSD
Vi T/K
Calcium Chloride 5 0.010 0.23
10 0.005 0.15
15 0.006 0.34
Zinc Chloride 5 0.008 0.24
10 0.008 0.25
15 0.009 0.44

mole fraction of ethanol (y,) are expressed as given by Eqs. (13)
and (14),

0.5

3 (T - TH) N (13)

1=

RMSD (T;) =

—_

0.5

(v — y)*/N (14)
i=1

RMSD (y;) =

The values for RMSD (y) and RMSD (T) are given in Table 6,

which are less than 0.01 and 0.44 K respectively, According to the
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calculated values of RMSD for equilibrium temperature and vapor
phase mole fraction, the eNRTL model is suitable for the VLE anal-
ysis of the ternary system of water + ethanol + salts.

3.3. Thermodynamic consistency test

To confirm the quality of the VLE data measured, the thermo-
dynamic consistency for all experimental results was checked by
the van Ness test [36,37]. The van Ness test is expressed mathe-
matically as Eq. (15),

1Y 1
Ay = NE Ay = N > 100y — y*P (15)
i=1 i=1

where, N is the number of experimental data, y{*P and y¢@ is the
mole fraction of component i in vapor phase obtained experimen-
tally and calculated by eNRTL model respectively. According to this
method, the measured VLE data are to be thermodynamically con-
sistent, if Ay is less than one. The results obtained for van Ness
test [36,37] for Ay are 0.854, 0.413 and 0.473 for system of wa-
ter + ethanol + calcium chloride, 0.765, 0.672, 0.666 for the sys-
tem of water + ethanol + zinc chloride at constant salt concen-
tration of 0.05, 0.1 and 0.15 (mass fraction), respectively. As each
values of Ay obtained for both the salt system are less than 1,
is indicating that the experimental vapor-liquid equilibrium results
obtained in this work are thermodynamic consistency.

L I Il

0.0 0.2 04

) 0.6 0.8 1.0
X2

Fig. 1. Isobaric y-x’ diagram for the system of water (1) ethanol (2) + calcium chloride (3) at 94.5 kPa; (o) salt free, (W) 5%, (o) 10% and (e) 15 % w/w salt; solid line
correlated by eNRTL model, X', liquid phase mole fraction (salt free basis); y, vapor phase mole fraction.
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Fig. 2. Isobaric y-x’ diagram for the system of water (1) ethanol (2) + zinc chloride (3) at 94.5 kPa; (o) salt free, (M) 5%, (o) 10% and (e) 15 % w/w salt; solid line correlated
by eNRTL model, x’, liquid phase mole fraction (salt free basis); y, vapor phase mole fraction.

3.4. Effect of salts on vapor-liquid equilibrium

To study the effect of salts on the vapor-liquid equilibrium of
the ethanol and water azeotropic system, the isobaric y-x’ and «-x
diagrams for ternary systems of water + ethanol + calcium chlo-
ride and water + ethanol + zinc chloride are presented in Figs.
1-4, respectively. It can be seen from these figures that the equi-
librium curve intersect the diagonal line at azeotropic point before
addition of entrainer. As salt concentration increases, the interac-
tion between salt and water becomes much stronger than the in-
teraction between salt and ethanol. This is because water is highly
polar solvent. Thus ethanol concentration shifts from azeotropic
composition to pure ethanol. As shown in the Fig. 2 the concen-
tration of ethanol in the vapor phase increases with addition of
the calcium chloride salt which results in the upward shifting of
the equilibrium curve with addition of calcium chloride. As the
content of calcium chloride increases degree of curve shift in-
creases. It means that calcium chloride exhibited the stronger salt-
ing out effect on ethanol; which leads to complete elimination of
the azeotropic point. On the other hand zinc chloride exhibited
very less salting out effect on ethanol, which results in very slight

shift in equilibrium curve; even at higher concentration of zinc
chloride was observed.

The separation ability for both salts can also be expressed by
the relative volatility. The effects of both the salts on relative
volatility of ethanol to water are presented in the Figs. 3 and 4.
Higher the relative volatility better is the separation of azeotrope.
Both salts could eliminate the azeotrope formed by ethanol and
water while calcium chloride showing better relative volatility val-
ues as compared to zinc chloride. Thus, calcium chloride can be
a better entrainer choice than zinc chloride in the separation of
ethanol and water azeotropic system.

For water+ ethanol+ salt ternary system equilibrium diagram
are plotted for comparing the experimental data with literature
data as shown in Fig. 5, the result shows that experimental data
is in good agreement with the literature data. It is observed that
from the Fig. 5, shift in equilibrium curve in case of CaCl, was
more as compared to ZnCl, when both salts have same concen-
tration of 15 %, So it can be conclude that CaCl, will act as good
entrainer as compared to ZnCl, for separation of ethanol + water
azeotropic mixture.
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X2

Fig. 3. Relative volatility («5;) for the system of water (1) ethanol (2) + calcium chloride (3) at 94.5 kPa; (o) salt free, (H) 5%, (a) 10% and (e) 15 % w/w salt; solid line
correlated by eNRTL model, x’, liquid phase mole fraction (salt free basis).
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Fig. 4. Relative volatility (a5 ) for the system of water (1) ethanol (2) + zinc chloride (3) at 94.5 kPa; (o) salt free, (l) 5%, (o) 10% and (e) 15 % w/w salt; solid line correlated
by eNRTL model, x’, liquid phase mole fraction (salt free basis).
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V2

X2

Fig. 5. Isobaric y-x’ diagram for water (1) ethanol (2) + Salt (3) system, (<O-) salt free, (~&=) 15% ZnCl,, and (-®-) 15 % CaCl, w/w salt (this study), (O) 16.7 % CaCl, w/w
salt [24], (A) 0.04 molar concentration of MgCl, [14] x’, liquid phase mole fraction (salt free basis); y, vapor phase mole fraction.
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4. Conclusions

The isobaric vapor-liquid equilibrium (VLE) data for binary
ethanol + water and ternary system of ethanol + water + cal-
cium chloride and ethanol + water + zinc chloride with constant
mass fractions of salts of 0.05, 0.1 and 0.15, respectively, were de-
termined at 94.5 kPa. The experimental data was found thermo-
dynamically consistent using van Ness test. By comparing the ex-
perimental data of binary and ternary system showed that relative
volatility of ethanol-water system improves with addition of salt.
Addition of both salts eliminates the azeotrope completely. CaCl,
salt improves relative volatility better than ZnCl, salt and hence,
can be a better entrainer in the separation of ethanol and water
using extractive distillation. Electrolyte nonrandom two-liquid (eN-
RTL) model was used to correlate the VLE for the ternary system of
water + ethanol + CaCl,/ ZnCl, result showed that eNRTL model
agreed well experimental data.
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